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ABSTRACT

Natural gas is a nonrenewable energy source, so it is important to use it and utilize it in a
sustainable manner. Globally, about 25% of energy consumption is supplied and fulfilled by
natural gas and this percentage will stay true for the foreseeable future. Today, the fluctuations in
commaodities prices and demands all necessitate the proper planning and coordination in natural
gas industries. Moreover, the strict environmental regulations, continuous advancement in
technologies and different customer requirements and specifications, all mandate seeking many
pathway options and continuous evaluation of the technologies. Thus, the overall objective of
this research is to provide a framework for the design, synthesis, analysis, and planning of a
natural gas processing and production networks. The overall framework helps the decision maker
in the natural gas industry to evaluate and select optimally the production pathways and
utilization options by using the mathematical modeling and optimization techniques in order to

maximize the value of natural gas resource.

Toward this objective, a novel natural gas network has been synthesized for analysis and
optimization. The developed network converts natural gas to LNG, condensate, LPG, gasoline,
diesel, wax, and methanol as main products. The contributions of this dissertation fall mainly
into three milestones; namely (1) simulation of natural gas network (2) mathematical formulation

and optimization of the network and (3) sustainability assessment of the network.

The first milestone addresses the rigorous steady state simulation of natural gas network. The
simulation of key processing units helped in calculating accurately material and energy balances.
Furthermore, the sensitivity analysis or what-if analysis was performed to determine the effect of
different operating-parameters on products yield.



The second milestone is the comprehensive mathematical formulation and optimization
represented by both linear programming (LP) and mixed integer linear programming (MILP)
models. Firstly, a deterministic operational LP model has been formulated and implemented on
natural gas processing and production networks. Based on the yields obtained from the
simulation, LP model was able to tackle different scenarios, such as, variations and fluctuations
in natural gas flow rate, natural gas price, products price, and so on. Secondly, a comprehensive
MILP model for the optimal design and operation of natural gas processing network was
proposed. The MILP model addresses the different technologies and configurations available for
the selection of key processing units. Also, it considers the different operating modes practiced in
industry in terms of low, moderate, and severe restrictions to the specifications level. Thirdly,
another MILP model for the optimal design and operation of natural gas production network has

been developed. We were able to address the different routes for natural gas utilization.

Finally, the third milestone is the sustainability assessment. The sustainability metrics or
indicators were evaluated to investigate the sustainability dimensions and to address the
economic, environmental, and societal aspects of the synthesized processing and production
networks. The sustainability metrics proved to be useful in selecting pathways that are both

economic and environmental friendly.
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1 CHAPTER ONE:

INTRODUCTION

1.1 Motivation

Natural gas is the cleanest primary fossil fuel. It produces less CO,, NOy, SOy, and particulates
emissions when burned to produce energy compared to other fossil fuels, such as oil and coal
(EIA, 1999). Specifically, less greenhouse gas (GHG) emissions responsible for global warming
are generated. In 2010, natural gas was used and consumed globally to generate electricity by
24% relative to the other energy sources, namely, oil, coal, nuclear energy, hydroelectricity, and
renewables. Figure 1 shows in percentage the total world consumption of each fuel or energy

source of 12002.4 million tons oil equivalent in 2011 (BP, 2011).

Hydroelectricity Renewables

Natural gas
24%

Figure 1.1 Consumption percentage of each fuel or energy source (BP, 2011).
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Figure 1.2 Projection of world total energy consumption by fuel. (Data
were taken from projections: EIA, Annual Energy Outlook 2011).

Globally, about 85% of energy consumption is supplied and fulfilled by fossil fuels and this
picture will remain true for the foreseeable future. The world total energy consumption will
increase from 531.2 to 770 Quadrillion Btu by 2035. Although this represents a 45% increase in
the total energy consumption, 80% of fuel consumption still will be provided by oil, natural gas,
and coal. Furthermore, natural gas consumption will increase from 118 to 175 Quadrillion Btu in
2035. Thus, natural gas will maintain its contribution of 23%. Figure 1.2 projects the total world

energy consumption by fuel in Quadrillion Btu (EIA, 2011).



1.2 Research Objectives

Here we mention and list the main objectives of this research,

To develop a framework for natural gas utilization

= To synthesize a novel natural gas processing and production network that involves more
than one utilization option

= To simulate and analyze the network in order to estimate accurately the mass and energy
balances

= To present a mathematical model that addresses the operational strategy to utilize optimal
usage of the natural gas recourse

= To design a natural gas processing and production network that has the following

characteristics and attributes, such as involving and considering many technologies,

different configurations, and different operating conditions

= To assess and benchmark the network’s performance in the context of sustainability

1.3 Organization of the Thesis

The thesis is organized in eight chapters as follows:
Chapter 1: INTRODUCTION

This chapter discusses the importance of natural gas as a primary energy resource, and
discusses the motivation behind this research. Also, it states the research objectives, and

organization of the thesis.



Chapter 2: BACKGROUND AND PROCESS DESCRIPTION

This chapter provides background about natural gas industry and describes the major
production processes. In addition, it gives an overview of major production processes

proposed in the novel synthesized network.

Chapter 3: SIMULATION OF NATURAL GAS PROCESSING AND PRODUCTION

NETWORKS

This chapter presents the rigorous steady state simulation models for each key processing
unit within the proposed processing and production network. The vyields values are
obtained from the simulation to be used in the developed mathematical models to further

optimize and improve the network’s performance.

Chapter 4: LINEAR PROGRAMMING MODEL OF NATURAL GAS PROCESSING AND

PRODUCTION NETWORKS

This chapter presents the developed LP model that proved to be helpful to the decision

maker in natural gas production processes to address the variation and changes in gas

market prices, and yields. The model is tested on different scenarios and case studies.
Chapter 5: MIXED INTEGER LINEAR PROGRAMMING MODEL FOR DESIGN OF

NATURAL GAS PROCESSING NETWORK

This chapter presents a MILP model for the optimal design and operation of natural gas
processing network. Different technologies and configurations available for selection of

key processing units are considered. Also, different operating modes practiced in industry



in terms of low, moderate, and sever restrictions to the specifications level are

investigated.

Chapter 6: MIXED INTEGER LINEAR PROGRAMMING MODEL FOR DESIGN AND

OPERATION OF NATURAL GAS PRODUCTION NETWORK

This chapter addresses the production side of natural gas network. Different technologies
and configurations of LNG, GTL, and methanol production systems are evaluated. A
comprehensive MILP model for the optimal design and operation is presented for

different utilization scenarios.

Chapter 7: SUSTAINABILITY ASSESSMENT OF NATURAL GAS PROCESSING AND

PRODUCTION NETWORKS

This chapter evaluates the sustainability merits of processing and production network.
The economic, environmental, and societal aspects can be incorporated in all models to

improve the networks performance.

Chapter 8: CONCLUSIONS AND FUTURE WORK

This chapter gives the concluding remarks gained from this research and suggests

recommendations for future work.



2. CHAPTER TWO

BACKGROUND AND PROCESS
DESCRIPTION

2.1 Natural Gas Supply Chain

Supply chain management is a discipline that integrates the manufacturing plants with their
suppliers and customers in an efficient way. The supply chain problems may be divided into
three categories: (1) supply chain network design (2) supply chain analysis and policy
formulation and (3) supply chain planning and scheduling (Shah, 2005). The supply chain
network design is a broad problem. Generally, it refers to a strategic activity which aims to

increase its value by considering one or more of following decisions:

. Sourcing decisions-what supplies to use for each facility
. Allocation decisions- what products should be produced at each production facility
. Location decisions- where to locate new facilities

Supply chain or supply network can be distinguished and separated into production network and
distribution network. The production network consists of all production plants and the storage
facilities. However, the distribution network consists of all storage facilities and distribution
facilities responsible to deliver the product to end user. A typical petroleum industry supply
chain starts with an exploration phase, crude procurement and storage logistics, transportation to
the refinery, refinery operations, and distribution of its products. In a similar fashion, natural gas
supply chain starts with field exploration and drilling where the raw material is extracted and
processed. Next, it is sent to the processing plant where a further processing takes place to make

the desired products. Then, the loading and shipping occur to transfer the products to different
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destinations. Finally, the storage and distribution take place to distribute the product to final

consumers. Figure 2.1 shows the natural gas supply chain diagram.

In the literature, both combined models for production/distribution and separate models for either
production or distribution are presented. The decomposition strategy is preferred and justified in
that when implemented, it eases the complexity involved in solving the combined model.
Furthermore, the production cost is dominated in industrial processes (Camm et al., 1997).
Thus, the focus of this research is on processing and production network design and the field

exploration, transportation and distribution network design are out of the scope of this research.

Raw Field Processing Products Storage & End

Gas Exploration Transportation Distribution

Facilities User

Figure 2.1 Natural gas supply chain.

2.2 Natural Gas: Proven Reserves

Natural gas reserves are located and distributed unequally. The top three countries in percentage
share; Russian Federation, Iran, and Qatar account for 54% of the total share. Furthermore, the
top ten countries own approximately 80% of the total proven reserves (BP, 2011). Table 2.1 lists
the top ten countries of total proven reserves. This geographical allocation makes the natural gas
a stranded energy source in many cases. Stranded energy source as being either far from the
markets or located in or near self-sufficient regions where the production exceeds the domestic

demand.



Table 2.1 World natural gas: proven reserves (BP,2011).

Country Reserves(tcf)” % share of total
Russian Federation 1580.8 23.9
Iran 1045.7 15.8
Qatar 894.2 135
Turkmenistan 283.6 4.3
Saudi Arabia 283.1 4.3
us 272.5 4.1
United Arab Emirates 213.0 3.2
Venezuela 192.7 2.9
Nigeria 186.9 2.8
Algeria 159.1 2.4
Others 1497.3 22.8
Total 6608.9 100

Data were extracted from BP statistical Review of world energy, June 2011
*Trillion cubic feet at the end of 2010.

It is worth mentioning that this allocation promotes the advancement in natural gas industry. This
advancement is clearly seen either in the way the natural gas is utilized or in the implementation
of highly advanced technologies that make the utilization process of natural gas as efficient and

cost effective as other fuels.

2.3 Natural Gas: Utilization

With high oil price and environmental considerations, natural gas will play significantly an
important role in energy supply structure. There are a number of ways to monetize the natural
gas resource. The utilization process depends on the resource location, quantity, quality and so
on. Conventionally, pipelines are used to transfer the natural gas to the final consumers. In many
cases, this option is not possible and even not practical when the resource is stranded and the
transportation distance is long. Other options considered promising as reported by Thomas and
Dawe, (2003), include: Liquefied natural gas (LNG), compressed natural gas (CNG), gas to solid

(GTS), i.e. hydrates, gas to wire (GTW), i.e. electricity, gas to liquids (GTL), and gas to



chemical. Moreover, there is a growing recognition of the unconventional gas sources, such as
shale gas, coal bed methane (CBM) and deep tight gas, and it is expected that they will

contribute significantly in the future (Economides & Wood, 2009).

Many researchers have addressed these utilization options either individually or as a
combination. They assessed the utilization option from design, operation, economic, and
environment impact perspectives. For example, Khalilpour & Karimi, (2012) considered LNG,
CNG, and GTL as monetization options under the uncertainty of natural gas and oil prices.
Wood, et al., (2012) presented a review study addressing the available opportunities for GTL
industry. GTL economic viability depends strongly on oil prices because the GTL products such
as low-sulfur gasoline and diesel are oil refinery products competitors. Oil prices of at least
$20-30 per barrel will justify the decision of considering GTL process as option of utilization
according to studies done by Al-saadoon, (2007). The utilization way varies as being physical
compression and mixing process like the case of LNG, CNG, and GTS or chemical conversion
process like the case of GTL. These utilization options are described as mature, developing, and
prospective options. Pipeline, and LNG are mature, GTL, CNG, GTW are developing.
Additionally, another highly important factor of consideration in any industry is the capital
investment; both fixed and operating costs. For energy intensive processes, such as refining,
chemical, petrochemical, operating cost is considered to be significantly important. Many studies
have ranged oil prices to be within $20-$60/bbl for other fuels derivatives to be competitive. In
particular, GTL industry expansion is predicted if oil prices average above $20/bbl (Steynberg &
Dry, 2004). The economic viability analysis of GTL (Al-saadoon, 2007) showed that $36/bbl as
the break-even crude oil price for $2.5/MMBtu natural gas feedstock cost. With oil price around

$100 per barrel (last quarter of 2013), simply the decision of considering GTL process is totally



justified. For the abovementioned reasons, the three most attractive utilization processes, namely
LNG, GTL, and methanol are considered in this research to represent the processing and

production network.

2.3.1 LNG Process

2.3.1.1 LNG: Overview

The world’s first LNG ship in 1959 carried cargoes from Louisiana to the United Kingdom,
proving the feasibility of LNG transport. Five years later, the United Kingdom began importing
LNG from Algeria, making Algeria the world’s first major LNG exporter. The United Kingdom
continued to import LNG until 1990, when British North Sea gas became a less expensive
alternative. Japan first imported LNG from Alaska in 1969 and then moved to international LNG
trade in the 1970s and 1980s with a heavy expansion of LNG imports. Japan currently imports
more than 95 percent of its natural gas imports about half the LNG exported worldwide. LNG
accounts for a growing share of world natural gas trade. LNG was accounted for 30.5% of global
natural gas trade in 2010 (BP, 2011). World LNG trade is expected to double, from about 10
trillion cubic feet in 2010 to around 20 trillion cubic feet in 2040 (BP, 2011). Most of the
increase in liquefaction capacity occurs in Australia and North America, where many of new
liquefaction projects either are planned or under construction. On the other hand, LNG
production declines in North Africa and Southeast Asia at many of the older fields associated

with the liquefaction facilities, because of high domestic natural gas consumption.
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2.3.1.2 LNG: Process Description

Natural gas is converted physically through compression and liquefaction to LNG. Natural gas is
liquefied at -160°C and 1 atm and this will reduce its volume by 600 times. Figure 2.2 shows a
typical block flow diagram of an LNG train. Natural gas feedstock is received at inlet receiving
unit where the initial gas-liquid separation and metering take place. The hydrocarbon condensate
stream is stabilized in the condensate stabilization unit. Acid gas removal unit is designed to
reduce the CO, and H,S concentration levels to specification limits. The specifications as
reported by (Klinkenbijl, 2005) are set to be lower than 50 ppmv for CO, to prevent freezing in
the main cryogenic heat exchanger and below 3.5 ppmv for H,S to meet sale gas and pipeline
specifications. Sulfur is recovered as by-product. Gas leaving the acid gas removal unit is called
sweet gas. This treated gas is passed to the dehydration, mercaptan, and mercury removal unit.
The dehydration involves water vapor removal to a very low level for example below 0.5 ppmv.
Mercury is removed to a very small level such as 0.01 microgram per normal cubic meter (Nm3).
Heavier hydrocarbons are recovered in the pre-cooling NGL separation unit. They are sent to the
fractionation unit where ethane, propane, butane, and plant condensate are recovered. The
methane rich stream leaving the NGL separation unit is liquefied by one of approved large scale
baseload natural gas liquefaction processes. These include, pure refrigerant cascade process,
propane precooled mixed refrigerant process, propane precooled mixed refrigerant with back end

nitrogen expander cycle, or other mixed refrigerant processes (Tusiani & Shearer, 2007).
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2.3.2 GTL Process

2.3.2.1 GTL: Overview

Figure 2.2 A typical LNG train block flow diagram.

Condensates

Gas to liquid process is back dated to the early 20™ century when Franz Fischer and Hanz

Tropsch developed an integrated synthesized hydrocarbon reaction named as Fischer-Tropsch

(FT) reaction. Although coal was used initially in 1923 as the primary feedstock, the modern FT

syntheses are still profoundly similar to the original process. For practicality and viability of

GTL process from 1950 to 2000 the reader is referred to Dry, (2002).
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2.3.2.2 GTL process description

Natural gas is converted chemically through Fischer-Tropsch (FT) reaction into liquid fuels (A.
Steynberg & Dry, 2004). Figure 2.3 shows a typical block diagram of a GTL train. The upstream
processing units such as stabilization, acid gas removal, sulfur recovery, dehydration, and natural
gas liquids separation units are similar to those in LNG train. However, the downstream
processing units consist mainly of three basic units. These are namely (1) Reforming or synthesis
gas production unit where the proper syngas ratio (H,/CO) is produced. (2) FT synthesis unit
where the synthesis fuels (synfuels) are produced (3) Product upgrading and separation unit

where the hydro-treating/cracking takes place to obtain the final liquid fuels.

|

Air
Separation
Unit
02
\ 4
ET Product Gasoline
Natural Reforming »| Synthesis Tyl Upgrading
Gas Syn Gas products

Steam T
Lubes/Wax

Figure 2.3 A typical GTL train block flow diagram.
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2.3.3 Methanol Process

2.3.3.1 Methanol: Overview

Methanol that is a primary feedstock for chemical industry is expected to contribute as fuel and

energy carrier. Methanol when combined with dimethyl ether (DME) represents excellent fuels.

Furthermore, methanol and DME can be blended with gasoline/diesel and used in internal

combustions engines and in electricity generators (Olah, et al., 2006). For chemical sector,

methanol to olefins and methanol to hydrogen are promising applications (Haid & Koss, 2001).

2.3.3.2 Methanol: Process Description

Natural gas is converted chemically through reactions into methanol. Figure 2.4 shows a typical

block flow diagram of a methanol train.

Natural
Gas
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Hydrogen
recovery
Fuel gas

Product
Upgrading

Figure 2.4 A typical methanol train block flow diagram.



The upstream processing units such as stabilization, acid gas removal, sulfur recovery,
dehydration, and natural gas liquids separation units are similar to those in LNG train.
However, the downstream processing units consist mainly of three basic units (Olah et al.,
2006). These are namely (1) Reforming or synthesis gas production unit where the proper
molar syngas stoichiometric ratio SR= (H»-CO,/CO+CO,) is produced. (2) Methanol
synthesis unit where the crude methanol is produced (3) Product upgrading unit where the

separation and distillation take place to obtain the final methanol product.
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3. CHAPTER THREE:

SIMULATION OF NATURAL GAS
PROCESSING AND PRODUCTION
NETWORK

3.1 Introduction

Process simulation plays an important role in the design and operation of any chemical,
petrochemical, and refining process. It helps with the accurate estimation and calculation of mass
and energy balances, transport and chemical kinetic equations, and physical properties. It also
helps with equipment sizing and costing, profitability analysis, and optimization. Having
generated candidate process flowsheets through process synthesis activity, comes the role of
analysis and simulation to assess them. Clearly, this will facilitate the decision to be made by

engineers and scientists to choose and select the most practical flowsheet.

Process synthesis requires that the input data and process output are provided, and process
flowsheet (structure) is created. Whereas, in process analysis, both the input data and process
flowsheet are provided, and process output will be obtained. Figure 3.1 and Figure 3.2 shows the

activity of process synthesis and process analysis/simulation, respectively.

Different techniques are available to analyze the process and these include mathematical models,
empirical correlations, and computer-aided process simulation tools. Many commercial process
simulators (such as CHEMCAD, HYSYS, ASPEN Plus, and PRO/II) can be used to estimate the

material and energy balances.
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Figure 3.1 Process synthesis problem.
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Figure 3.2 Process analysis/simulation problem.

The remainder of Chapter 3 is organized as follows. In the following Section, the literature
review of a number of scientific publications addressing the importance and the implementation
of simulation is given. Then the problem statement is mentioned and the steady state simulations
of the key processing units of processing and production network are presented in Section 3.3

and 3.4 respectively. The chapter ends with some concluding remarks in Section 3.5.
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3.2 Literature review

A number of scientific publications addressed the importance and the implementation of
simulation either in the design/operation of energy system or for economic assessment as will be
seen. Different simulation package such as CHEMCAD, ASPEN Plus, HYSYS, and PRO/II have
been showed to be beneficial in many applications and applicable in many industries. These
include and span oil, gas, petrochemical, paper and pulp, and power industries. Here, some
relevant work that utilized the simulation will be presented. Some were focused on a single
natural gas conversion process such as GTL, LNG, gas to power, or gas to methanol. As
mentioned earlier, the simulation package can be used to design a process, improve the design, or
improve the operation through validation. For example, Zheng and Furimsky, (2003) developed
a detailed flow sheet of the combined cycle cogeneration plant fuelled by natural gas. They used
ASPEN Plus to simulate the cogeneration plant. The results generated using the simulation
model were compared with the operating data of the commercial plant generating about 43.6
MW of electricity by gas turbine and 28.6 MW of electricity by steam turbine. The key data
generated using the ASPEN models were in good agreement with the operating data. Another
simulation study carried out by Kim et al., (2009) on natural gas conversion to FT synthetic fuel.
ASPEN HYSYS software simulation package was used to find optimum reaction conditions for
maximum production of synthetic fuel. Optimum reaction temperature in FT synthesis unit was
found to be 255 °C. They concluded that simulation results were reasonably well matched with
experimental results and their simulation model for slurry phase FT synthesis reactor could be

utilized to predict FT reactor performance under different reaction conditions.

Bao et al., (2010) developed a simulated case study of a GTL plant using natural gas to produce

118,000 bbl/d of products. ASPEN Plus software simulation package was used to simulate key
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processing units in GTL plant that will help in assess the economics of the process. Their study
highlighted that depending on the price of natural gas, the return on investment ranges from
7.4% to 19.4% for the cost of natural gas being $8 and 5/1000 SCF of natural gas, respectively.
Also, a break-even point analysis considering current market conditions shows that the

production capacity should be at least 57,000 bbl/d to make profit.

Ehlinger et al., (2014) presented a simulated work of shale gas-to-methanol production. Again,
process simulation using ASPEN Plus along with published data were used to establish a basis
for the techno-economic analysis of shale gas-to-methanol production. The results of the techno-
economic analysis demonstrate that production of methanol from shale gas would be profitable
for a broad range of methanol selling prices and shale gas costs. For example, they found that a
desirable 31% ROI is achieved for a methanol selling price of $2.00/gal and shale gas price of

$3.50/kSCF.

Fissore & Sokeipirim, (2011) presented a study addressing the simulation and energy
consumption of a cryogenic plant for the recovery of propane plus compounds from natural gas.
ASPEN Plus has been used to simulate the process, and to investigate the effect of the main
operating variables on the efficiency of propane plus recovery and on the energy required by the
various pieces of equipment of the plant. With respect to the base case considered, the optimized

plant allows for 25% heat reduction and up to 60% refrigeration reduction.

Al-Sobhi, et al., (2009) addressed the simulation and heat integration in an LNG plant. First, a
typical LNG process was synthesized. ASPEN Plus simulation package was used to model the
process and to determine flows, temperatures, and heat duties for various hot and cold streams.

Then, thermal pinch analysis was carried out to target and reduce heating and cooling utilities. It
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was found that through heat integration, it is possible to reduce the heating utility by 15% and the

cooling utility by 29%.

Hao et al., (2008) used ASPEN plus to simulate an integrated GTL processes with iron and
cobalt-based catalysts. The optimal flowsheet structures were selected for each catalyst based on

the overall performance in terms of thermal and carbon efficiency and product distributions.

Sudiro & Bertucco, (2009) developed a hybrid process producing synthetic gasoline and diesel
from coal and natural gas. Three processes were modeled and simulated using ASPEN Plus
namely, gas to liquids (GTL), coal to liquids (CTL) and the hybrid process that processes both
natural gas and coal as feedstock. It was shown that he hybrid process produces 44.4% as fuel
produced per unit of feedstock compared to 66.7% and 32.5% from GTL and CTL process,
respectively. Also, environmental assessment in terms of CO2 emission was estimated for the
three processes. It was shown that 2.45 kg CO2/kg liquid fuel from hybrid process, 0.63 kg

CO2/kg liquid fuel for GTL, and 4.66 kg CO2/kg liquid fuel for CTL were emitted.

Although the products yield values of selected processes can be obtained from previous works,
the variations in operating conditions will results in different yield values. Thus, we need to
simulate our own flowsheet to address the variation in operating conditions and their impact on
the profitability of the processing and production network. Furthermore, in order to estimate the
capital and operating cost using ICARUS, we need to converge the flowsheet first using the

ASPEN Plus simulation package.
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3.3 Problem statement

Given natural gas feedstock with its composition, flow rate, operating conditions as shown in
Table 3.1, it is desired to simulate the key processing units of the processing and production
network using a simulation package. The main key processing units of LNG, GTL, and methanol
will be considered for simulation and evaluation. The rigorous steady state simulation of the
processing network will be carried out using ASPEN Plus V7.3 version. A novel natural gas
processing and production network has been synthesized. The network starts with stabilization,

unit (A) and ends with methanol upgrade, unit (M) as shown in Figure 3.3.

Table 3.1 Natural gas feed operating conditions and composition (Al-Sobhi, 2009).

Flow rate 1,500 MMSCFD
74,700 kmol/hr
1.5 x10° kg/hr

Temperature 20 °C

Pressure 70 bar

Component mol%

H-S 1

CO;, 2

N, 4

H,O 0.05

CH,4 83

C,Hs 5

C;H8 1.8

i-C4H1 0.4

n-C4Hyo 0.7

i-CsHy, 0.3

n-CsH1o 0.3

N-CeHya 1.45

Total 100
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3.4 Steady state process simulation of natural gas processing and production
network

3.4.1 LNG process simulation

The LNG process is represented by the processing units (A-F) and unit (H) as shown in Figure
3.3. Natural gas feedstock with flow rate, operating conditions, and mole composition shown in
Table 3.1, is received at inlet receiving unit. The steady state simulation of LNG process was
carried out using ASPEN Plus. In general, cubic equation of state, for example, Peng Robinson
or Soave—Redlich—-Kwong equation (SRK) is appropriate and recommended for gas processing
by ASPEN Plus. The Peng Robinson thermodynamic property method is considered and selected
as global thermodynamic property method. However, NRTL was selected as thermodynamic
property method for amine system. The primary gas/condensate separation takes place in
stabilization unit, unit (A) and condensate Cs, product is stabilized. The primary purpose of
stabilization unit is to recover the intermediate and heavy Cs. components to generate greater
revenues. Figure 3.4 shows ASPEN Plus flowsheet representation of a typical stabilization unit.
The feed and products flowrate in kg/h are shown in Table 3.2. The recovery of Cs; components
in both vapor and liquid phase are clearly seen in Figure 3.5 and Figure 3.6, respectively. The
residual sour gas is then fed to Acid gas removal unit where H,S and CO, are removed using the
mixed amine solution. Figure 3.7 shows ASPEN Plus flowsheet representation of a typical Acid
gas removal unit. The composition of mixed amine solution is (15 wt% DEA, 30 wt% MDEA,
45 wt% water). The CO, and H,S mole fraction in the sweet gas stream are 7.9 E-5, and 1.8 E-
25, as shown in Figure 3.8 and Figure 3.9 respectively. The elemental sulfur is recovered from
the H,S rich stream by the conventional straight or split flow Clause process shown in Figure

3.10 and Figure 3.11, respectively. The sweet gas is fed to dehydration unit. Figure 3.12 shows
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ASPEN Plus flowsheet representation of a typical dehydration unit. TEG glycol is used to

remove the water content to 9.0 E-05 as water mole fraction as shown in Figure 3.13.

(A) Stabilization Unit

MIX1

RSUDGAS

Compresso
comp1

.= | [SAe7om)

Stabilizer

B8]

Figure 3.4 ASPEN Plus stabilization unit flowsheet.

Table 3.2 Material balance around stabilization unit (A).

Stream name Flow kg/h CO2egKag/h
NATGAS 1515431.29 24934640.1
S5 86.5218686 0.00551943
RSUDGAS 1449807.02 24934637.7
STAB-BOT 65538.1258 0

Net CO2eq.emission -2.43
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Figure 3.5 Stabilizer vapor composition profile.
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Figure 3.6 Stabilizer liquid composition profile.
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The main purpose of acid gas removal unit (AGRU) is the removal of H,S, CO, and other

impurities to low levels to meet gas specification and prevent plugging and corrosion problems.

(B) Acid Gas Recovery Unit (AGRU)
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Figure 3.7 ASPEN Plus Acid Gas Removal Unit flowsheet.
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Figure 3.8 CO, mole fraction profile in the absorber.
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Figure 3.9 H2S mole fraction profile in the absorber.
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Figure 3.10 ASPEN Plus sulfur recovery unit (straight) flowsheet.
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Figure 3.11 ASPEN Plus sulfur recovery unit (split) flowsheet.
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Figure 3.12 ASPEN Plus dehydration unit flowsheet.
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Figure 3.13 H,O composition profile in glycol dehydrator.
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(F) Fractionation Unit (conventional)
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Figure 3.14 ASPEN Plus fractionation unit (conventional) flowsheet.

(F) Fractionation Unit (nonconventional)
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Figure 3.15 ASPEN Plus fractionation unit (nonconventional) flowsheet.
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he sweet dry gas stream is fed to NGL unit where the heavy hydrocarbons and LPG are separated
from the gas that is mainly methane. The heavy hydrocarbons are sent to fractionation unit to be
separated into ethane, propane, butane, and pentane products as shown in Figure 3.14 and Figure
3.15. The methane gas is liquefied to -160°C using a mixed refrigerant (MR). The optimized MR
composition is obtained from (Alabdulkarem, et. al., 2011). Figure 3.16 shows ASPEN Plus
flowsheet representation of NGL recovery and liquefaction unit. A detailed discussion about
cryogenic processes can be found in (Venkatarathnam, 2008). Then, the nitrogen is rejected to
obtain the desired heating value of LNG product. The products mass flowrates and yields for all

units are shown in Table 3.4.

Turboexpander

Residuglgas

Demethanizer

Figure 3.16 ASPEN Plus flowsheet of the NGL and liquefaction unit.

3.4.2 GTL process simulation

The GTL process is represented by units (A-F) and units (G, J and L) as shown in Figure 3.3.

The treated methane gas from unit (E) is preheated, mixed with steam and pure oxygen, and fed
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to Auto-thermal reactor (ATR). The ATR converts the natural gas that is mainly methane, steam,
and pure oxygen into a syngas (H./CO). The ATR reaction scheme is complex, but overall

reaction is represented by (A. Steynberg & Dry, 2004):

CHy +3/2 0, — CO + 2 Hy,0 - AH 208 = + 519 KJ / mole (3.1)
CHs;+H,0 « CO+3Hj - AH 505 = -206 KJ / mole (3.2)
CO+H,0 < CO,+H, - AH 505 = + 41 KJ / mole (3.3)

The ATR is modeled as Equilibrium reactor in ASPEN Plus as shown in Fig. 3.17. For the given
natural gas flowrate, the steam to CHj is set to be 0.6 as the operating ratio. This very low ratio
around 0.6, rather than the previously used high ratio of 1.5-2.0, becomes the state-of-the-art
syngas ratio for FT application in modern plants in Europe and Middle East (A. Steynberg &

Dry, 2004).
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Figure 3.17 ASPEN Plus flowsheet of the ATR unit.
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Now, For the O, flowrate sensitivity analysis was performed by varying the O, flowrate to obtain
the desired H,/CO ratio as seen in Figure 3.18. The syngas H,/CO ratio of 2 is achieved by using

the ATR with 70,000-72,500 kmol/hr as O, flowrate.

The high syngas temperature is utilized by producing high pressure steam. The syngas is fed to
slurry phase FT reactor which is modeled as Yield reactor. The FT reactor operating conditions

are 240 °C and 20 bar. The FT synthesis

nCO+2nH,— {-CH-}n +nH,0 (3.4)

This study is considered as a low- temperature slurry-phase Fischer-Tropsch reactor with cobalt
catalyst. The product distribution follows the chain growth probability function known as

Anderson-Schulz-Flory (ASF) distribution (A. Steynberg & Dry, 2004).

Wy/n=(1-a)a™? (3.5)

Where W, is the mass fraction of the hydrocarbon molecular with carbon number n and a is the
chain growth probability. An alpha value of 0.9 is selected to find the mass fraction of the
hydrocarbons as shown in Figure 3.19. FT reactor is assumed to produce only paraffine (no
olefin). The hydro-treating/ cracking of the waxes takes place to obtain the final desired products
normally LPG, synthetic gasoline and diesel. Table 3.3 gives the theoretical wt% fraction of
syncrude produced from FT reactor for a value of a =0.9. The products mass flowrates and yields
for all units are shown in Table 3.4. Figure 3.20 shows ASPEN Plus flowsheet of FT synthesis

and upgrading unit.
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Table 3.3 Theoretical weight percent of syncrude for a value of a =0.9

Syngas ratio

Oxygen flowrate sensitivity analysis

3 ——H2/CO

—=8—(H2-C02)/(CO+CO2)
2.5

1.5

0.5

0 10000 20000 30000 40000 50000 60000 70000 80000 90000
0, molar flowrate, kmol/hr

Figure 3.18 Sensitivity analysis for O, flowrate.

34




FT product distribution

0
(l) 5 10 15 20 25 30
-0.5
-1
E -1.5 ———————— ¢ TheroticalFFalph=9
£
3
-2
o ﬂ"”‘
-2.5 "’
2
3 %000
-3.5
Carbon number,n
Figure 3.19 FT product wt% distribution for a.=0.9.
(J) and (L)) FT and upgrading Unit
Reactor
m

=

Figure 3.20 ASPEN Plus flowsheet of FT synthesis and upgrading unit.
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3.4.3 Methanol process simulation

The methanol process is represented by units (A-F) and units (G, K and M) as shown in Figure
3.3. The treated methane gas from unit (E) is preheated, mixed with steam and pure oxygen, and
fed to Auto-thermal reactor (ATR) similar to the one used in GTL process. The ATR converts
the natural gas that is mainly methane, steam, and pure oxygen into proper syngas stoichiometric
ratio SR= (H,-CO,/CO+CO;). Now, one of the advantages of using the rigorous simulation is
highlighted by using the sensitivity analysis modelling tool in ASPEN plus. For the O, flowrate,
sensitivity analysis was performed by varying the O, flowrate to obtain the desired H,/CO and
SR ratio of 2 for GTL and methanol applications. The syngas (H,/CO) and SR ratio of 2 is
achieved by using the ATR with 72,500 and 27,500 kmol/hr as O, flowrate for GTL and
methanol applications, respectively as seen in Figure 3.18. The syngas with SR of 2 is fed to
methanol synthesis reactor which is modeled as equilibrium reactor. The methanol synthesis
typically consists of mainly three reactions, where the two reactions in equation (3.6) and (3.7)

are exothermic, with heat of reaction equal to -21.7 kcal/mol and -9.8 kcal /mol, respectively:

CO + 2H, <> CH3OH - AH 565 = -21.7 kcal / mole (3.6)
CO; +3Hy«» CH30H + H,O - AHozgg = -9.8 kcal/ mole (37)
CO + H,0 < CO, +H, - AH 565 = 11.9 kcal / mole (3.8)

First of all, since the synthesis reactions are highly exothermic, heat released in the synthesis
reaction should be either recovered for power generation or absorbed by cooling water to obtain
an isothermal operation. Equation (3.8) describes the endothermic reverse water gas shift
reaction (RWGSR) that also occurs during methanol synthesis, producing CO which can be

further react with hydrogen to produce methanol. The methanol reactor operating pressures range
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from 50-100 atm and temperatures of 200-300 °C. This low pressure route is the basis for most
methanol production processes. Crude methanol leaving the reactor contains water and some
impurities depending on feed gas composition, reaction conditions, and type and lifetime of the
catalyst, such as dissolved gases (methane, CO, CO,), higher alcohols (ethanol, propanol,
butanol) and long-chain hydrocarbons. Methanol is available in three grades of purity: (1) fuel
grade, (2) “A” grade, used as a solvent, (3) “AA” grade or chemical grade with highest purity
with 99.85% methanol content (Olah, et. al., 2006). The distillation systems using one or more
distillation columns will be used to purify the methanol product. The products mass flowrates
and yields are shown in Table 3.4. Figure 3.21 shows ASPEN Plus flowsheet of methanol

synthesis and upgrading unit.

(K) and (M) Methanol Synthesis and upgrade unit

Reactor
OR

DDDDDDDD

upgrade section
]

el >
é
‘*f

° .,

Figure 3.21 ASPEN Plus flowsheet of methanol synthesis and upgrading unit.
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Table 3.4 Products yield and flowrate from LNG, GTL, and methanol processes.

NG1 NG2 NG3 Yield”
Product (kg/h)
Sulfurl 22900 | - | - 0.015
LNG1 1,044,157 | - | - 0.69
Ethanel 62,800 | o= | - 0.04
LPG1 75200 | - | - 0.05
Plant Condensatel 12,700 | - | - 0.01
Field Condensatel 64,900 | - | - 0.043
Losses**1 232,343 | - | - 0.152
Sulfurz | - 22900 | - 0.015
Ethane2 | - 62,800 | - 0.04
LG22 | - 114,000 |  --—--- 0.075
Gasoline2 | - 227911 | - 0.15
Diesel2 | - 174,730 | - 0.11
Wax2 | - 99,900 | ----- 0.07
Plant Condensate2 |  ----- 12,700 | - 0.01
Field Condensate2 |  -—--- 64,900 | ----- 0.043
Losses**2 | - 735,159 | - 0.48
Sulfur3 | e e 22,900 0.015
Ethane3 | - | - 62,800 0.04
LPGZ | e | e 75,200 0.05
Methanol | - | - 870,000 0.574
Field Condensate3 | - | - 64,900 0.043
Losses**3 | - | - 419,200 0.27
Available NG 1,515,000 | 1,515,000 | 1,515,000 | -----
supply(kg/hr)

*Yield defined as product flowrate divided by feedstock flowrate

**Losses represent other byproducts such as CO,, N,, water, etc.
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Table 3.5 Capital cost, operating cost, and net CO2 emission of major processing units.

Key unit Capital cost Operating cost Utilities cost Net CO2
($) ($/yr) ($/yr) equiv’

Stabilization 1.21E+07 2.55E+09 2.36E+09 -2.43E+00
Acid gas removal 3.45E+07 3.80E+08 3.50E+08 1.27E+04
Sulfur recovery 3.29E+06 9.60E+05 3.55E+04 0

Dehydration 2.76E+07 1.21E+07 9.87E+06 -9.823E-09
NGL recovery 1.54E+07 2.31E+09 2.14E+09 1.52E-03
Fractionation 8.05E+06 1.77E+09 1.64E+09 -2.56E-11
Liquefaction 7.26E+06 1.01E+06 3.55E+04 -1.31E-08
Syngas production 3.20E+07 2.46E+07 2.14E+07 -2.33E+07
FT syn. and upgrade 1.51E+07 1.25E+08 1.15E+08 2.31E+05
Meth. syn. and upgrade 4.39E+07 2.59E+08 2.37E+08 8.32E+05
Total cost LNG 1.08E+08 7.03E+09 6.50E+09 1.27E+04
Total cost GTL 1.48E+08 7.17E+09 6.63E+09 -3.55E+07
Total cost methanol 1.77E+08 7.31E+09 6.75E+09 -3.49E+07

* Net CO, equiv value is obtained from Aspen plus and defined as output (products) equivalent minus input
equivalent.

ICARUS, cost estimator and analyzer, has been used to evaluate and estimate the cost of the
processes. Both the capital and operating cost of key processing units were estimated as shown in

Table 3.5.
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3.5 Conclusions

A natural gas processing and production network has been designed. The network consists of a
set of plants that are of main types LNG, GTL, and methanol. Each typical plant consists of a set
of main processing units that are connected in a specified way and this gives the identity to the
node in term of consumption of raw materials, production of final products, utility requirements,
and environmental impact. Key components of the network include the stabilization, acid gas
removal, sulfur recovery, dehydration, NGL recovery, fractionation, Liquefaction, nitrogen
rejection, syngas production, FT synthesis, FT upgrade, methanol synthesis, and methanol
upgrade units. ASPEN Plus, a simulation package was used to analyze the steady state
performance of the network. Comprehensive mass and energy balance from process simulations
were obtained. Furthermore, operating parameters were manipulated using different available
tools and options such as sensitivity and design spec. CO, equivalent values were obtained from
ASPEN Plus simulation models for each key processing unit. ICARUS, cost estimator and
analyzer, has been used to evaluate and estimate the cost of the processes. Both the capital and
operating cost of key processing units were estimated for example, $ 6.50E+09, $ 6.63E+09, and

$ 6.75E+09 are the annual utilities cost for LNG, GTL, and methanol facilities, respectively.
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4. CHAPTER FOUR

LINEAR PROGRAMMING MODEL OF
NATURAL GAS PROCESSING AND
PRODUCTION NETWORK

4.1 Introduction

Optimization is concerned with selecting the best solution from the entire set of possible
solutions. This best solution is either a global one or at least in a local neighborhood. The best
solution is called an optimal solution. However, the every possible solution is called a feasible

solution. Every optimization problem contains:

Q) At least one objective function to be optimized
(i) Equality constraints ( equations)
(iii)  Inequality constraints ( inequalities)

Or more broadly, mathematical model in optimization theory consists of four key components:

1. Obijective function

2. Constraints (also called restrictions) and they are classified into equalities and
inequalities

3. Data ( also called the constants of a model)

4. Variables ( continuous, discrete)

Though the objective function is used to quantify the best solution described earlier, the
constraints both the equality and inequality provide and set the limits and boundaries of possible

solutions. The objective function is either maximized or minimized (profit function, cost
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function, etc). Examples of constraints include material and energy balances (equality), capacity

limits (inequality), and so on.

According to the type of variables considered, mathematical models for optimization fall into

different structure problems

e Linear programming (LP)

e Mixed integer linear programming (MILP)

e Nonlinear programming (NLP)

e Mixed integer nonlinear programming (MINLP)
The remainder of Chapter 4 is organized as follows. In the following section, we will provide a
literature review on process modeling and planning in the chemical process industry using LP
technique. Then we will mention the problem statement and solution strategy and the proposed
model formulation in section 4.3 and 4.4, respectively. In section 4.5, we will illustrate the
performance of the model through various industrial-scale natural gas processing and production

examples and scenarios. The Chapter ends with some concluding remarks in section 4.6.
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4.2 Literature Review

LP is one of several mathematical programming techniques that attempt to solve problems by
minimizing or maximizing a function of several independent variables. LP is widely used and
efficient enough in analyzing complex industrial systems. LP was first introduced by Dantzig in
1947 to refer to the optimization problems in which both the objective function and the
constraints are linear. The standard method to solve LP is the simplex method (Edgar, et al.,
2001). LP is aimed to find a solution of a particular class of optimization problems. It is
concerned with finding values for a set of variables which maximize or minimize a linear
objective function of the variables, subject to a set of linear equality and inequality constraints.
LP problems exhibit the special characteristic that the optimal solution lies on some constraints
or at the intersection of several constraints. It was highlighted by Biegler & Grossmann, (2004)
that the design and synthesis of processes have been dominated by NLP and MINLP models due
to the need for the explicit handling of performance equations, although simpler targeting models
give rise to LP and MILP problems. Operations problems, however, tend to be dominated by

linear models for example, LP and MILP, for planning, scheduling and supply chain problems.

4.3 Problem Statement and solution strategy

Modeling the natural gas supply chain is a challenging task. Therefore, researchers try to model
the main two components; production and distribution networks separately. The production
network includes both upstream and downstream processing. This technique simplifies the
formulation, convergence, and increases the level of accuracy significantly (Zhang & Zhu,

2000).
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Figure 4.1 A schematic superstructure of natural gas network.

After modeling the processing and production network shown in Figure 4.1, we can simply

answer the following questions:

e What is the optimal natural gas flow rate to each process?

e What is the optimal production level of each product? Which process can increase the

economic portfolio of processing network? How to plan under the price fluctuations?

e Which process is more sustainable; for example, producing less CO, emissions? How to

make the processing network more sustainable?

e The effect of gas composition on the overall structure and optimal planning strategy?

44



e The effect of demand on available capacity and expansion strategy in the processing

network?

A natural gas processing and production network consisting of LNG, GTL, and methanol
facilities is considered. The network involves the processing of natural gas feedstock to produce
different set of main products such as LNG, gasoline, diesel, methanol, and by-products such as,
sulfur, LPG, and condensate. The network is envisioned as a set of interconnected nodes
representing the main processing units of three facilities. These nodes are connected by arcs that
represent the material flows within each facility. The utilization options are specified and the
problem boundaries are defined, for example, a specific flow rate, composition, and operating
conditions. It is worth mentioning that considering a specific number of utilization processes will
just represent the base case. Furthermore, any promising processes can be included in the future
planning to address process flexibility. For example, hydrogen as a main product from natural
gas, methanol to olefin (MTQO) or methanol to gasoline (MTG) production process from
methanol (Haid & Koss, 2001; Wood, et al., 2012) or even hydrogen from methanol. The
available technologies as shown in Table 1 are then screened. After consulting some published
works and books (Saeid Mokhatab & Poe, 2012; Olah et al., 2006; Robert & John, 1998; A.
Steynberg & Dry, 2004; Tusiani & Shearer, 2007) in natural gas processing industry, the most
applicable one is selected for steady state simulation. In other words, we fix the topology of the
superstructure for steady state simulation. The use of any process simulators (such as
CHEMCAD, Aspen Plus, HYSYS, and PRO/II) will be beneficial at this step. The steady state
simulation of the selected process flowsheet is carried out using ASPEN Plus V7.3 version
(ASPEN Plus V7.3, 2011). Essentially, the material and energy balances are calculated at this

step for each process. Products yield is obtained to be used in the mathematical programming
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step. After the steady state simulation is converged, equipment sizing is estimated. Then, Aspen
process Economic Analyzer is used to estimate both the fixed capital and operating costs of each
key unit of selected processes to be used in the mathematical model. A mathematical
programming model is formulated as detailed in section 4 for optimal operation. The yields
obtained from the simulation are used as parameters in the optimization step. The modeling
software LINGO version 14.0 (LINGO, 2013) is used to run the model and obtain the optimal

results. The solution strategy is depicted in Figure 4.2.

Natural gas feedstock flowrate, composition, etc.

4

ASPEN Simulation * Problem Boundaries

$y L. 3

Cost Estimation Mathematical_
Model Formulation

\

Model Solution

A

Meeting
Objective

Figure 4.2 A schematic representations of steps in developing optimal structure of network.
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Table 4.1 Possible technology of industrial processing units.

Major Processing Unit

Possible processes / technologies

Selected Process / technology

Condensate Stabilization (a) Flash Vaporization Stabilization by Fractionation
(b) Stabilization by Fractionation

Acid Gas Removal (a) Indirect Conversion Direct Conversion (liquid phase)
(b) Direct Conversion, i,e.(Dry bed

(©

or liquid phase)

Separation Technologies, i,e
(membrane or cryogenic
fractionation)

Sulfur Recovery (@) Gas phase- Claus type Gas phase Claus type
(b) Liquid-phase
Dehydration (a) Liquid Desiccant (Glycol) Glycol

(b)
(©

Solid Desiccant
Cooling the gas

NGL Recovery (Extraction)

(@)
(b)
()
(d)
()

Refrigeration Process
Lean Oil Absorption
Solid bed Adsorption
Membrane Separation
Twister Supersonic

Refrigeration Process

NGL Fractionation

(a)
(b)

Direct Sequence
Indirect Sequence

Direct Sequence

Liquefaction

(@)
(b)

©)

(d)

Pure-refrigerant cascade
Propane-precooled mixed-
refrigerant
Propane-precooled mixed-
refrigerant, with back-end
nitrogen expander-based
Nitrogen expander-based

Propane-precooled mixed-refrigerant

Reforming (Syngas production)

(@)
(b)
(©

Steam Reforming
Adiabatic oxidative reforming
Auto-thermal reforming

Auto-thermal reforming

FT synthesis

(a)
(b)

Low temperature FT
High temperature FT

Low temperature FT

Methanol synthesis

(a)
(b)
©

Quench
Steam raising
Gas cooled (tubular)

Quench

Product Upgrading

(a)
(b)

Direct Sequence distillation
Indirect Sequence distillation

Direct Sequence distillation
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4.4 Model Formulation

The gas processing and production network consists of a set of plants or nodes j € J that are of
main types LNG, GTL, and methanol. Each node consists of a set of main processing units that
are connected in a specified way and this gives the identity to the node in term of consumption of
raw materials, production of final products, utility requirements, and environmental impact as
shown in Figure 4.1. In order to propose an appropriate mathematical model we first define the

following sets, indices, parameters, and variables:

Sets

I1=1{1, 2,3, ....I} which are fed to processing network consisting of different set of processes (nodes)
J=1{11,]2,J3,...} where JI={LNG}, J2={ GTL}, J3={Methanol} producing different set of products
K=1{1, 2, 3,...,K} by using different utilities U= { 1, 2, 3, ...,U}

Variables:

Xij = mass flowrate of natural gas i feeding process j

Yk = mass flowrate of product k from process j
Xi= Z§=1 X;; = total mass flowrate of natural gas fed to processing network
Xji=Yi_, X;; = total mass flowrate entering process/node j

Euj= utility requirement per unit feed of unit j for utility u

Objective function is set to maximize profit,
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Maximize

J v

J J
> i i Z z 5= D SEDK = ) Cug(Eu) (1)
j j=1

j=1u=1

The objective function is calculated as the sum of product values minus the cost of raw material,
the operating cost, and the cost of utility consumption. The function f(X;) and g(Ey) are in
general nonlinear function with f(X;) indicating the variable of operating cost with amount
produced by unit j and g (Ey;) indicates the utility consumption function as a function of utility

requirement per unit j.
System Constraints:

The main constraint covering the processing network is the material balance constraint and will

be represented by the yield obtained from the steady state simulation.

(1) Supply constraint

Total natural gas allowable usage from the field per day

1
Z X, <xV (4.2)
i=1

(2) Process capacity constraint
Lower and upper capacity for each process

L U
X < X; < X (4.3)

(3) Demand constraint

Y <Yy v (4.4)
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(4) Material balance: Fixed plant yield

]
Vo= ¥ (4.5)
j=1
I
Yy = Z Y Xij (4.6)
j=1i=1

(5) Utility consumption constraint

E,; < E (4.7)

(6) Non negativity constraint

All the variables are positive

4.5 lllustrative Case Study

An illustrative case study is presented to show the applicability of the framework proposed
earlier. The steady state simulation of the processing and production network was carried out
using Aspen Plus as discussed in chapter three. A typical natural gas composition (mol%) as
shown in Table 3.1 with a specific flowrate and operating conditions is used in our analysis.
Also, the product yields and flowrate shown in Table 3.3 are used for the implementation of LP

model. The model has been solved for different scenarios.
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4.5.1 Scenario 1: network optimization (base case)

After carrying out the steady state simulation of LNG, GTL, and methanol processes, the
products mass flowrate in kg/hr, yield, and demand range of LNG, GTL, and methanol processes
products are tabulated for the base case conditions in Table 3.3. The economic data are shown in
Table 4.2. The LP model has 25 variables and 81 constraints. It has been solved in LINGO 14.0
version. The input file for LINGO can be found in Appendix Al. The optimal values of products
flowrate are tabulated in the last column of Table 4.3. It was found™ that $ 219,038 is the optimal
hourly profit as defined by the objective function. Furthermore, 1,550,000, 1,550,000 and
1,550,000 kg/hr were the optimal natural gas feedstock flowrate to LNG, GTL, and methanol
facilities, respectively. If we decrease the availability of natural gas from 4,650,000 to 4,600,000

per day we found the following results,

Table 4.2 Economic Data

Natural gas $ 4.4 per MMBtu

Sulfur $ 200 per ton

Ethane $ 10 per MMBtu

LNG $ 7 per thousand cubic feet
LPG $ 2.5 per gallon

Plant Condensate

$ 15 per MMBtu

Field Condensate

$ 12 per MMBtu

Gasoline $ 2.8 per gallon
Diesel $ 3 per gallon
Wax $ 2 per gallon
Methanol $ 500 per ton
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4.5.2 Scenario 2: natural gas feedstock flowrate incremental

In this scenario, we consider the increase in natural gas feedstock flowrate by running the
simulation for higher flowrate from 1500 to 1800 MMSCFD fed to the stabilization unit. After
1800 MMSCFD, we started to get some converge issues. So, 1800 MMSCFD is the maximum
flowrate to be fed to each processing facility. With the new higher flow rate and updated
operating and utility cost, it was found™ that $ 155,946.0 is the optimal hourly profit as defined
by the objective function. The lower value of the profit is justified by the higher operating and
utilities cost and the fixed demand of the products similar to base case scenario. The input file for
LINGO can be found in Appendix A2. If we lower the availability of natural gas feedstock from
5,400,000 kg per day to 5,200,000 and 5,100,000 we find that the hourly net profit is $ 41,000

and $ -41,500 respectively.
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Table 4.3 Products yield from LNG, GTL, and methanol processes for base case.

Min. Max. LINGO
demand demand Model’s
output
Product
(kg/hr)
Sulfurl 22900 @ - - 0.015 20,000 30,000 30000
LNG1 1,044,157 - - 0.690 1,000,000 1,200,000 1009000
Ethanel 62,800 - - 0.040 60,000 70,000 60000
LPG1 75200 - - 0.050 70,000 80,000 80000
Plant Condesatel 12,700 - - 0.010 10,000 15,000 10000
Field Condensatel 64900 - - 0.043 60,000 70,000 60000
Losses**1 232,343 - - 0.152 230,000 235,000 230000
Sulfurz - 22900 - 0.015 20,000 30,000 21150
Eathane2 - 62,800 - 0.040 60,000 70,000 70000
LpG2 - 114,000 --—--- 0.075 110,000 120,000 120000
Gasoline2 - 227911 - 0.150 220,000 230,000 230000
Diesel2 - 174,730 - 0.110 170,000 180,000 180000
Wax2 - 99,900 - 0.070 95,000 100,000 100000
Plant Condesate2 - 12,700 - 0.010 10,000 15,000 15000
Field Condensate2 - 64,900 - 0.043 60,000 70,000 70000
Losses**2 - 735,159 - 0.480 733,000 735,200 733000
Sulfur3 - e 22,900 0.015 20,000 30,000 30000
Eathane3 - - 62,800 0.040 60,000 70,000 70000
LPG3 e e 75,200 0.050 70,000 80,000 80000
Methanol - - 870,000 0.574 850,000 900,000 900000
Field Condensate3 ~ - - 64,900 0.043 60,000 70,000 70000
Losses**3 - - 419,200 0.270 400,000 410,000 400000
Available NG 1,515,000 1,515,000 1,515,000 @ ----- = ——e=m e e
supply(kg/hr)

*Yield defined as product flowrate divided by feedstock flowrate

**osses represent other byproducts such as CO,, N,, water, etc.
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4.5.3 Scenario 3: natural gas feedstock and product prices incremental

In this scenario, we consider the increase in both the natural gas feedstock and products prices.
As can be seen from Figure 4.7 natural gas price fluctuate a lot from $2 to 9 per MMBtu for the
period 1994 to 2014. Thus, we need to consider this by solving the model for 50% and 100%
incremental from base case prices. The optimal values of products flowrate are tabulated in the
last column in Table 3. It was found™ that $1,339,721 and $2,479, 711 are the optimal hourly
profit as defined by the objective function for 50% and 100% incremental, respectively.
Furthermore, 1,550,000 kg/h, 1,523,666 kg/h and 1,526,334 kg/h were the optimal natural gas

feedstock flowrate to LNG, GTL, and methanol facilities, receptively for both 50% and 100%.

The input file for LINGO can be found in Appendix A3.

Natural Gas Price
10
9
: N A
_ 7 I N\ \\
: . .
g 5 7 \
5! NS ‘A‘I
2 ‘5_‘f?‘r-‘"\‘-!(
1
0
1994 1999 2004 2009 2014
Year

Figure 4.3 Natural gas prices from 1994 to 2014.
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Table 4.4 Results comparison of three studied scenarios.

Scenario 1 Scenario 2 Scenario 3
50% 100%
Sulfur 71,150 60,000 60,000 60,000
LNG 1,090,000 1,245,000 1,090,000 1,090,000
Ethane 200,000 180,000 180,000 180,000
LPG 280,000 420,000 280,000 280,000
Plant Condensate 25,000 22,000 25,000 25,000
Field Condensate 181,334 175,000 181,334 181,334
Losses**1 230,000 300,000 230,000 230,000
Gasoline2 230,000 220,000 230,000 230,000
Diesel2 180,000 222,900 180,900 180,900
Wax2 100,000 90,000 100,000 100,000
Losses**2 733,000 950,000 733,000 733,000
Methanol 900,000 1,002,500 900,000 900,000
Losses**3 400,000 500,000 400,000 400,000
Profit ($/hr) 219,037 155,946 1,339,721 2,479,711

We observe from Table 4.3 that we can maximize the network’s profit by processing more

natural gas feedstock and when the products selling price increases by 50% or 100% from base

case prices. Also, the model solves for lower values for all losses streams because they do not

contribute to the processing network’s profit. The losses stream from the GTL process is the

highest where CO,, and water are produced in large amounts as wasted products. Thus, further

consideration of capturing the CO, and utilizing it within the network and incorporating waste

water management will improve the performance significantly.
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4.6 Conclusions

Natural gas processing and production network is an important component of natural gas supply
chain. So, a general planning model of the network is a legitimate goal. A strategic planning LP
model for maximizing the profit of the natural gas processing and production network was
presented. In this chapter, the capability and applicability of the proposed model has been shown
through the consideration of different planning scenarios to show and help the decision maker in
natural gas industry. In our study, all parameters were assumed to be deterministic, for example,
availability of natural gas as the raw material; prices of natural gas feedstock, prices of final
products and chemicals; production costs; and market demand for finished products. However,
the current situation of fluctuating natural gas and crude oil prices and demands requires us to
consider the impact of uncertainties. For example, source and availability of natural gas as the
raw material; prices of feedstock, chemicals, and commodities; production costs; and future
market demand for finished products will have a direct impact on final decisions. Thus,
acknowledging the shortcomings of deterministic models, the next phase of investigation should

be towards addressing uncertainties in the design problem.
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5. CHAPTER FIVE

MIXED INTEGER LINEAR MODEL FOR
THE DESIGN AND OPERATION OF
NATURAL GAS PROCESSING NETWORK

5.1 Introduction

The main role of gas facility is to process both associated and non-associated gas to produce
high-quality natural gas and hydrocarbon liquids products. The gas facility typically consists of
many major processing units. For the processing unit, there is no single technology or process
configuration that is superior in all aspects. Many process configurations are available for
selection and the choice of technologies can be vast. The proper selection of processing units and
how they are integrated significantly impact the overall project economics and success.
Therefore, for optimal design of the natural gas processing network, process selection of the
individual units must be made on the basis of an integrated approach considering the interactions
between these units. The main objective of this work is to provide a systematic framework that
enables the consideration of many flowsheet alternatives for the superstructure development, and
then evaluate them. This is done with the aid of optimization. According to Kallrath’s survey of
real world problems (Kallrath, 2000), it was highlighted that mixed integer optimization plays an
important role in the applications of process industries, such as: production planning (production,
logistics, and marketing), process design (chemical process industry, food industry, refineries)

and network design (planning, strategic planning).
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Towards this objective, a comprehensive formulated mathematical model is presented. The
model helps the decision maker in gas industry to examine and optimally select the most cost-
effective and environmentally sustainable pathways in processing networks. In general, natural
gas processing networks are designed to maximize the profit. Different metrics can also be
considered such as, plant capex, plant efficiency, operating cost, CO, emission, power

consumption, products through put, etc.

The novelty of this work comes in two parts; the first part is the consideration of many different
alternatives and technologies for the flowsheet representation to develop the superstructure. The
second is the consideration of different operating modes, such as variations in operating

temperature, pressure for each alternative that impacts the product yields significantly.

The remainder of Chapter 5 is organized as follows. In the following Section the literature
review on natural gas offshore and onshore processing is given. Then the problem statement is
mentioned and key processing units are descried in Sections 5.3 and 5.4. The model formulation
is presented in Section 5.5. In Section 5.6, two examples are presented to illustrate the
applicability of the proposed strategy and optimization model. The chapter ends with some

concluding remarks in Section 5.7.
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5.2 Literature review

The Natural gas supply chain starts with exploration, offshore/onshore processing, storage, and
finally distribution to end users/consumers. Depending on the location and quantity being
processed, usually offshore processing is preferred for small quantities. Numerous works have
been published addressing the offshore processing (Johansen, 2011). For example, lyer et al.,
(1998) presented a multi-period mixed-integer linear programming (MILP) model for the
planning and scheduling of offshore oil field facilities investment and operation. Their model
objective function is to maximize total NPV for long-term planning horizon, and the decision
variables in their model are the choice of reservoirs to develop, selection of well sites, the
schedule of well drilling and platform installation, capacities of well and production platforms,
and the fluid production rates from wells for each time period. Ajay et al,. (2008) developed a
nonconvex mixed-integer nonlinear programming model for production allocation in the
upstream natural gas supply chain. The model includes realistic pressure flowrate relationships
and represents multiple qualities of gas in the network. The model features are inspired by the
Sarawak Gas Production System (SGPS) in East Malaysia. Later, Gupta & Grossmann, (2012)
proposed an improved multi-period nonconvex mixed integer nonlinear programming (MINLP)
model for a multi-field site with six major extensions and differences. Such as, it includes three
components (oil, water, and gas) explicitly in the formulation; nonlinear reservoir behavior in the
model is approximated using higher order polynomials, avoiding bilinear and other nonlinear
terms, with the objective of maximizing total NPV for long-term planning horizon. This work
focuses on onshore processing network. It is important to highlight that this work differs from
our previous work with respect to the network representation where the network topology was

fixed Al-Sobhi & Elkamel, (2015). In other words, a specific technology or configuration for the
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processing units was selected for simulation and optimization and no design alternatives were
allowed and considered in the analysis. Figure 5.1 shows the natural gas processing network with
alternatives. The natural gas enters the processing network at stabilization, unit (A), where
different C5+ product qualities can be obtained depending on the operating mode of selected
technology. Then, the residual gas enters the acid gas removal, unit (B) for H,S and CO,
capturing. The acid-gas stream enters the sulfur recovery, unit (C) for sulfur recovery and

production.

Natural Gas
l PRODUCTS
(B) Stabilization unit Froldcss
==a==1 == > C5+
1 4l 2 jeee!l 1, |
L.l L — A .
i I' Tailgas
Fre 1
(B) Acid gas removal unit Acidgd  (C) Sulfur recovery unit >
—_——e_, == ———n :__1—_1 ———n
1 11 2 jeee! J5 | 1 1 2 jeel Jc
Lol L —a L -l -0 L
Sweet gas
y
(D) Dehydration unit
—— o = — e = == = = = $ VaporWater_D
1 11 2 jeeel Jp |
L -l L —a
l —
- - L5 —
(E) NGL separation unit (F) Fractionation unit c2
e i | — > ——m;—_—n ——1_>\_/
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Plant C5+
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Figure 5.1 A representation of natural gas upstream processing network.
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The sweet-gas stream with required H,S and CO; concentration level enters the dehydration, unit
(D) to remove water to reduce pipeline corrosion and eliminate line blockage caused by hydrate
formation. The dehydrated stream enters the NGL recovery, unit (E) to recover NGL products

stream which is finally fractionated in unit (F) into ethane, LPG, and plant C5+ products.

Although the modeling, simulation and optimization of a single natural gas process have been
addressed previously, the design and operation of enterprise-wide natural gas processing
network, to the best of our knowledge, has not been addressed in the literature to this extent.
Also, similar endeavors for the design of processing network have been reported in the literature.
Liu et al.,, (2009) for example, presented a MINLP model for the optimal design of
polygeneration energy systems. It is a coal-based polygeneration plant producing electricity and
methanol. A suitable superstructure was introduced, based on partitioning a general
polygeneration energy system into four major blocks, for each of which alternative available
technologies and types of equipment were considered. Schulz et al., (2005) addressed the supply
chain optimization of a petrochemical complex. The complex was set to comprise of two natural
gas liquid processing (NGL) plants, two ethylene plants, a chlorine plant, a VCM plant, a PVC
plant, two polyethylene plants, ammonia and urea plant. They presented and formulated two
multi-period mixed integer nonlinear programming (MINLP) models with different levels of
rigorousness. Both models were formulated to include production, product delivery, and
inventory management. The more rigorous model provides a higher objective function value.
The objective function was the maximization of total profit, defined as the difference between
sales revenue and the total operating cost plus any penalty for not meeting demands and
inventory targets during the given time horizon. Quaglia et al., (2012) presented an integrated

business and engineering framework for the synthesis and design of processing networks. The
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framework formulated as MINLP employs a systematic approach to solve simultaneously both
the business and the engineering aspects of soybean resources allocation problems, allowing at
the same time, comparison of a large number of alternatives at their optimal points. The main
unique feature of this work is that it presents a comprehensive mixed integer optimization model
to help in selecting the optimal superstructure among the available options for natural gas
processing network. It addresses different design alternatives for the main processing units (e.g.
different acid gas removal technologies, different sulfur recovery configurations, etc.) in an
integrated manner with the variation in the operating conditions and their impact. Another
feature is that it focuses on processing network, an important component of natural gas supply

chain.

5.3 Problem statement

Different factors should be considered prior to the selection of optimal technology, and they can

be summarized as follows:

. Feedstock flow rate, composition, pressure, and temperature
o Specification level for product purity and quality

. Process flexibility with regard to feedstock changes

o Capital and operation cost for the process

Given different technological options/alternatives for each processing unit of gas facility as was
shown in Figure 5.1, it is desired to design, simulate and optimize the natural gas processing

network in order to find the optimal configuration that:
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o Maximizes the products production i,e yield

o Meets the product specification and limits
J Minimizes the capital investment

o Minimizes the operating cost

. Minimizes COxequivatenty O CO2 emission

The best practice to establish the optimum design of processing network should be critically
examined by taking all the process and environmental limitations into account within a flexible,

operable and economically justified window.

5.4 Key processing units process description

In this section, the key processing units of the network are described. Although the key
processing units were mentioned briefly in Chapter 3, they are described in more details here for
their importance in the mathematical formulation. As shown in Figure 5.1, the processing

network starts with the stabilization, unit (A) and ends with fractionation, unit (F).

5.4.1 Stabilization Unit (A):

The primary purpose of the stabilization unit is to recover the intermediate and heavy Cs.
components early from the feedstock to generate revenues. Sale of optimal liquids products
maximizes profits by adjusting the fraction of liquids recovered while meeting the specifications
for the natural gas. The stabilized liquid has two important characteristics; its vapor pressure and
hydrogen sulfide content, for safe and environmental handling, processing, and exportation. The
stabilization process can be performed in industry through either flash vaporization or
fractionation. The flash vaporization is a simple operation where the feed is flashed through two

or three flash tanks. The separation between the vapor and condensate phases occurs due to
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equilibrium principles. Flash vaporization is an old technology and is not used in a modern gas
plant (Saeid Mokhatab & Poe, 2012). However, stabilization by fractionation is a modern and
widely accepted in industry. The stabilization is typically carried out in a absorber with a reboiler
and internal trays. Moreover, a refluxed distillation tower is used for better separation. The
condensate product is sold based on a specified Reid Vapor Pressure (RVP) defined by the
customer. The RVP is controlled by manipulating the bottom rebolier temperature. A detailed

discussion can be found in Campbell, (2000); GPSA (2004).

5.4.2 Acid gas removal unit (B):

The primary purpose of the acid gas removal unit is to reduce the concentration of the acid gases,
carbon dioxide (CO;) and hydrogen sulfide (H,S) to very low levels. Natural gas with H,S or
other sulfur compounds are called sour gas, whereas gas with only CO, is called sweet gas.
Furthermore, H,S and CO, are referred to as acid gas components because they form a weak acid
when dissolved in water. This is achieved to meet the specification and prevent corrosion and
plugging problems. Now, there are four possibilities for natural gas purification processes

(Kidnay & Parrish, 2006):

1. CO;removal from a gas that contains no H,S

2. H,S removal from a gas that contains no CO,

3. Simultaneous removal of both CO, and H,S

4. Selective removal of H,S from a gas that contains both CO, and H,S
Since the acid gases concentration varies from region to region, and the final product
specification defined by consumers is different, many purification processes are available for
selection as shown in Figure 5.2. Generally, they can be categorized as liquid-phase absorption,

solid adsorption, membrane, direct conversion, and cryogenic fractionation.
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Figure 5.2 Natural gas sweeting processes.

Liquid-phase absorption processes are dominated industrially and classified into three categories:

chemical solvent, physical solvent, and hybrid solvent. In the chemical solvent process,

absorption of acid gases is achieved mainly by the use of alkanolamines or alkaline salt of

various weak acid such as sodium and potassium salts of carbonate. In physical solvent

processes, which use an organic solvent, no chemical reaction occurs and acid gas removal

depends on physical absorption. Hybrid solvent processes use a mixture of a chemical and

physical solvent. In all liquid absorption processes, the two major cost factors are the solvent
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circulation rate, which affects both equipment size and operating costs, and the energy
requirement for solvent regeneration. Amines are compounds formed from ammonia (NHs) by
replacing one or more of the hydrogen atoms with another hydrocarbon group. Amines are
categorized as being primary, secondary, and tertiary. Replacement of a single hydrogen
produces a primary amine such as monoethanolamine (MEA), and diglycolamine (DGA),
replacement of two hydrogen atoms produces a secondary amine such as diethanolamine (DEA),
and diisopropanolamine (DIPA), and finally, replacement of all three of the hydrogen atoms
produces a tertiary amine such as methyldiethanolamine (MDEA). Primary amines are the most
reactive, followed by the secondary and tertiary amines. The amines are used in water solutions
in concentrations ranging from approximately 10 to 65 wt% amines. A detailed discussion may

be found in (Campbell, 2000; GPSA, 2004; Kohl & Nielsen, 1997).

5.4.3 Sulfur recovery unit (C):

The main purpose of the sulfur recovery unit is to convert the H,S component to elemental
sulfur. Currently, two options are available for dealing with large quantities of H,S: (1) Disposal
of the gas by injection into underground formations (2) Conversion of the H,S into a usable
product, elemental sulfur. However, H,S is more commonly converted into elemental sulfur,
much of which goes into sulfuric acid production. The conversion of H,S into elemental sulfur is
done industrially by the use of the Claus process or one of its modifications. The two modified
Claus configurations are: straight through and split flow. The straight-through process is
preferred when the feedstock has a high H,S concentration, for instance, up to 55 mol% H.S;
with air or acid gas preheat, it can process 30 to 55 mol% H,S in the feed. The split-flow
configuration can process feedstock that contains lower concentrations, for example, 5 to 30

mol% H,S. The straight-through process provides the highest sulfur-recovery efficiency (GPSA
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Engineering Data Book, 2004). All Claus units involve two step processes, an initial combustion
in a furnace, and then the combustion products pass through a series of catalytic converters, each
of which produces elemental sulfur. The overall reaction involves the vapor-phase oxidation of

hydrogen sulfide to form water and elemental sulfur, according to the following reaction:

3 H,S +3/2 0, — 3 H20 + (3/x) Sk (5.1)
In practice, the above reaction is carried out in two steps:

H,S + 3/2 0, <> H,0 + SO, (5.2)
2 H,S + SO, <> 2 Hy0 + (3/x) Sk (5.3)

The first reaction is a highly exothermic combustion reaction, whereas the second is a more
weakly exothermic reaction. A tail gas cleanup unit (TGCU) is often designed and employed to
eliminate the last of the sulfur compounds to meet environmental limits. The most commonly
used processes are Shell Claus Offgas Treating (SCOT), SUPERCLAUS, and cold-bed

adsorption (CBA) (GPSA, 2004).

5.4.4 Dehydration unit (D):

The primary purpose of the dehydration unit is to remove the water to reduce pipeline corrosion
and eliminate line blockage caused by hydrate formation. The main two processes applied
industrially are: absorption and adsorption. Water levels in natural gas can be reduced to the 10
ppmv range in a physical absorption process in which the gas is contacted with a liquid that
absorbs the water vapor. In practice, the glycols, ethylene glycol (EG), diethylene glycol (DEG),

triethylene glycol (TEG), tetraethylene glycol (TREG) and propylene glycol are the most
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commonly used absorbents; TEG is the glycol of choice in most cases (GPSA Engineering Data

Book, 2004).

5.4.5 NGL separation unit (E):

The primary purpose of NGL unit is to separate the gas from liquids to reach a specific heating
value. Pipeline quality natural gas specifications include limits on sulfur and water content, along
with higher heating value, which must be about 950 to 1,150 Btu/scf (35,400 to 42,800 kJ/Sm3)
(GPSA, 2004).The process elements involved in hydrocarbon recovery vary, depending upon the
desired products and gas volume being processed as well as inlet gas composition and pressure.
Broadly, the commercially available technology options for NGL extraction are (1) refrigeration
processes, (2) lean oil absorption (3) solid bed adsorption (4) membrane separation (5) Twister

supersonic separation. A detailed discussion can be found in (Campbell, 2000; GPSA, 2004).

5.4.6 Fractionation unit (F):

The primary purpose of the fractionation unit is to fractionate the liquid into its various
components (ethane, propane, isobutene, normal butane, and gasoline) which have a higher
market value as purity products. The bottom liquid from the NGL recovery unit is fractionated
by heating and passing it through a series of distillation columns. There are many options in
designing the order, or the sequence of columns for products recovery. The number of possible

sequence or configuration (S) is related to components number (C) by the relation:

S =[2(C-1)1/ CI(C-1)!] (Peters, et al., 2004; Seider, et al.,2004).
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5.5 Mathematical formulation

The mathematical formulation includes an objective function that maximizes the profit and
several model constraints to satisfy products demand, CO, emission limits, operational
restrictions and limitations. The mathematical model consists of set of equalities and inequalities
that briefly describe mathematically each block in the superstructure in terms of overall mass

balance, yield, quality, different technologies, demand, capacity constraints, and so on.

5.5.1 Overall mass balance, and yield model

The overall mass balance, yield, and operating mode of each processing unit are presented
starting with the stabilization unit. As mentioned earlier the purpose of stabilization is to
maximize the recovery of C5+ from natural gas feedstock. The product is called field

condensate, Froiqcs+ Since it is recovered early from field feedstock.
Overall mass balance around unit (A) is given in equation (5.4),

FNatgas = Fresgas + Ffield65+ (5.4)
Because we need to select just one stabilization technology from available technologies, we have

the following constraint equation (5.5),

Z Z X =1 A = stabilization unit (5.5)

MEMy jEJA
Where, /4, = {set of stabilization technologies} and
M, = {set of operating mode for stabilization technologies}
Xj‘fn = 1if technology j is selected, at a specific operating mode, m, for A

= 0 otherwise
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Fnatgasjm = Fresgasjn T Frietacs+jm Vj€Js ,m €My (5.6)
Where j indicates technology and m is a set of operating mode for example different pressure and
temperature as operating conditions.

The switching constraints are given by equations (5.7) and (5.8), for example,

Fresgasjm = Xim * Bidsgas Vj€Ja meEMy (5.7)
Frictacs+;m < Xfm * Fietacs+ VJj€Ja meMy (5.8)

Fresgasj'm = ( if technology j was not selected, then

Fresgasj’m < F}iJeldlCSJr which is true when j is selected at operating mode, m.

The yield value y{lf:dC“ in equation (5.9) is obtained from Aspen Plus steady state simulator

for selected technology j and at specific operating mode, m, and are used as a better approximate

to estimate the field condensate flowrate for different natural gas flowrates.

fieldC5+
Aj,m

1:'fieldC5+j_m - * Xfrln * FNatgas Vj € ]A' me€ MA (5-9)

The total Fy;e14¢5.4 flowrate from the network is given in equation (5.10),

Frielacs+ = Z Z Frictacs+;m (5.10)

MEMy jJEJ4

The yield value yjfff“s in equation (5.11) is also obtained from Aspen Plus steady state

simulator for selected technology j at a specific operating mode m and is used as better

approximates to estimate the field condensate flowrate for different natural gas flowrate.

Fresgasj_m = y;;ffas * FNatgas Vj,m (5.11)
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The total F,¢5 445 flowrate from the network is given in equation (5.12),

Fresgas = Z Z Fresgas]-,m (5.12)

MEMy jEj4

The acid gas stream, F,cigqqs, that is mainly HoS and CO; is separated from residual gas and

overall mass balance around unit (B) is given in equation (5.13),

Fresgas = Fsweetgas + Facidgas (5-13)
Because we need to select just one acid gas removal technology from available technologies, we

have the following constraint equation (5.14),

Z Z Xﬁn =1 B = acidgas removal unit (5.14)

meMp j€Jp
Where, J5 = {set of acid gas removal technologies} and
Mg = {set of operating mode for acid gas removal technologies}
Xj’fn = 1if technology j is selected at a specific operating mode, m for B.
= 0 otherwise
Fresgasjm = Fsweetgas;m + Facidgas;m Vj€Jpme My (5.15)

The switching constraints are shown by equations (5.16) and (5.17), such as,

FSweetgasj,m = Xﬁn * FSL\IA/eetgas v ] E]B'm € MB (5-16)
Facidgasj_m < Xﬁn * Fgcidgas v ] E]B'm € MB (5-17)
The vyield values yg;”ni“g“ and yg;;fgas given in equations (5.18) and (5.19) are obtained

respectively, by dividing the sweet gas and acid gas flowrate for selected technology j obtained
from Aspen Plus steady state simulator by the total natural gas feedstock flowrate and can be
used as an approximate value to estimate the sweet gas and acid gas flowrates for different

natural gas flowrates.
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sweetgas

steetgasj,m = YBjm * FNatgas V j€E]Jgm € Mg (5.18)
id .
Facidgas]-,m = g;:n 995 & FNatgas VjEJgm € My (5.19)

The total Fyyeergas and Fyeiagqs flowrate from the network are given in equations (5.20) and (5.21),
steetgas = Z Z steetgasj,m Vj, m (5-20)
m j

Facidgas = Z Z Facidgasj,m Vjm (5.21)
m

Since the H,S and CO; have a certain specification for LNG and GTL process, H,S removal to
< 4 ppmv for GTL application and CO; to either 50 ppmv for LNG and possibly up to 1 or 2 %v
for GTL application (Klinkenbijl, 2005), we need to apply the same constraints and equations on

them. H,S mass balance around unit (A) is given in equation (5.22),
Fll\giggasjm = Eﬂgggasj_m + Ffftgezizic5+j,m (5.22)

The switching constraint are given in equations (5.23-5.24),

Frlggasjm = Xf;ln * Frgg‘ggs Vj €Jam €My (5-23)
U .

Ffidtacs+ ;m < Xim * Flldiacs+ Vj €Jsm €M, (5.24)

The yield values yﬁiresgas and y/’szrflf 1eldC5+ given in equation (5.25-5.26) are obtained from

Aspen Plus steady state simulator and can be used as an approximate value to estimate H,S

flowrate for different natural gas flowrates.

H2S _ H2Sacidgas .

Fresgasj_m = Vajm * FNatgas Vj EJom €My (5.25)
H2S _ H2Ssweetgas .

Friclacs+;,, = Yaim * Fyatgas VJ €Jam €My (5.26)

The total F425,5 and F/{2;¢s, flowrate from unit (A) are given in equations (5.27) and (5.28),
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Frlggas = Z Frlggasj,m (5.27)
m o j
Fcse = ) ) Fifficss,, (5.28)
m
CO; mass balance around unit (A) is given in equation (5.29),
Flggtzgasj,m = E%ggasj,m + chiglzdc5+j,m (5.29)
The switching constraint are given in equations (5.30-5.31),
U .
Fr%géasj_m < Xf;ln * Fr(izgéas V] E]A'm € MA (5-30)
U .
chigzzdc5+j_m < Xim * Ffiolacs+ Vj €EJaum €My (5.31)
The yield values y; 2% and y;2/'"““** given in equation (5.32-5.33) are obtained from

Aspen Plus steady state simulator and are used as better approximate values to estimate CO2

flowrates in residual gas and field condensate streams for different natural gas flowrates.

c02 _ CO2acidgas .
Fresgas]-_m = Yajm * FNatgas Vj €Jaum €My
co2 _ CO2sweetgas .
Ffield65+j,m = YAjm * FNatgas Vj €Jam €My

The total S22, and F£92, .. flowrate from unit (A) are given in equations (5.34) and (5.35),
esgas fieldC5+

C0o2 — COo2
Fresgas = Z Fresgasj,m

m j

co2 _ co2
Fieiacs+ = Z Z FfieldCS+j,m
m j

H,S mass balance around unit (B) is given in equation (5.36),
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Frlggasj,m = (fcziggasj'm + Fsl-lwzésetgasj,m (5.36)
The switching constraint are given in equations (5.37-5.38),

H2sU

H2S .

Facidgas]-,m < Xijm * acidgas V] € ]B;m € MB (5-37)
H2S H25Y ;

steetgasj,m < Xijm * sweetgas V] € ]B'm € MB (5-38)

H2Sacidgas H2Ssweetgas
9% and yg e

The vyield values y; given in equation (5.39-5.40) are obtained from
B],m

Aspen Plus steady state simulator and can be used as an approximate value to estimate H,S

flowrate for different natural gas flowrates.

H2S _ H2Sacidgas .

Facidgasj_m - yBj,m * FNatgas V] € ]B'm € MB (5-39)
H2S _ H2Ssweetgas .

steetgasj_m = YBjm * Fnatgas Vj €Jgm € Mg (5.40)

The total F53 45 and FiZ%. 45 flowrate from unit (B) are given in equations (5.41) and (5.42),

F(i-lcziggas = Z z Ftﬁziggas]-’m Vj €J]gpm € Mg (5.41)
m j

FSHWZeSetgas = Z FsHWdetgasj_m Vj €Jgpm € Mg (5.42)
m j

CO; mass balance around unit (B) is given in equation (5.43),
Fr%?éas;_m = acg?lgasj,m + Fsc;l?ezetgasj_m (5-43)

The switching constraints are given in equations (5.44-5.45), such as,

co2 B co2V :

Facidgasj,m = ij * Facidgas V] € ]B: m € MB (5-44)
co2 B co2V ;

steetgasj,m = ij * sweetgas V] E]B:m € MB (5-45)
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The yield values ygfnf“idgas and yg02sweetgas

B given in equations (5.46-5.47) are obtained from

Aspen Plus steady state simulator and can be used as approximate values to better estimate CO,

flowrates for different natural gas flowrates.

Cc02 _ CO2acidgas

Facidgas]-,m ~ YBjm * FNatgas (5.46)
c02 _ CO2sweetgas

steetgaSj,m ~ YBjm * FNatgas (5.47)

The FE3%,as and FS02, ;qsflowrate from acid gas removal unit are given in equations (5.48-5.49),

acidgas
Faccoiczlgas = Z Z Faccoiczlgasj_m Vj €Jgpm €Mpg (5.48)
m j
F&%tgas = ) ) F&%tgas,, Vj €Jpm €My (5.49)
m j

Since the CO;and H,S concentration levels will be in ppm level after acid gas removal unit, then
material balance, and yield equations would be sufficient up to unit (B).

The acid gases stream, Fgciqgqs, Mainly H,S is fed to sulfur recovery unit to recover sulfur,
Fsyifur- SO, mass balance around unit (C) is given in equation (5.50),

Faciagas = Fraiigas + Fsuipur (5.50)
Because we need to select just one sulfur recovery technology from available technologies, we

have the following constraint equation (5.51),

Z Z Xﬁn =1 C = sulfur recovery unit (5.51)

meMc j€]c
Where, /. = {set of sulfur recovery technologies} and

M. = {set of operating mode for sulfur recovery technologies}

Xﬁn = 1if technology j is selected at a specific operating mode, m for C.

= 0 otherwise
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Mass balance around unit (C) for every selected sulfur recovery technology is given in equation

(5.52),
Facidgasj,m = Ftailgasj,m + Fsulfurj,m VjE jcrm € M¢ (5'52)

The switching constraint around sulfur recovery unit (i=C) are given in equations (5.53-5.54),

such as,
Ftailgas]-,m = Xﬁn * Ftltjzilgas Vj €/pm € Mp (5'53)
Fsulfurj,m = Xﬁn * Fsl{zlfur Vj € Jp,m € Mp (5-54)

tailgas sulfur

The yield values Yeim and Yeim in equations (5.55-5.56) are obtained respectively, by

dividing the tail gas, and sulfur flowrate for selected technology j obtained from Aspen Plus
steady state simulator by the total natural gas feedstock flowrate and are used as better

approximate values to estimate tail gas, and sulfur flowrates for different natural gas flowrate.

tailgas

Ftailgasj_m = Cim * FNatgas Vj€Je,m €M (5.55)
l .
Fsulfurj_m = yg?mfur * FNatgas Vj €Jem € Mg (5.56)

The total Fyy;1445, and Fgy 5y, from the unit (C) are given in equations (5.57-5.58),

Ftailgas = z z Ftailgas]-,m (5.57)
m

Fouifur = ZZ Fsulfurj,m (5.58)
m

The sweet gas stream F,,cergqs 1S S€Nt to the dehydration unit to remove water. Water balance

around unit (D) is given in equation (5.59),

steetgas = Fwater—D + FDehgas (5-59)
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Because we need to select just one dehydration technology from available technologies, we have

the following constraint as shown in equation (5.60),

Z Z Xﬁn =1 D = dehydration unit (5.60)

meMp j€Jp
Where, ], = {set of dehydration technologies} and
Mp = {set of operating mode for dehydration technologies}

Xj[,’n = 1if technology j is selected at a specific operating mode, m for D.

= 0 otherwise

steetgas,-ym = Fwater—Dj‘m + FDehgasj_m VjE€ ]D' m € My (5.61)

The yield values yg%" and ySJf”ZgaS in equations (5.62) and (5.63) respectively, are obtained by

dividing the water, and dehydrated gas flowrate for selected technology j obtained from Aspen
Plus steady state simulator by the total natural gas feedstock flowrate and can be used as an

approximate value to estimate the water and dehydrated gas flowrates for different natural gas

flowrates.

Fwater-p;, = y}S’j‘ﬁﬁ” * Fatgas Vj €Jp,m€Mp (5.62)
deh .

Fdehgasj,m = Dfmgas * FNatgas V] € ]D'm € MD (5-63)

The switching constraints in equations (5.64-5.65), will ensure just one technology being

selected such as,
U .
Fwater—D]-_m < Xj?n * FMDzater V] E]D: m € MD (5-64)

FDehgas]-_m < Xjen * FDUehgas Vj€Jp, meMp (5.65)

The total F,4ter—p and Fpepgqsflowrate are given in equations (5.66) and (5.67)
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Fyater-p = Z Z Fwater—Dj'm (5.66)

meMp j €/,

FDehgas = Z Z FDehgasj‘m (5.67)

meMp j€j,
The rich methane stream, F.y, is recovered from NGL unit and the overall mass balance around
unit (E) is given in equation (5.68),
Fpengas = Fcna + Fne (5.68)
Because we need to select just one NGL technology from available technologies, we have the

following constraint (5.69),

Z Z Xn=1 E = dehydration unit (5.69)

MEMg jEJE
Where, Jp = {set of NGL recovery technologies} and
Mg = {set of operating mode for NGL recovery technologies}
ij;n = 1if technology j is selected at a specific operating mode, m for E.

= 0 otherwise

So, the mass flow for each technology j at operating mode, m is given in (5.70)

Fpengasjm = Fenajpm + FreLjp, (5.70)
The yield values yg;jg and y,’JY]Gnﬁ in equations (5.71-5.72) are obtained respectively, by dividing
the methane rich stream, and NGL stream flowrate for selected technology j obtained from
Aspen Plus steady state simulator by the total natural gas feedstock flowrate and can be used as

approximate values to estimate their respective flowrates for different natural gas flowrate.

Fenas, = Vi * Fratgas Vj €Jp,m € Mg (5.71)

Fnerj, = yév](;"Ll * Fyatgas Vj €Jg,m € Mg (5.72)
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The switching constraint of unit (E) shown in equations (5.73-5.74) will ensure that the flowrates
for non-existing units are zero. Such as,

Fnerj, = Xﬁn * FlgL Vj €Jg,m € Mg (5.73)

Fenaj,, = Xin * Féha Vj €Jg,m €Mg (5.74)

And, the total flowrate of methane rich stream and NGL are given in equations (5.75-5.76)

Fena = Z Z Fcna,,, (5.75)

mEeMg j €/

FneL = Z Z Frei,, (5.76)

m EME] E]E
The recovered Fy, stream is sent to fractionation unit and the overall mass balance around unit

(F) is given in equation (5.77)

Fne, = Fea + Frpe + Fpianecs+ (5.77)
Where,
Fea = Z ZFczj,m (5.78)
mEij E]F
Frpc = Z ZFLPGj_m (5.79)
meMp j €,
Fplant65+ = Z Z FplantCS+j,m (5.80)
mEMFj E]F

Because we need to select just one technology from available technologies, we have the

following constraint (5.81),

Z Z Xﬁn =1 F = fractionation unit (5.81)

MeMr jEJf
Where, Jr = {set of fractionation technologies} and

Mg = {set of operating mode for fractionation technologies}
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Xj’;n = 1if technology j is selected at a specific operating mode, m .
= 0 otherwise

The yield values yg? , yre and y,?jli"w“ in equations (5.82-5.84) are obtained respectively, by

dividing the flowrate of selected technology j obtained from Aspen Plus steady state simulator by
the total natural gas feedstock flowrate and can be used as approximate values to estimate their
perspective flowrates for different natural gas flowrates. Although the field Cs. and plant Cs.

streams have a quite similar composition, it is assumed that plant Cs. has a higher selling value.

Fezj = ygfm * Fynatgas Vj € Jp,m € Mg (5.82)

Fipg;,, = )’1’55,,61 * Fyatgas Vj € Jr,m € Mg (5.83)
lantCs+ )

Fplantcs+]-,m = yIEj:nn * Fnatgas Vj € Jp,m € Mg (5.84)

The switching constraint of unit (E) shown in equations (5.85-5.87) will ensure that the flowrates

for non-existing units are zero. Such as,

Fez,p < Xim* Fa Vj € Jp,m € Mg (5.85)
Fipg;,, = Xfm * Fipg Vj €Jp,m € Mg (5.86)
Fplant65+j,m < Xij * FzsllantC5+ Vj E]F'm € My (5'87)

5.5.2 supply constraint

Consumption of natural gas feedstock through the network should not exceed the upper natural

gas availability limit, Fy2;,.s as shown in equation (5.88), and should be higher than the

minimum quantity fed to the network, Fyg;gas-

LN UN
FNatgas = FNatgas < FNatgas (5-88)
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5.5.3 Demand constraints

The annual demand constraints of network’s main products are given in equations (5.89-5.94)

Drictacs+ < Frietacs+ (5.89)
Dyiantcs+ < Fpianecs+ (5.90)
Dsuifur < Fsuifur (5.91)
Dez < Fep (5.92)
Dip < Fipg (5.93)
Dcua < Fena (5.94)

5.5.4 Capacity constraint of network’s processing units

Capacity constraint of main processing units of the network are given in equations (5.95-5.100)

Fyatgas < Qf * Xijm Vje],m €M, (5.95)
Fresgas < QJB * Xijm vj E]B,m € Mg (5.96)
Faciagas < QF * Xijm Vji€J,m €M (5.97)
Foweetgas < Q}J * Xijim Vj€Jy,m €M, (5.98)
Faengas < Q}E * Xijm Vj E]E,m € Mg (5.99)
Fver, < QF * Xijm Vj€J,m €M (5.100)

where Q]i-, (i=A,...,F) denotes the upper capacity limit for unit processing i for technology j.

81



5.5.5 Quality constraint
There are some quality specifications that needed to be met such as, CO, composition in sweet

gas stream shown in equation (5.101)

co2 co2
sweetgas/steetgas = Qsweetgas (5-101)

H,S composition in sweet gas stream shown in equation (5.102)

H2S H2S
SWeetgaS/FSWeetgaS S qSWeetgaS (5-102)

Where q&0%.:5as @nd qiicsergas are the acceptable concentration level of CO, and H,S in sweet

gas stream, respectively.

5.5.6 Non negativity constraint

All the variables are positive

5.5.7 Objective function

As discussed earlier in the problem statement several objective functions can be used to optimize
the network. We design the network to maximize the annual profit. Capital investment plays an
important role in choosing among design alternatives. The total cost is represented by an
annualized capital cost, variable annual operating costs, and fixed annual operating cost of major
units for example units (A-F) plus the annual cost of natural gas usage. It is assumed that capital
costs are amortized over the lifetime of the project life of 20 years with 10% as a compound
interest rate. The total annual profit is calculated as the sum of all product sales minus cost, as

shown in equation (5.103),
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maximize annual profit

:ZSpk*Fk_np*Fnatgas_zzzACCj*inm
k iom j
~2.0.2.4%6
i m J

« X Vi, j,mk (5.103)

Where,

Spyis the selling price of each network products
np is natural gas feedstock price

F is products mass flowrate

Fratgas is natural gas mass flowrate

ACC; = amoritzed capital cost for technology j

AOC; = annual operating cost for technology j

5.6 lllustrative Case Studies

Two illustrative case studies are presented to show the applicability of the overall framework and
formulated model presented in the previous sections. The steady state simulation of the
processing network was carried out using Aspen Plus. The main key processing units such as
stabilization, acid gas removal, dehydration, sulfur recovery, NGL recovery, and NGL
fractionation were considered. A typical natural gas composition (mol%) shown in Table 3.1
with a specific flowrate and operating conditions is used in our analysis. The cost data

represented in the case study are based on ICARUS software output and open-source data.
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5.6.1 Case study 1

Given the natural gas as a feedstock with its properties such as composition, flowrate, and
pressure and temperature, it is desired to optimally design a stabilization unit, unit (A) as was
shown in Figure 3.4. Different product quality with different reid vapor pressure (RVP) can be
produced by changing the stabilization column operating conditions and in particular the column

pressure as can be found in Campbell, 2000.

5.6.2 Case study 1: Results and discussion

A typical stabilization unit was considered for steady state simulation in Aspen Plus. Three
condensate qualities with 12, 16, 26 RVP quality were selected for comparison by manipulating
column pressure. As can be seen from Figures (5.4), (5.5), and (5.6) that the yield values for all
residual gas stream are not constant. Also, they change with different operating conditions such
as stabilizer’s pressure. In a similar way, the yield values of condensate C5+ streams as shown in

Figures (5.7), (5.8), and (5.9), respectively.
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Figure 5.3 Residual gas yield for 12 RVP product.
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Figure 5.4 Residual gas yield for 16 RVP product.

85




Resudial gas yield

0.95252

0.9525
0.95248
0.95246
0.95244
0.95242

0.9524
0.95238
0.95236
0.95234

26 RVP product

160 180 200 220 240

Operating Pressure, psia

260 280

300

Figure 5.5 Residual gas yield for 26 RVP product.
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Figure 5.6 Condensate yield for 12 RVP product.
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Figure 5.7 Condensate yield for 16 RVP product.
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Figure 5.8 Condensate yield for 26 RVP product.
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Table 5.1 Total capital, annuity of capital, and total operating cost for 12, 16, 26 RVP products.

Processing Total capital cost ($) Annuity of capital Total operating cost($/yr)
unit
conditions
12 RVP 16 RVP | 26 RVP | 12 RVP 16 RVP | 26 RVP | 12 RVP 16 RVP | 26 RVP

Stabilization at 1.28E+07 1.22E+07 | 1.10E+07 1.56E+06 1.48E+06 | 1.34E+06 3.90E+09 2.81E+09 | 5.84E+09
180 psia
Stabilization at 1.18E+07 1.14E+07 | 1.10E+07 1.44E+06 1.39E+06 | 1.34E+06 6.40E+06 5.32E+06 | 5.61E+09
200 psia
Stabilization at 1.20E+07 1.19E+07 | 1.09E+07 1.460E+06 1.45E+06 | 1.33E+06 6.58E+06 5.44E+06 | 5.40E+09
220 psia
Stabilization at 1.20E+07 1.14E+07 | 1.10E+07 1.460E+06 1.39E+06 | 1.34E+06 6.70E+06 6.13E+06 | 5.23E+09
240 psia
Stabilization at 1.25E+07 1.15e+07 | 1.10E+07 1.520E+06 1.40E+06 | 1.34E+06 6.84E+06 6.25E+06 | 5.07E+09
260 psia
Stabilization at 1.17E+07 1.19E+07 | 1.10E+07 1.42E+06 1.45E+06 | 1.34E+06 8.08E+06 6.40E+06 | 4.93E+09
280 psia

The total capital cost, annuity of capital, and total operating cost for all condensate qualities
under different operating conditions such as stabilizer pressure are given in Table 5.1. Based on
the different yields obtained for condensate abd resudialgas, the formulated model was applied
on stabilzation unit. The linearity was maintained by discretizing product yield function over
the operating conditions range by running many simulation cases and various yield values were
obtained. The different RVP products processed by stabilization unit (i=A) are reprented by the
second index, for example, j=1 for 12 RVP, j=2 for 16 RVP, and j=3 for 26 RVP. The third
index represents the operating pressure and m=1,...,6, where m=1 for 180 psia m=2 for 200 psia
and so on. The MILP has 78 variables with 18 integer variables and 80 constraints. It has been
solved in LINGO 14.0 version. The input file and its solution for LINGO can be found in
Appendix B1.The optimal results such as flowrate values of field condensate and resudial gas
products are 68,727 and 1,481,185 kg/h respectively. Also, the condesate Cs. product with 16

RVP at 200 psia, represented by the binary variable as the optimal seleced quality product among
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other qualities. It was found™ that $ 5.83E+08 is the optimal annual profit as defined by the

objective function.

5.6.4 Case study 2

Natural gas processing network starts with stabilization unit and the consequence other units
with design options is considered for analysis and optimization. Many process configurations are
available for selection and the choice of technologies can be vast as shown in Table 5.1. As
mentioned earlier, there is no single technology or process configuration that is superior in all
aspects. Figure 5.10, shows the selected configurations and options of some processing units for
analysis and optimization. For example, three Different configurations are available for acid gas
removal unit, unit (B). In first configuration, MDEA is used only to absorb CO, and H,S to the
desired level, in the second configuration uses a mixed amine solution of MDEA and DEA is
used and in the third configuration, two absorbers are used, MDEA is used in the first absorber
column and DEA in the second absorber. Also, two different process configurations for sulfur
recovery, unit (C) are considered with different operating conditions. Moreover, two process
schemes are available for fractionation unit, unit (F); the direct or conventional configuration and
indirect or non-conventional configuration. In the direct configuration, de-ethanizer, de-
proponizer, and de-butanizer are place in sequence to separate NGL into different products.
However, in the non-conventional configuration the de-propanizer, de-ethanizer, and de-
butanizer are place in sequence with at least 90% ethane mole recovery, 80% propane mole
recovery, and 80% butane mole recovery fixed in both cases. So, it is desired to design optimally
the natural gas processing network by considering the different configurations available for key

processing units with different operating modes.
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Table 5.2 Different possible technologies available for selection.

Major
Processing Unit

Possible processes / technologies

Selected Process
/ technology

Operating mode

(A) Condensate 1. Flash Vaporization Stabilization by Operating pressure
Stabilization 2. Stabilization by Fractionation | Fractionation
(B) Acid Gas 1. Indirect Conversion Direct Solvent type , solvent
Removal 2. Direct Conversion, i,e.(Dry Conversion concentration, absorbers
bed or liquid phase) (liquid phase) arrangement, etc.
3. Separation Technologies, i,e
(membrane or cryogenic
fractionation)
(C) Sulfur 1. Gas phase- Claus type Gas phase Claus | Straight vs split
Recovery 2. Liguid-phase type
(D) Dehydration 1. Liquid Desiccant (Glycol) Glycol Glycol concentration and
2. Solid Desiccant circulation rate
3. Cooling the gas
(E) NGL 1. Refrigeration Process Refrigeration Demethanizer pressure in
Recovery 2. Lean Oil Absorption Process expander plant
3. Solid bed Adsorption
4. Membrane Separation
5. Twister Supersonic
(F) NGL 1. Direct Sequence Direct Sequence | Recovery achieved
Fractionation 2. Indirect Sequence Indirect

Seguence
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Figure 5.9 Natural gas processing pathway with selected design alternatives.

5.6.5 Case study 2: Results and discussion

After running the steady state simulation using ASPEN Plus V7.1 for each key processing unit
with different configurations and operating mode, the material and energy balances are obtained.
The mass and molar flowrate and operating conditions around each unit are tabulated in Tables
5.3-5.8 and presented below. Table 5.3 shows the mass and molar flow, and operating conditions

results of three different modes for stabilizer pressure 180, 200, and 220 psia.
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Table 5.3 Flowrate and operating conditions around stabilization, unit A.

Stabilization, unit (A)

Operating mode Mode 1 Mode 2 Mode 3
Stabilizer pressure (180 psia) (200 psia) (220 psia)
Stream name Natgas | Resgas | Field- | Natgas | Resgas | Field- | Natgas | Resgas | Field-
C5+ C5+ C5+
Total molar 74707 73897 847 74707 73854 847 74707 73854 800
Flow,
kmol/hr
Total mass 1515431 | 1450481 | 67188 | 1515431 | 1448150 | 67194 | 1515431 | 1448148 | 64542
Flow, kg/hr
Temperature, 60 294 150 60 20 157 60 20 170
°C
Pressure, bar 70 54 13 70 55 15 70 55 16
Vapor Frac 1.000 0.999 0.000 1.000 0.999 0.000 1.000 0.999 0.000
Liquid Frac 0.000 | 6.6E-05 | 1.000 0.000 1.8E-05 | 1.000 0.000 1.8E-05 | 1.000
H,Smol% 0.01 0.01 8.2E- 0.01 0.01 8.2E- 0.01 0.01 8.2E-
09 09 09
CO,;mol% 0.02 0.02 3.3E- 0.02 0.02 3.3E- 0.02 0.02 3.3E-
17 17 17
RVP, psia 16 16 16
Table 5.4 Flowrate and operating conditions around units B.
Acid gas removal, unit (B)
Operating mode Mode 1 Mode 2 Mode 3
(MDEA 35wt%) (MDEA30Wt%+DEA15wt%) | (MDEAfirst+DEAsecond)
Stream name Sweetgasl | Acidgasl | Sweetgas? Acidgas? Sweetgas3 | Acidgas3
Total molar Flow, 66325 1704 71596 4766 71521 18112
kmol/hr
Total mass Flow, 1138779 43517 1309177 144079 1307758 398257
kg/hr
Temperature, °C 25 102 20 97 35 114
Pressure, bar 55 2 55 2 55 2
Vapor Frac 1.000 1.000 1.000 1.000 1.000 1.000
Liguid Frac 0.000 0.000 0.000 0.000 0.000 0.000
H,Smol% 1.36e-29 0.40 1.83e-25 0.47 0 0.04
CO,mol% 0.02 0.04 7.93e-05 0.37 1.64e-05 0.13
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Table 5.5 Flowrate and operating conditions around units C.

Sulfur recovery, unit C

Operating Mode 1 Mode 2

mode (Claus straight) (Claus split)
Stream Sulfurl Tailgasl Sulfur2 Tailgas2
name

Total Flow 717 2551 670 2789
kmol/hr

Total Flow 22993 93489 21492 101391
ka/hr

Temperature 100 100 100 100
°C

Pressure bar 5 5 5 5
Vapor Frac 0.000 0.895 0.000 0.960
Liquid Frac 1.000 0.104 1.000 0.039

Table 5.6 Flowrate and operating conditions around units D.

Dehydration, unit (D)

Mode 1
Stream DryGasl Vapor
name water-D1
Total Flow 69899 1738
kmol/hr
Total Flow 1248403 61415
ka/hr
Temperature 27 58
°C
Pressure bar 50 5
Vapor Frac 1.000 1.000
Liquid Frac 0.000 0.000
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Table 5.7 Flowrate and operating conditions around units E.

NGL recovery, unit (E)

Mode 1
Stream Methane NGL1
name
Total Flow 66617 3935
kmol/hr
Total Flow 1128351 150684
ka/hr
Temperature -93 35
°C
Pressure bar 20 20
Vapor Frac 1.000 0.684
Liquid Frac 0.000 0.316

Table 5.8 Flowrate and operating conditions around units F.

NGL fractionation, unit (F)

Mode 1 Mode 2

(Direct sequence) (Indirect sequence)
Stream Ethanel LPG1 p.condl | Ethane2 LPG2 p.cond?
name
Total Flow 2107 1607 222 2100 1651 184
kmol/hr
Total Flow 62344 73150 15190 62164 75725 12791
kg/hr
Temperature -29 49 135 -29 50 139
°C
Pressure bar 19 18 18 19 18 18
Vapor Frac 0.000 0.054 0.000 0.000 0.074 0.000
Liquid Frac 1.000 0.946 1.000 1.000 0.926 1.000
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Table 5.9 Total capital, annuity of capital, and total operating cost of each processing unit.

Processing unit Operating Total Annuity of | Total
conditions capital cost | capital Operating
$) cost($/yr)

(A) Stabilization

12.4 bar, 151 °C 1.22E+07 1.48E+06 2.81E+09

13.8 bar, 157 °C 1.14E+07 1.39E+06 5.32E+06

15.2 bar, 163 °C 1.19E+07 1.45E+06 5.44E+06

(B) Acid gas removal

(1)MDEA 35wt% 55.2 bar, 35°C 3.42E+07 4.17E+06 4.55E+07
(2)MDEA30wt%+DEA15wWt% 55.2 bar, 35°C 3.45E+07 4.20E+06 3.80E+08
(3) MDEAfirst+DEAsecond 55.2 bar, 21.1 °C 8.04E+07 9.78E+06 1.38E+09

(C) Sulfur recovery

Clause straight 5 bar, 200 °C 3.06E+06 3.72E+05 9.59E+05
5 bar, 300 °C 3.07E+06 3.73E+05 9.59E+05
5 bar, 400 °C 3.29E+06 4.01E+05 9.60E+05
Clause split 5 bar, 200 °C 3.27E+06 3.06E+06 9.59E+05
5 bar, 300 °C 3.29E+06 3.07E+05 9.59E+05
5 bar, 400 °C 3.46E+06 4.21E+05 9.60E+05
(D) Dehydration 50 bar, 21.1 °C 2.76E+07 3.36E+06 1.21E+07
(E) NGL separation 14 bar, -62.2 °C 1.68E+07 2.04E+06 2.48E+09
(F) Fractionation
(1)Conventional 20 bar, 143 °C 8.05E+06 9.79E+05 1.77E+09
(2) nonconventional 20 bar, -9.4 °C 1.28E+07 1.55E+06 2.46E+11

The total capital, annuity of capital, and total operating cost of each processing unit are shown in
Table 5.9. Based on the different yields obtained for different products, and different capital and
operating cost for each option. The formulated model was applied on processing network.The
formulated MILP has 66 variables with 14 integer variables and 89 constraints. It has been
solved in LINGO 14.0 version with branch and bound solver type. The input file and its solution
for LINGO can be found in Appendix B2. The solid line units are the ones selected shown in
Figure 5.9 by the formulated model. It was found™ that $ 3.94 E+09 is the optimal annual profit

as defined by the objective function. The optimal results such as flowrate values are 68727,
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30587, 1102851, 48547, 56962, and 11828 kg/h for field condensate, sulfur, methane, ethane,
LPG, and plant condensate products, respectively. Also, X122, X212, X311, X411, X511, and
X611 are the optimal seleced binary variables. X122 means operating the stabilization at 13.8
bar, 157 °C to produce 16 RVP product. Although, the first configuration of acid gas removal
unit has the lowest total annual operating cost, with significant H,S removal, CO, was not
removed. X212 represents operating acid gas removal unit with (MDEA 30wt%+DEA15wt%)
at 55 bar and 35 °C. X311 represents operating the sulfur recovery unit at 5 bar, 200 °C with
Clause straight configuration. X411 represents operating the dehydration unit at 50 bar, 21.1 °C
with TEG. X511 represents operating the NGL recovery unit at 14 bar, -62.2 °C. Finally, X611

represents operating the fractionation unit at 20 bar, - 9.4 °C with direct sequence configuration.
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5.7 Conclusions and Future work

A comprehensive mixed-integer linear programming (MILP) model was developed for the
design and optimization of natural gas processing network. The natural gas processing network
consisting of six major blocks, namely, stabilization, acid gas removal, sulfur recovery,
dehydration, NGL recovery, and NGL fractionation was simulated using ASPEN Plus simulation
package. For each processing unit, various relevant technologies and types of equipment were
considered. The simulation-optimization framework was implemented on two detailed case
studies to demonstrate the key features and applicability of the proposed approach. The yield
data for the MILP model as parameters were obtained from the simulation. In order to keep the
linearity of the model the product yield function was discretized over the operating conditions
range by running many simulation cases and various yield values were obtained. Furthermore,
the demand constraint of MILP model was set as demand range from the simulated products
flowrate. Next, we need to address the design and optimization of the downstream of the natural

gas network.
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6. CHAPTER SIX

MIXED INTEGER MODEL FOR DESIGN
AND OPERATIONAL OF NATURAL GAS
PRODUCTION NETWORK

6.1 Introduction

Many potential applications are available for diversification and utilization of natural gas
resources. These include pipelines, liquefied natural gas (LNG), compressed natural gas (CNG),
gas to solids (GTS), i.e. hydrates, gas to wire (GTW), i.e. electricity, gas to liquids (GTL).
Furthermore, a wide range of products and these include clean fuels, plastic precursors or
methanol and gas to commodity (GtC), such as aluminium, glass, cement or iron (Thomas,
2003). British Columbia ranked second to Alberta in natural gas production in Canada,
considered the following options as promising utilization options; LNG, GTL, methanol, and
fertilizers such as ammonia (BC Ministry of Energy, 2013; British Columbia’s natural gas
strategy, 2012). For each key processing unit of production process, there is no single technology
or process configuration that is superior in all aspects. Thus, many process configurations are
available for selection and the choice of technologies can be vast. Therefore, for optimal design
of the natural gas production network, process selection of the individual units must be made on
the basis of an integrated approach that considers interactions between units and integration
among them. The main objective of this work is to provide a systematic framework and
formulate a comprehensive mixed integer optimization model to select the optimal superstructure

among the available options for natural gas production network.
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Figure 6.1 A schematic representation of natural gas production network with
alternatives for each processing unit.

We focus in this Chapter on production network. The production network is represented by three

major facilities, namely, LNG, GTL and Methanol. LNG volume is expected to triple over the

2014-2040 period to meet approximately 15 percent of global gas demand (ExxonMobil, 2014)

with the center of the trade shifting from northeast Asia toward an even Atlantic/Pacific basin

split. GTL technology offers an alternative way to convert chemically methane into longer-chain

hydrocarbons such as liquid fuels and other valuable liquid hydrocarbons (e.g. lubricants and
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base oils), which can be transported much more compactly and easily (Wood, et al., 2012). GTL
fuel products (i.e., gasoline and diesel) can be used either directly or blended with conventional
diesel and burned in conventional diesel-powered vehicles. Methanol is currently mainly used in
petrochemical industry and considered as one of the highest volume commaodity petrochemicals,
with a consumption of more than 40 million tons per year (Olah, et al., 2006). Because of many
attributes such as convenience and safety in terms of transportation, storage, and usage, it is
expected to substitute to some extent oil derivate fuel for automobile and power generation
(Olah, et al., 2006). It is important to highlight that this work differs from our previous work
(S.A. Al-Sobhi & Elkamel, 2015) in regard the network representation where the network
topology was fixed; in other words, a specific technology or configuration of processing unit was
selected for simulation and optimization. However, in this work we allow the considerations of
many options and alternatives of flowsheet. Also, this network is a continuation of processing

network developed earlier in Chapter five.

A novel production network that considers various alternatives has been developed. Figure 6.1
shows the superstructure of natural gas production with alternatives for each production block. A
comprehensive mixed integer optimization model is proposed to address natural gas production
network. The main unique feature of this work is that it addresses different production processes
namely LNG, GTL, and methanol along with different design alternatives for each main
processing units namely syngas preparation, Liquefaction, N2 rejection, Hydrogen, FT synthesis,
Methanol synthesis, FT upgrade, and Methanol upgrade units. For example, different LNG
liquefaction cycles, competing syngas manufacturing technologies, different types of Fischer—

Tropsch catalysts and reactors, etc. with wide range of operational conditions. Another feature is
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that it focuses on production network, an important component of natural gas supply chain,

through rigorous simulation, modeling, and optimization.

The remainder of Chapter 6 is organized as follows. The key processing units are described in
section 6.2. Then the mathematical model is formulated and presented in section 6.3. In section
6.4, we will illustrate the performance of the model through an industrial-scale natural gas
production system and discuss the main findings. The Chapter ends with some concluding

remarks in section 6.5.

6.1 Process Description

Since the focus of this chapter is on production network, for example units (G-M) shown

previously, the key units of the network are described below.

6.1.1 Syngas preparation unit (G):

The primary purpose of syngas unit is to produce the synthesis gas (syngas), a mixture of CO and
H,, from the methane rich stream. Syngas preparation is an important part for GTL, methanol,
and hydrogen production. Also, it plays an important role in the conversion of natural gas into
transportation fuels, such as methanol, DME, synthetic gasoline, and diesel. For GTL plant in
particular, it is responsible for 60% of the investments (Rostrup-Nielsen, 2002). Different
technologies are available to produce syngas from natural gas (Aasberg-Petersen et al., 2001,
Luyben, 2014; Rostrup-Nielsen, 2000; Wilhelm et al, 2001). Namely, these include: catalytic
steam methane reforming (SMR), two-step reforming, partial oxidation (POX), autothermal
reforming (ATR), combined Reforming (CR), ceramic membrane reforming (CMR), and dry
reforming (DR). The combined reforming consists of a combination of steam methane reforming

and autothermal reforming. The choice of reforming technology is determined by balancing
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between the characteristics of each one, economic, and environmental impact. In POX process
the methane rich stream reacts with steam and oxygen to produce hydrogen, carbon monoxide
and carbon dioxide. POX could allow the absence of catalyst and thus lower CO, content, but it
requires oxygen and a high operating temperature causing soot formation that is hard to handle.
However, in SMR process, oxygen is not required but it produces much higher hydrogen than
needed. The ATR has the most favorable H,/CO ratio for cobalt-based catalyst; however, it
needs oxygen to proceed. In general, ATR shows up in many commercial processes due to its
ability to handle large-scale scenarios. ATR was shown to be the cheapest solution fulfilling the
optimum requirements of the FT and methanol syntheses unit (Rostrup-Nielsen, 2002). Future
improvements for example, in air separation unit may lead to cost reduction. The most expensive
part of the plant is the oxygen plant, typically represents 30-40% of the investments of the
syngas unit (Rostrup-Nielsen, 2002) and a tight integration of the oxygen plant with the syngas
unit would reduce syngas generation cost for the application of ATR (Aasberg-petersen et al.,
2003; Wilhelm et al., 2001). Although that CMR shows promising results, substantial issues still
need to be solved. So, CMR is not considered as a real competitor to ATR or combinations of
ATR/HTER within the next 10 years (Bakkerud, 2005). Julia et al,. (2014) assessed syngas
technologies for methanol production from shale gas. Four reforming technologies were
considered in their work, namely, partial oxidation (POX), steam methane reforming (SMR),
autothermal reforming (ATR), and combined reforming (CR). The results showed that the use of
POX or ATR provides the best alternative with the high profitability potential for methanol
production. However, from an environmental aspect, CR turned out to be the option with the
lowest carbon footprint. Noureldin et al., (2014) addressed the optimization and selection of

natural or shale gas reforming. The considered four major reforming options namely, steam
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reforming, partial oxidation, dry reforming, and combined reforming. They found that combined
reforming (including trireforming) improved the process aspects such as energy usage, safety,

and flexibility.

6.2.2 Liquefaction unit (H):

The main purpose of the liquefaction unit is to liquefy the methane rich stream. Many
liquefaction technologies exist and their difference arise mainly in the types of refrigeration
cycles they employ. The most commonly utilized LNG technologies (Tusiani & Shearer, 2007)
are: APCI Propane Pre-cooled Mixed Refrigerant (PPMR) process, Phillips Optimized Cascade
LNG Process (OCLP), and Shell Dual Mixed Refrigerant (DMR) process. While the PPMR
process dominates the industry, there has been considerable diversification of liquefaction
processes recently. Mokhatab and Economides, (2006) presented a critical overview of LNG
processes and provided a comprehensive analysis of the main methods available for the
liquefaction of natural gas in an onshore LNG plant. They also discussed selection issues relating
to the main technologies that affect LNG plant configuration. The selected PPMR process as the
basis for the liquefaction design, covers nearly 90% of the total baseload LNG capacity installed
worldwide since 1972. Also, it is generally accepted to be the most cost effective and reliable

baseload LNG process available.

6.2.3 N, Rejection unit (I):

The main purpose of nitrogen rejection unit is to reject the nitrogen to meet another pipeline gas
specification. Three scenarios require nitrogen separation or rejection: (1) processing a gas high
in nitrogen to produce a pipeline quality gas, (2) Removing nitrogen from a natural gas so that

the nitrogen can be used in an enhanced oil recovery (EOR) operation, and (3) Separating helium
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from nitrogen in a helium recovery operation (Kidnay & Parrish, 2006). Three basic methods are
used for removal of nitrogen from natural gas: (A) cryogenic distillation, (B) adsorption, and (C)
membrane separation. The most common method of removing nitrogen from natural gas is
cryogenic distillation. For feed concentrations below 20% N, a single-column design can be
used. For higher concentrations, a dual-column is preferred (GPSA Engineering Data Book,

2004).

6.2.4 Hydrogen unit (R):

The primary purpose of the hydrogen unit is to produce hydrogen to the specifications needed for
utilization and distribution. Typically, hydrogen is produced mainly by three main steps,
(1) Syngas Preparation: the steam reforming of natural gas is the principal industrial process for
the production of hydrogen; it accounts for more than half of the world hydrogen production
(Mueller-Langer et al., 2007), (2) Water Shift Reaction; in the exothermic water gas shift
reaction, CO reacts with more steam producing additional hydrogen and CO,. The product gas
consists mainly of H, and CO,, and some impurities such as unconverted CH4 and CO, (3)
separation step: the CO; is removed by an alkaline-based solution such as alkanolamines via
chemical absorption and a hydrogen-rich gas is produced which is further purified via pressure

swing adsorption (PSA).

6.2.5 FT synthesis unit (K):

The purpose of Fischer-Tropsch (FT) synthesis unit is to produce long-chain hydrocarbon
molecules (syncrude) from syngas feedstock. The primary focus of most large-scale FT
technologies in current market conditions is to produce high-quality low-emissions GTL

gasoline, diesel, jet fuel and naphtha for petrochemical feedstock or gasoline blending. There are
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two major categories of natural gas-based FT processes (Dry, 2002): (A) the high-temperature
Fischer Tropsch (HTFT) (Steynberg, et al., 1999) and (B) the low-temperature Fischer Tropsch
(LTFT) (Espinoza, et al., 1999; Jager & Espinoza, 1995). In HTFT, the typical operating
conditions of high temperatures range from 300-350 °C and pressures of approximately 2.5 MPa.
Though the high-temperature, iron catalyst-based FT GTL process produces fuels such as
gasoline and diesel that are closer to those produced from conventional oil refining, the resultant
GTL fuels are sulphur-free, but contain some aromatics. Conversion in HTFT can be greater than
85% (de Klerk, 2011), but not all the products are readily usable or capable of producing high
quality transport fuels. HTFT processes tend to be conducted in either circulating fluidized bed
reactors or fluidised bed reactors (Velasco et al.,, 2010). LTFT involves the use of low-
temperature, cobalt-catalyst-based processes, either in slurry-phase bubble-column reactors (e.g.
Sasol) or in multi-tubular fixed-bed reactors (e.g. Shell). LTFT produces a synthetic fraction of
diesel (GTL diesel) that is virtually free of sulphur and aromatics. Typical process operating
conditions for LTFT are temperatures of 200-240 °C and pressures of approximately 2.0-2.5
MPa. Conversion in LTFT is typically only about 60% with recycle or reactors operating in

series to limit catalyst deactivation (de Klerk, 2011).

6.2.6 Methanol Synthesis Unit (L):

The purpose of methanol synthesis unit is to produce raw methanol from syngas feedstock. Raw
methanol is a mixture of methanol, a small amount of water, dissolved gases, and traces of by-
products. The methanol synthesis catalyst and process are highly selective with a selectivity of
99.9%. The conversion of hydrogen and carbon oxides to methanol is described by the following
reactions (6.1), (6.2), and (6.3):

CO,+ 3 Hy; <CH30H + H,O -AH298k, s0Bar = 40.9 kJ/mol (61)
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CO + 2 H, »CH30H -AH gk s0Bar = 90.7 kd/mol  (6.2)
CO2 + H, +~CO + H;0 -AHpgsk, s0Bar = 49.8 ki/mol  (6.3)
There are three major categories of synthesis reactor or converter: (A) Quench reactor

(B) Adiabatic reactors in series (C) Boiling water reactors (BWR)

A quench reactor consists of a number of adiabatic catalyst beds. In practice up to five catalyst
beds have been installed in series in one pressure shell. The reactor feed is split and distributed to
the synthesis reactor between the individual catalyst beds. The quench reactor design is not
considered today for large capacity plants. The adiabatic reactors system normally comprises of
2-4 fixed bed reactors placed in series with cooling between the reactors. The design can be
scaled up to single-line capacities of 10,000 MTPD or more. The BWR is in principle a shell and
tube heat exchanger with catalyst on the tube side. The reactor is cooled by circulating boiling
water on the shell side. The steam produced may be used as process steam. The reaction
temperature is controlled and optimized by controlling the pressure of the circulating boiling

water. The reactor will operate at intermediate temperatures between 240-260 °C.
6.2.7 FT upgrading unit (M):

The purpose of FT upgrading unit is purification and separation of synthesis crude into desired
products. The hydro-treating/ cracking of the waxes takes place to obtain the final desired

products normally LPG, synthetic gasoline and diesel.

6.2.8 Methanol upgrading unit (N):

The purpose of methanol distillation unit is purification of the raw methanol to produce methanol

product with a specific purity. The crude methanol from synthesis unit contains water and other
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byproducts. Typical byproducts include DME, higher alcohols, other oxygenates and minor
amounts of acids and aldehydes. Different designs of distillation column system are available to
be implemented. The design of this unit depends on the desired end product. Grade AA methanol
requires removal of essentially all water and byproducts while the requirements for fuel grade
methanol are more relaxed. Two or three distillation columns usually are used to achieve the AA
grade specification which is the most commonly accepted specification in world methanol trade,

where the first is a stabilizer for removal of dissolved gases.

6.3 Mathematical Programming Model

The mathematical formulation includes an objective function that maximizes the profit, and
several model constraints to satisfy energy demand, CO, emission limits, operational restrictions
and limitations. The mathematical model consists of a set of equations and constraints that
holistically describe mathematically each block in the superstructure in terms of overall mass

balance, yield, quality, different technologies, demand, and capacity constraints, and so on.

6.3.1 Overall mass balance, and yield model

The overall mass balance and yield representation of each key processing unit in the production
network is presented starting with the syngas unit. The rich methane stream, F.y, recoverd from
NGL unit (unit E in upstream processing network) is sent to both syngas preparation unit and
liquefaction unit. The exact percentage of methane fed to each unit to be determined by
optimization yet lower bound values are set for both units to ensure that both units receive

methane. So, the overall mass balance of methane rich stream can be written as:
Fera = Fiys + Féia (6.4)
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Because we need to select just one reforming technology from available technologies, we have

the following constraint shown in equation (6.5),

Z Z Xﬁn =1 G = syngas reforming unit (6.5)

meMg j€Jg
Where, J; = {set of reforming technologies} and
Mg = {set of operating mode for reforming technologies}

Xﬁn = 1if technology j is selected at a specific operating mode, m.

= 0 otherwise
Although different technologies are available to produce syngas from natural gas, we will
consider only ATR and SMR as competing technologies of reforming unit for their applicability
in large scale applications. The rich methane stream directed to syngas unit, F£,, is fed along
with steam flowrate, F&, ., for the case of SMR and oxygen flow rate, FS,, for the case of ATR
to produce the required syngas ratio as shown in equation (6.6). We will write 2 different types
of balances for each technology such as j=ATR, SMR. Output of each option is H,, CO and CO,
as shown in equation (6.6) with different flowrate and accordingly we get different syngas
(H2/CO) ratios. The desirable composition of the syngas for the low-temperature FT corresponds

to a ratio H,/CO of 2.

FCGH4J- + FsGteamj + ngj = ngj + Fcaoj + FcGoz]- + FMC/;aterj (6.6)
Whereas, the syngas flowrate is defined in equation (6.7),

FsGyngas,- = ngj + FcGo]- + FcGoz]- (6.7)

For j=ATR, the steam to CH, is set to be 0.6 as the operating ratio as shown in equation (6.8).

This very low ratio around 0.6, rather than the previously used high ratio of 1.3-2.0, becomes the
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state-of-the-art syngas ratio for FT application in modern plants in Europe and Middle East (A.

Steynberg & Dry, 2004).

Fs(ieamj = 0.6 * FCGH4J- (6.8)
ngj =f ( FCGH4J-) (6.9)

Equation 6.9 stated that the required oxygen flowrate is a function of methane flowrate. In order
to produce the required syngas ratio, we need to generate O, and CH, flowrate data from the
simulation and get different syngas ratio values by changing oxygen flowrate for a given
methane flowrate. Then, by plotting syngas ratio vs O2 flowrate, we can find the right value of
O, that corresponds to a syngas ratio of 2. Also, the simulator sensitivity analysis modeling

option can be used for this purpose as shown in Figure 6.2.

Oxygen flowrate sensitivity analysis

3 ——H2/CO
=@—(H2-C02)/(CO+CO2)

2.5
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Syngas ratio

0.5

0 10000 20000 30000 40000 50000 60000 70000 80000 90000
0, molar flowrate, kmol/hr

Figure 6.2 Sensitivity analyses for oxygen flowrate.
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For j=SMR, the overall material balance is given in equation (6.10)

FC(;H4J+FSGt€am] =FP?2]+FCGO]+FCGOZJ (610)

FsGteamj = f( FCGH4]~) (6-11)

Fsgzngas = Z Z F:sg/ngasj (6.12)

meMy j €/,

Furthermore, the produced syngas is distributed among the candidate receiving units namely,
hydrogen unit (R), FT synthesis unit (K), and methanol synthesis unit (L) as shown in equation
(6.13). Again the exact FS,,,s fed to three units namely, hydrogen production unit (R), FT
synthesis unit (K), and methanol synthesis unit (L) is an optimization variable. Yet the lower

bound value is set for the three units to ensure that all units receive syngas flowrate.

Esgmgas,- = Fs};ngas]- + F:slj{/ngasj + Fsgmgasj (6.13)
FS‘};/TlgaSj =Ff +F& + Fboo (6.14)

Because we need to select just one hydrogen production from the different available

technologies, we have the following constraints shown in equations (6.15) and (6.16),

Z z Xffn =1 R = hydrogen production block (6.15)

MEMR jEJR
Where, Jr = {set of hydrogen production technologies} and

My = {set of operating mode for hydrogen production technologies}
Xﬁn = 1if technology j is selected at a specific operating mode, m.

= 0 otherwise

U ]
Fs}j?/ngasj = X;?m * Fsgzngas V jE€Jpm € Mg (6.16)
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In a similar fashion for FT and methanol syntheses, we have the following constraints shown in
equations (6.17) and (6.18) for FT synthesis and equations (6.19) and (6.20) for methanol

synthesis,

Z Z X =1 K = FT production unit (6.17)

MEMg jEJk
Where, Jx = {set of FT production technologies} and
My = {set of operating mode for FT production technologies}

X}fn = 1if technology j is selected at a specific operating mode, m.

= 0 otherwise

U ,
Fongas; < Xl * Fiyngas ¥ j€Jpm €My (6.18)
Z Z X]-Lm =1 L = methanol synthesis unit (6.19)
meMy jEjL

Where, ], = {set of methanol synthesis technologies} and
M; = {set of operating mode for methanol synthesis technologies}
Xﬁn = 11if technology j is selected at a specific operating mode, m.

= 0 otherwise

FsLyngasj = X]Lm * stj;rl{gas Vje],meM, (6.20)
Hydrogen from unit R, as shown in (6.21)

Fya =f (Fjsyngasj) (6.21)

Equation 6.21 stated that the produced hydrogen flowrate is a function of syngas flowrate and
selected syngas technology. The rich methane stream fed to liquefaction unit, FZ,, is compressed
and cooled down to -160 C. Now, this stream is in a liquid form but with nitrogen content,
FC’H4(1)_N2 , and is sent to N, rejection unit to reject N2 stream and get LNG stream, F;y. as

shown in equation (6.22)
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Féya = Fyz + Fung (6.22)

Z Z lefn =1 H = liquefaction unit (6.23)

meMy j€lu
Where, J; = {set of liquefaction technologies} and

My = {set of operating mode for liquefaction unit technologies}
lefn = 1if technology j is selected at a specific operating mode, m.

= 0 otherwise

Fing; < Xl * Fine Vj€J,meMy (6.24)

Equations (6.25) to (6.31), give the overall material balances around unit (M) and unit (N),

Fify + F§ + Ffos = Fyneruge +  Fsater (6.25)
Fiip + Féo + Féoz = Frethanotcrude + Fiater (6.26)
Frethanot = Frlﬁethanol_crude — Flater (6.27)
FLA;I)G = sfy * Fslgzncrude (6.28)
Fcl}\/(llsoline = sfy * slgmcrude (6.29)
Fll)véesel = Sf3 * Fslgzncrude (6.30)
Fax = Sfa * Fiymerude (6.31)

Where sf; , sf,, sfzand sfy are pre-specified selectivity factors for LPG, gasoline, diesel, and wax,
respectively.
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6.3.2 supply constraint

Consumption of methane stream through the network should not exceed the upper methane

availability limit, FY,, as shown in equation (6.32), and should be higher than the minimum

quantity fed to the network, F}y,.

L U
FCH4SFCH4 = FCH4-

6.3.3 Demand constraints

(6.32)

The annual demand constraints of network’s main products are given in equations (6.33-6.40)

Dine < Fing

DHydogen < FHydrogen

N
DMethanol < Fmethanol

M M
DLPG < FLPG

M
DGasoline < FGasoline

M
DDesiel < FDiesel

M
D Wax < F Wax

6.3.4 Capacity constraint of processing units of the network

(6.33)

(6.34)

(6.35)

(6.36)

(6.37)

(6.38)

(6.39)

Capacity constraint of main processing units of the production network are given in equations

(6.40-6.39)
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Féus + Féeam + F§2 < Fnatgas < Qgj * Xﬁn Vj€J,m €M (6.40)

Féus + Frnz < Qujx X[ Vj€J,m €My (6.41)
Ffy + F&) < Qrj* X5, Vj € Jpm € My (6.42)
Fi, + Ff) < Qe+ Xy Vi€ ], m € Mg (6.43)
Fio + Fto < Quj*Xipy Vie],,m €M, (6.44)
Fiyncruge + Faater < Qgj * Xim Vi€ [y, m €My (6.45)
Frethanotcrude + Fiyater < Qcj * Xfm, Vi€ ]y, m €My (6.46)

where Q;;, denotes the upper capacity limit for unit processing i (i=G,H,l,R,K,L,M, and N) for technology

J-

6.3.5 Non negativity constraint

All variables are positive

6.3.6 Objective function

The objective of the proposed optimization model is to maximize the annual profit of production
network. The total production cost is represented by an annualized capital cost, variable annual
operating costs, and fixed annual operating cost of major units for example units (G-N) plus the
annual cost of methane stream usage. It is assumed that capital costs are amortized over the

lifetime of the project life of 20 years with 10% as a compound interest rate.

Annual revenue is calculated as the sum of all product sales minus processing cost
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maximize annual profit

=Zspp.Fp—an.ch—ZZZACQ*X}m
i m j

) CH4

_ z z z A0C; + XL, Vi,m, k, CH4, j (6.47)
i m j

Where,
Spyis the selling price of each network products
np is natural gas feedstock price

ACC; = amoritzed capital cost for technology

AOC; = annual operating cost for technology |

6.4 Case Study

An illustrative case study is presented to show the applicability of the overall framework and
formulated model presented in the previous sections. Different rigorous simulations of the
production network pathway were carried out using Aspen Plus to obtain surrogate models or
appropriate yield equations for the production flowrate. The main key processing units such as
syngas preparing unit (G), liquefaction unit (H), N2 rejection unit (1), hydrogen unit (R), FT
synthesis unit (K), methanol synthesis unit (L), FT upgrade unit (M), and MeOH upgrade unit
(N) are considered. The methane stream comes from NGL recovery unit (E) with a specific
flowrate and operating conditions is used in our analysis. The cost data represented in the case

study are based on ICARUS software output and open-source data.
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We present below the results of some of the simulation scenarios. Different percentage values for
methane utilization considering different utilization production processes such as LNG, GTL,
and methanol are considered. For example, 100%, 70%, 50%, and 30% of methane stream is
utilized. First, we assume that LNG is the most promising option and 100%, 70%, 50%, and 30%
of methane stream is utilized to produce just LNG. Table 6.1 shows the total capital cost, total
operating cost, total utilities cost, yield values, and objective function values for each planning

mode considering LNG production.

Table 6.1 LNG different planning mode results.

LNG 100% 70% 50% 30%
Total Capital Cost, $ 1.845E+07 1.43E+07 | 1.16E+07 | 8.90E+06
Amortized capital cost, $/yr 2.24E+06 1.74E+06 | 1.42E+06 | 1.08E+06
Total Operating Cost, $/yr 2.481E+09 1.74E+09 | 1.24E+09 | 7.45E+08
Total Utilities Cost, $/yr 2.296E+09 1.61E+09 | 1.15E+09 | 6.89E+08
Desired Rate of Return, %/yr 10 10 10 10
lifetime of the project, yr 20 20 20 20
LNG mass flow rate, kg/h 1128350.68 789845.48 | 564175.3 338505.2
LNG yield 0.882273667 | 0.6175916 | 0.441137 | 0.2646821
objective function, $ 1.96E+09 1.34E+09 | 9.26E+08 | 5.11E+08
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Second, we assume that methanol is the most promising option and 100%, 70%, 50%, and 30%
of methane stream is utilized to produce just methanol. Table 6.2 shows the total capital cost,
total operating cost, yield values, and objective function values for each planning mode

considering methanol production.

Table 6.2 Methanol different planning mode results.

Methanol 100% 70% 50% 30%

Total Capital Cost, $ 4.48E+07 | 3.37E+07 | 2.50E+07 | 1.93E+07

Amortized capital Cost, YT | ¢ jee o5 | 4.10E+06 | 3.04E+06 | 2.35E+06

Total Operating Cost, $/yr 7.15E407 | 5.85E+07 | 5.04E+07 | 4.23E+07

Total Utilities Cost, $/yr 6.20E+07 | 5.06E+07 | 4.34E+07 | 3.62E+07

Desired Rate of Return, %/yr 10 10 10 10

lifetime of the project, yr 20 20 20 20

Methanol mass flowrate, kg/h | 688052.861 | 481614.89 | 344010.6 | 206406.38

Water mass flowrate,kg/h 479.91334 | 335.93837 | 239.956 | 143.97359

Methanol Yield 0.667163311 | 0.4669929 | 0.333566 | 0.2001398

objective function, $ 1.10E+09 | 8.45E+08 | 5.68E+08 | 2.91E+08
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Third, we assume that GTL is the most promising option and 100%, 70%, 50%, and 30% of
methane stream is utilized to produce just FT products. Now, for FT process we have two
distinct operating options such as LTFT and HTFT. Table 6.3 and Table 6.4 show the total

capital cost, total operating cost, total utilities cost, yield values, and objective function values

for each planning mode considering LTFT and HTFT production, respectively.

Table 6.3 GTL (LTFT) different planning mode results.

GTLLTFT 100% 70% 50% 30%
Total Capital Cost, $ 8.64E+07 | 6.41E+07 | 4.40E+07 | 3.04E+07
Amortized capital cost, $/yr 1.05E+07 | 7.80E+06 | 5.35E+06 | 3.70E+06
Total Operating Cost, $/yr 3.16E+07 | 2.20E+07 | 1.62E+07 | 1.06E+07
Total Utilities Cost, $/yr 2.43E+07 | L70E+07 | 1.17E+07 | 6.96E+06
Desired Rate of Return, %/yr 10 10 10 10
lifetime of the project, yr 20 20 20 20
LPG mass flowrate, kg/h 12850.0323 | 4471.2343 | 2724.718 | 2395.3593
Gasoline mass flowrate, kg/h 83664.4917 | 57695.939 | 41179.17 | 27772.542
Diesel mass flowrate, kg/h 162909.448 | 114611.64 | 76506.51 | 40225.929
Wax mass flowrate, kg/h 610755.817 | 443272.05 | 310537.7 | 188175.01
Water mass flowrate, kg/h 65799.166 | 34693.161 | 32462.11 | 19477.269
LPG Yield 0.0124599 | 0.0043355 | 0.002642 | 0.0023226
Gasoline Yield 0.081124405 | 0.0559443 | 0.039929 | 0.0269294
Diesel Yield 0.157963454 | 0.111132 | 0.074184 | 0.0390047
Wax Yield 0.592213035 | 0.4298141 | 0.30111 | 0.1824619
objective function, $ 1.78E+09 | 1.40E+09 | 9.35E+08 | 5.13E+08
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As can be observed from above tabulated results, that 1.96E+09, 1.10E+09, 1.78E+09, 1.86E+09
are the objective function values (profit) for 100% utilization mode of LNG, methanol, LTFT,
and HTFT, respectively. However, by inspection many other combination will results in a higher
profit such as (70%LNG, 30% HTFT) results in $ 2.82 E+09, (70% HTFT, 30% LNG ) mode
results in $ 2.47E+09 and (50% LNG, 50%HTFT) combination results in $ 2.33 E+09 and so on.
So, there is a combination of utilization modes resulting in a higher objective function value and

we will use the formulated MILP model for this purpose to find the optimal combination.

Table 6.4 GTL (HTFT) different planning mode results.

GTL HTFT 100% 70% 50% 30%
Total Capital Cost, $ 9.05E+07 | 5.77E+07 | 4.72E+07 | 3.44E+07
Amortized capital cost, $/yr 1.10E+07 | 7.02E+06 | 5.74E+06 | 4.18E+06
Total Operating Cost, $/yr 456E+09 | 1.51E+09 | 1.15E+09 | 9.23E+08
Total Utilities Cost, $/yr 417E+09 | 1.40E+09 | 1.06E+09 | 8.52E+08
Desired Rate of Return, %/yr 10 10 10 10
lifetime of the project, yr 20 20 20 20
LPG mass flowrate, kg/h 67897.6575 | 308035.15 | 202597.2 | 205456.65
Gasoline mass flowrate, kg/h 308035.145 | 223772.38 | 136950.1 | 137400.18
Diesel mass flowrate, kg/h 202597.181 | 158931.39 | 103560 94116.642
Wax mass flowrate, kg/h 205456.651 | 77533.101 | 50212.7 | 47775.874
Water mass flowrate, kg/h 124744.604 87321.223 | 62504.02 | 61502.146
LPG Yield 0.065836258 | 0-2986831 | 0.196446 | 0.1992189
Gasoline Yield 0293683079 | 02169786 | 0.132792 | 0.1332287
Diesel Yield 0196446252 | 0-1541062 | 0.100416 | 0.0912592
Wax Yield 0.199218908 | 0-0751792 | 0.048688 | 0.0463254
objective function, $ 2.82E+08 | 1.96E+09 | 1.41E+09 | 1.48E+09
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6.4.1 Planning using formulated MILP model (Economic)

In this section, we show the benefits of the developed model in helping us select and find the
optimal production pathway. Based on the different yields obtained for different products, and
different capital and operating costs for each utilization option. The formulated model was
applied on the production network.The formulated MILP has 24 variables with 4 integer
variables and 39 constraints. It has been solved in LINGO 14.0 version with branch and bound
solver type. The ouput of LINGO programming code can be found in Appendix C1. It was
found™ that $ 4.20 E+09 is the optimal annual profit as defined by the objective function. The
optimal solution selects methanol and HTFT combination with 196079 kg/h and 1003921 kg/h as
a utilized methane stream. This is (16%methanol, 84%HTFT) as a combination mode. The
optimal results such as product flowrate values are 130817, 66094, 299854, 200000, 200784

kg/h for methanol, LPG, gasoline, desiel, and wax, respectively.

6.4.2 Planning using formulated model (Sustainable)

In this section, we consider the environmental impact as another equally important aspect besides
the economic objective while designing the production network. The environmental impact
represented by CO, or COgyq are incorporated in the analysis. The CO,q values for each
utilization mode is obtained for the ASPEN Plus simulator. ASPEN Plus reports greenhouse gas
(GHG) emissions in terms of CO2 equivalents of global warming potential (GWP) for the
streams based on data from three popular standards, the IPCC’s 2" (SAR), the 4™ (AR4)
Assessment reports, and the U.S. EPA’s proposed rules from 2009. The greenhouse gases are
namely Carbon dioxide, Methane, Nitrous oxide, Hydrofluorocarbons, Perfluorocarbons, Sulfur

hexafluoride, and Nitrogen triflouride. We consider in our analysis the standard carbon cost as $
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40 per tonne of CO2 equivalent emitted for the base case (British Petroleum, 2014). Then,
different carbon prices such as $20 (low), and $80 (high) are considered to address possible
foreseeable scenarios. Table 6.5 shows the CO2 equivalent values in tons/yr for different

utilization options considering SAR standard.

Table 6.5 CO2 equivalent values in tons/yr for different utilization options.

100% 70% 50% 30%

LNG 0.01471095 -1.23E+07 _1.21E+08 -1.69E+08
Methanol _1.14E+04 7.95E+03 5.68E+03 -3.41E+03
LTFT 3.94E405 1.57E+405 1.96E+05 1.17E+405
HTFT 1.94E+06 1.36E406 9.72E405 9.95E405

Now, the process with positive values will be discredited for carbon equivalent cost and a
negative cost will be shown in their profit equation as they are emitting GHG according to their
corresponding ASPEN Plus flowsheet. Whereas, the process with negative values will be
credited for carbon equivalent cost and a positive cost will be shown in their profit equation as
their output product streams are emitting less CO2 equivalent than their inputs streams according
to their corresponding ASPEN Plus flowsheet. After incorporating carbon equivalent cost value
of $ 40 per ton emitted, it was found" that $ 4.165E+09 is the optimal annual profit as defined by
the objective function. The optimal solution still selects methanol and HTFT combination with
196079 kg/h and 1003921 kg/h as a utilized methane stream. This is (16%methanol, 84%HTFT)

as a combination mode. Furthermore, we found that $4.183E+09 and 4.127E+09 are the optimal
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annual profit for $20 and $80 per ton emitted, respectively. The output of LINGO programming

code can be found in Appendix C2.

6.5 Conclusions and Future work

A novel natural gas production unit has been synthesized and analyzed. ASPEN Plus simulation
package showed to be beneficial in calculating mass and energy balances accurately and finding
the different yield equations. Then, the developed comprehensive mixed-integer linear
programming (MILP) model has been implemented for the design and optimization of natural
gas production network. By inspection, there was a combination of utilization modes resulting in
a higher objective function value and the formulated MILP model was used for this purpose to
find the optimal combination. We addressed the problem from two aspects, first the pure
economic model resulted in $ 4.20 E+09 as the optimal annual profit defined by the objective
function and (16 % methanol, 84 % HTFT) as a combination mode. Then, we incorporated
carbon equivalent cost values in the objective function. For $ 40 per ton emitted, and we found®
that $ 4.165E+09 as the optimal annual profit. The optimal solution still selects methanol and
HTFT combination with 196079 kg/h and 1003921 kg/h as a utilized methane stream. This is
(16 % methanol, 84 % HTFT) as a combination mode. Furthermore, we found that $4.183E+09

and 4.127E+09 are the optimal annual profit for $20 and $80 per ton emitted, respectively.
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7. CHAPTER SEVEN

SUSTAINABILITY ASSESSMENT OF
NATURAL GAS NETWORK

7.1 Introduction

Recently, sustainability has emerged in process system engineering (PSE) as a key issue.
Many definitions are available to define sustainability. However, the most widely known
definition of sustainable development, which has been used as the basis for many definitions, is
that given in the Brundtland Report (Brundtland, 1987): ‘Sustainable development is
development which meets the needs of the present population without compromising the ability
of future generations to meet their own needs’.

Many researchers emphasized the importance of chemical engineers to contribute in
sustainability development. The contributions that the chemical engineers have made in the last
20 years or so, are recognizable by the diversity of activities that engages chemical engineering
profession (Batterham, 2003).

Sustainability requires a new generation of engineers who are trained to adopt a holistic view of
processes by considering interactions among industrial processes, human and ecological systems.
Therefore, the quest for sustainability requires research and educational innovation and advances
in engineering, economics, and sociology in a coherent manner (Bakshi & Fiksel, 2003).
Traditionally, chemical engineers are known for designing and operating processes with the
focus on material utilization, cost and safety. For over a couple of decades, chemical engineers
have been incorporating environment concerns into process design and operation in terms of

sustainability (Batterham, 2003, 2006).
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Sustainability can be seen from different hierarchies or levels. For example, Batterham
(Batterham, 2006) highlighted that five levels are required to create a connecting path between

global and individual activities:

Level 1: Global objectives.

Level 2: Industry strategy.

Level 3: Enterprise targets.

Level 4: Specific projects.

Level 5: Individual actions/measured outcomes.

And the new sustainable chemical engineering needs to engage in issues such as greenhouse gas
(GHG) reduction (level 1) rather than just modelling system (level 4) and process measures and
analysis (level 5).

Moving next to the aspects or dimensions of sustainability, researchers have attempted to
measure improvements in terms of three groups of metrics corresponding to the three main
aspects of sustainability: ecological metrics, economic metrics, and sociological metrics. Two
classes of metrics or indicators are used to indicate the state and performance of the system.
State metrics of a system are known as content indicators and those that measure the behavior of
a system, are known as performance indicators (Sikdar, 2003). The metrics measure only one
aspect of the system, are refereed to one-dimensional (1-D). The metrics attempts to measure 2-
D aspects are refereed to 2-D metrics as shown in Figure 7.1 and belonging to the interactions of
any two aspects of sustainability. Thus, we can identify eco-efficiency metrics, socio-ecological
metrics, and socio-economic metrics. The 3-D metrics obtained from the intersection of all three
aspects, are called true sustainability metrics.

These seven types can be summarized below (Sikdar, 2003):
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Group 1 (1-D): economic, ecological, and sociological indicators

Group 2 (2-D): socio-economic, eco-efficiency, and socio-ecological indicators

Group 3 (3-D): sustainability indicators

Five basic indicators of sustainability are:

Material intensity: Material intensity is expressed as pounds of material wasted (not
converted to desirable product) per unit output. This metric is calculated by subtracting
the mass of product and saleable co-products from the mass of raw materials input to the
process.

Energy intensity: Energy intensity is expressed as Btus per unit output. It is a measure of
the net fuel-energy consumed to provide the heat and power requirements for the process.
Water consumption: Water consumption is expressed as gallons of fresh water, excluding
rainwater, consumed per unit output.

Toxic emissions: Toxic emissions are expressed as pounds of toxic material emitted by
the process per unit output.

Pollutant emissions: are expressed as pounds of pollutants emitted by the process per unit
output.

Greenhouse gas emissions: are expressed as pounds of carbon dioxide equivalents

emitted per unit output.
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Figure 7.1 A schematic representation of the three dimensions of sustainability.

The metrics or indicators are beneficial to assess the system or process sustainability aspects. For
example, the framework proposed by Azapagic & Perdan, (2000) contributed towards
standardization of the indicators of sustainable development for industry.
The applications of sustainability metrics (Azapagic & Perdan, 2000; Schwarz, et al., 2002)
include:

e comparison of similar products made by different companies

e evaluating of different processes

e benchmarking performance

e Tracking progress towards sustainable development

e Stacking along the supply chain

e Calculation metrics for facilities

e Calculating metrics with other tool
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7.2 Literature review

In this section, we will present the published works addressing sustainability metrics in industrial
processes, and in particular in chemical processes. As mentioned earlier, sustainability has been
gaining popularity in chemical engineering education and practice (El-Halwagi, 2012).
Figure 7.1 shows the trend in the number of publications from early 1990 to 2014 when we use
key words “sustainability chemical engineering” in the search engine Scopus with 425 as a total

number of documents.

Al-Sharrah, et al., (2001) developed a planning model for petrochemical Industry with an
environmental objective. They formulated and presented a mixed-integer programming model of
a petrochemical network. The objective was to quantify the sustainability by incorporating added
value and the health index. The two objective functions representing sustainability were the
added value and the health index. Also, the multi-objective optimization technique provides the
design engineer and industrial planner a powerful mathematical tool for designing and operating

large scale chemical processing systems subject to economic and environmental constraints.

Martins, et al., (2007) presented the application of a new framework for sustainability metrics to
industrial processes, in particular, to chemical processes. The four 3D metrics proposed in their
works namely, material intensity, energy intensity, potential chemical risk, and potential
environmental impacts are applicable to a wide range of process systems. The implementation of
the framework on two example; chlorine production process using three different alternatives
(membrane, diaphragm, and mercury cells), and the separation of an acetone/chloroform mixture
by two different solvents (benzene and methyln-pentyl-ether) showed that this framework can be

effective in selecting the more-sustainable process by comparing process alternatives. Also, they
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highlighted that a decision can be made by considering only the 3D metrics first, and if needed,

extend the consideration to 2D and, eventually, 1D metrics.
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Figure 7.2 Trend in the number of publications addressing sustainability and chemical
engineering from early 1990 to 2014.

Carvalho, et al., (2008) presented a generic and systematic methodology for identifying the
feasible retrofit design alternatives of any chemical process. The methodology helps in
determining a set of mass and energy indicators from steady-state process data. Also, it helps
establishing the operational and design targets, and identifying the design alternatives that can
match a set of design targets through a sensitivity-based analysis. The importance of this
indicator based method is that it is able to identify alternatives, where one or more performance
criteria (factors) move in the same direction thereby eliminating the need to identify tradeoff-

based solutions.
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Tugnoli, et al., (2008) developed a procedure consisting of four main operative steps for the
quantitative assessment of key performance indicators suitable for the sustainability analysis of
alternative processes, mainly addressing the early stages of process design. The overall
(aggregated) index calculated by the weight factors is mainly influenced by the differences in the
inherent safety and environmental impact of the different processes, such as, the less sustainable
process, having an overall impact more than three times higher with respect to the other
processes. They concluded that the application of the developed methodology provides useful
insights to address sustainability issues in a decision making process during the early process
design stage, addressing both the selection of process technology and the early identification of

expected critical impacts.

Tugnoli, et al., (2011) developed a procedure based on the systematic development of a “‘tree of
impacts’® for the sustainability analysis of design options in the early stages of process
development (conceptual and basic design). It provided a comprehensive set of key performance
indicators, dynamically defined according to the impact issues of concern for the process. The
procedure was applied to industrial production of cyclohexanone, with the sustainability

assessment of three alternative design options.

Zheng, et al., (2012) presented a methodology to assist reaction pathway selection at the
conceptual design stage from sustainability context. The sustainability of each reaction pathway
is assessed in terms of profit potential, driving force of the pathway (Gibbs free energy), inherent
safety index, potential environmental index, and atom economy. The sustainability performance
of different potential reaction pathways is evaluated, which help systematically the designers

improve the screening efficiency by eliminating inferior reaction alternatives, and identify the
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key areas for further improvement in future design, thus reducing the complexity and labor in the

following basic engineering design stage.

7.3 Problem statement

Although natural gas is considered as the cleanest primary fossil fuel and accordingly its
processing and production system as the cleanest system among the other systems like oil and
coal, it is not zero-emission system. The aim of this chapter is to address the sustainability
dimensions of natural gas processing and production network. The natural gas network that
consists of LNG, GTL, and methanol facilities shown previously, is considered for analysis.
Given the synthesized and simulated natural gas processing and production network, it is desired
to assess the sustainability metrics for different manufacturing processes. The use of process
simulators (such as CHEMCAD, Aspen Plus, HYSYS, and PRO/II) is useful at this platform.
The performance indicators, mostly concerned with the means of improving the sustainability
characteristics of a system are considered. There is no a specific number of metrics that could be

judged as sufficient, but the following four metrics prove to be enough.

The metrics will provide means for comparing

e Resource consumption
e Energy consumption
e Water consumption

e Pollution emissions
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7.4 Case studies

7.4.1 Case study 1

After analyzing each production alternative performance by calculating mass and energy
balances to determine the impacts from the alternative of the natural gas processing and
production network, it is desired to assess the sustainability metrics. ASPEN Plus simulation
package is used to calculate accurately mass and energy balances. Evaluating and comparing the
process performance is done through metrics that measure the economic worth, environmental
impact, societal value, and so on need to be calculated for comparing the alternatives. The uses
of the metrics as indicators of sustainability will help to evaluate the relative performance of
production processes in terms of impact per unit output. We will use the simple rule that
indicates that the lower the metric the more effective the process. A lower metric indicates that
either the impact of the process is less (the numerator is smaller) or the output of the process is
more (the denominator is larger). Material intensity index, energy intensity index, water
consumption, and pollution emissions metrics are used to assess the network’s performance.
Table 7.1 gives the metrics values for LNG, GTL, and methanol production processes. For
material intensity metrics, the simulated values for products and losses for the base case shown
in Table 4.3 are considered. LNG process shows to be better in terms of material consumption
with 0.228856 Ib per pound of product index. In other words, less wasted materials are produced
from LNG process. GTL and methanol processes have 1.163492 and 0.814444 as material
intensity index, respectively. Clearly, the GTL and methanol processes have higher indexes.
Both, the wasted produced water and CO, emission are responsible for this high values. For

energy intensity metrics, the input energy for key processing units obtained from the ASPEN
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Plus simulation are considered. It was found 0.05783, 0.0933, 0.11053 MMBtu per pound of
product for LNG, GTL, and methanol processes, respectively. All the processes have zero water
consumption indexes, because the fresh water is not used as input feed to produce products.
However, water is produced as wasted stream and used in other utility applications. The reader is
referred to (Gabriel et al., 2014) for targeting of the Water-Energy Nexus in Gas-to-Liquid

Processes.

Finally, the CO.q is evaluated for all processes. CO,¢q Values are obtained from the Aspen Plus
simulation package in terms of Ib produced. Then, the CO.q is calculated and found to be
0.0000, 36.7978, 25.524 Ib per pound of product for LNG, GTL, and methanol processes,

respectively.

Table 7.1 Metrics for comparing LNG, GTL, and methanol production processes.

Product LNG GTL Methanol
(Production Per pound of Per pound of Per pound of
Process) product product product
Material Ib 0.228 0.909 0.814
Energy MMBtu 0.058 0.0933 0.111
Water gal 0.0000 0.0000 0.0000
CO2q Ib 0.0000 36.798 25.524
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7.4.2 Case study 2

The Acid Gas Removal Unit, unit (B) is revisited. The three operating modes of amine system

are considered for analysis. Since the metrics calculations helps in benchmarking process

performance and evaluating of different processes, we will consider acid gas removal for

sustainability assessment. For example, three different operating modes are available for unit

(B). In the first configuration, MDEA is used only to absorb CO; and H,S to the desired level, in

the second configuration, a mixed amine solution of MDEA and DEA is used and in the third

configuration, two absorbers are used, MDEA is used in the first absorber column and DEA in

the second absorber.

Sweetgas

MDEA lean
amine

—
Sour gas

Absorber

I% Rich

amine

Scheme (A)

Figure 7.3 Three operating schemes for acid gas removal unit.
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Table 7.2 Metrics for comparing scheme B and C for acid gas removal unit.

‘Amine  Unit ~ SchemeA ~ SchemeB SchemeC
system Per pound of sweetgas Per pound of sweetgas Per pound of sweetgas
Material Ib 0.038 0.110 0.305
Energy MMBtu 1.23E-04 0.001 0.005
Water Ib 1.383 0.875 2.512
CO2¢q Ib -1.31E-03 9.68E-03 0.028

Again, material intensity index, energy intensity index, water consumption, and pollution
emissions metrics are used to benchmark and evaluate the three schemes. Table 7.2 gives the
metrics values for scheme A, scheme B, and scheme C. It seems that scheme A is the superior in
terms of sustainability metrics, however, since it does not meet the H,S specification level, we
need to exclude it from the comparison. Now the comparison is between scheme B and scheme
C. For material intensity metrics, scheme B has 0.110lb per pound of sweetgas product index.
For energy intensity metrics, the input energy for absorber and stripper processing units obtained
from the ASPEN Plus simulation are considered. It was found 0.001, 0.005, 0.11053 MMBtu per
pound of product for scheme B and scheme C, respectively. Scheme B has a lower water
consumption index. Similarly, it has a lower COyq index. To conclude, scheme B is the best
configuration in terms of sustainability and sustainability evaluation results are on agreement

with the mathematical model results.
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7.4.3 Case study 3

Two distinctive classifications of FT reactor designated as low temperature Fischer Tropsch
(LTFT) and high temp Fisher Tropsch (HTFT) are used in industry. The uses of the metrics as
indicators of sustainability will help to evaluate the relative performance of each process in terms

of impact per unit output. Table 7.3 shows the sustainability metrics od each process.

Table 7.3 Metrics for comparing LTFT and HTFT production processes.

Product Unit LTFT HTFT
(Production Process) Per pound of product Per pound of product
Material Ib 0.175 0.304
Energy MMBtu 0.0003 6.0838E-05
Water gal 0.000 0.000

CO2q Ib 0.047 0.257

For material intensity metrics, LTFT has 0.175 Ib per pound of products index, whereas, HTFT
has 0.304 Ib per pound of products index. For energy intensity metrics, the input energy for both
LTFT and HTFT reactors are obtained from the ASPEN Plus simulation. It was found 0.0003,
and 6.0838E-05 MMBtu per pound of product for LTFT and HTFT, respectively. Now, HTFT
has a lower energy index. Both have a zero water consumption index, since water is not used and
consumed for production. Finally, LTFT has a lower CO,q index of 0.047. This example
presents a different case when not all metrics are lower for one process and other judgement

criteria are needed to get a fair evaluation.
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7.5 Conclusions

For each production process alternative, the four 3D metrics previously identified and discussed
were calculated. All intensity metrics were estimated directly from the results obtained from the
simulation for the process alternatives. The energy intensity, which is the consumption of energy
in MMBtu per pound of product produced, was determined to be 0.05783, 0.0933, 0.11053 for
LNG, GTL, and methanol processes respectively. For material intensity index, LNG process was
shown to be better in terms of material consumption with 0.228856 Ib per pound of product
produced. GTL and methanol processes have 1.163492 and 0.814444 as material intensity index,
respectively. All the processes have zero water consumption indexes, because fresh water is not
used as input feed to produce products. The COzq is calculated and found to be 0.0000, 36.7978,
25.524 b per pound of product for LNG, GTL, and methanol processes, respectively. Clearly,
the strategic planning of the natural gas production network directs us of the consideration of
CO; emissions targets and polices which implies that both the economic and environmental
criteria will provide better information and understanding for decision-making processes. Also,
the consideration of water management will help improve significantly the performance of the
network. To conclude, the sustainability metrics can be applied on overall network to benchmark
the performance as was shown in example 1 or can be applied on processing units as was shown
in examples 2 and 3. The insights obtained from sustainability evaluation and formulated

mathematical models showed to be in agreement.
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8. CHAPTER EIGHT:

CONCLUSIONS AND FUTURE WORK

In this chapter we provide the key findings of this dissertation and mention some

recommendations for future work.

8.1 Conclusions

Global concerns and stringent environmental regulations, all motivate looking for alternative
fuels and even prioritizing among available ones. Hence, natural gas with its abundance and
relatively cheap prices has a clear advantage and will definitely maintain its 23% contribution of
global energy demand. A framework for the design, synthesis, analysis, and planning of a natural
gas processing and production network has been developed. Simulation and optimization
techniques were applied sequentially to a network of gas processing and production plants,
consisting of LNG, GTL, and methanol facilities. Furthermore, the developed framework has a
general sense that can be applied also into different processing and production networks such as
paper and pulp, oil refinery, or petrochemical industries. A novel natural gas processing and
production network has been synthesized for analysis and optimization. A well know process
simulation package, ASPEN Plus, is used to rigorously simulate and evaluate the initial design of
the key processing units of selected production facilities namely, LNG, GTL, and Methanol. A
steady state simulation helped to determine accurately mass and energy balances, operating
conditions, and equipment specification. The simulations' flowsheet beneficially provides
important aspects of decision making process, for example, determining accurate product yields

and natural gas feedstock requirements, capital and operating cost estimates (using Aspen's
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Economic Analyzer) linked to plant capacities, environmental impacts in terms of quantified
emissions, etc. The yields and costs obtained from the simulations are then used as inputs for the
optimization step. An operational LP model showed to be helpful to optimize the processing and
production network and to address the variation and changes. It also evaluates the processing and
production network over a wide range of forecasted economic changes such as in gas market
prices, product prices, and so on with the objective function set to maximize profitability. The
initial network is expanded further into a superstructure that consists of multiple technologies,
process operating conditions, and so on. A mixed-integer linear optimization model is formulated
to select optimally the sustainable processing and production routes among different available
utilization pathways, multiple technologies, and process operating conditions that maximize the
annual profit. Trade-offs between material consumption, energy usage, and environmental
impact are assessed by the sustainability metrics. Sustainability metrics showed to be helpful to
benchmark the performance of production network and highlight the opportunities for process

improvement.
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8.2 Future work

Although this research addresses the natural gas processing and production network in a

comprehensively integrated manner, still some related work seem promising for further

investigation, these include:

Address other components of the supply chain, for example different transportation and
storage modes of natural gas supply chain not just the processing and production network
of selected utilization options, in particular, the transportation component. Different
transportation modes are available and transportation plays a very important role in
selecting the appropriate processing and production mode.

Optimal percentage from the feedstock for power generation (i.e., electricity demand) and
as fuel for running the processing facilities in the network. Polygeneration energy
systems are considered to be superior to conventional stand-alone processing plants. This
will result in improvements in three aspects (Liu et al., 2009) (1) Energy efficiency: the
overall energy utilization of a polygeneration plant is expected to be higher than the
overall efficiency of stand-alone plants, producing the same products, (2) Alternative
fuels and energy carriers: chemical products produced by a typical polygeneration system
can be used as substitutions for traditional liquid fuels; for example, methanol for
gasoline, DME for diesel oil. Hydrogen can also be a product and (3) Cost-effective
emissions reduction: the large-scale of polygeneration energy systems is expected to
result in cost-effective solutions for the implementation of CO; capture due to economy

of scale.
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As the sustainability assessment showed and suggested, more studies are needed to
address the environmental aspect such as CO, and water management, and this represents
the significant losses stream from the production processes. Also, energy losses in the
case of LNG. Thus, sustainability index should be considered in the optimization model.
Multi-objective optimization has the potential to further refine the optimization model.
Expand the network by considering either more promising utilization options such as gas
to solid (hydrate) and gas to chemical, gas to petrochemical or further process current
network’s products to more valuable or demanding end product for example, gasoline
from methanol (MTG), DME as diesel oil alternative, and so on.

Address the variation in natural gas composition by stochastic modeling techniques to
show its effect on the network performance and the optimal current configuration.
Strategic planning of the network by considering the multi-period optimization technique

to address the variation of demand and supply with time.
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APPENDIX A

APPENDIX Al
The out file for LINGO can be expressed as follows,

The following are the results of the optimal solution.

Global optimal solution found.

Objective value: 219037.5
Infeasibilities: 0.000000
Total solver iterations: 2
Elapsed runtime seconds: 0.05
Model Class: LP
Total variables: 25
Nonlinear variables: 0
Integer variables: 0
Total constraints: 81
Nonlinear constraints: 0
Total nonzeros: 128
Nonlinear nonzeros: 0
Variable Value Reduced Cost
SULFUR3 30000.00 0.000000
ETHANE3 70000.00 0.000000
LPG3 80000.00 0.000000
METHANOL 900000.0 0.000000
FIELD COND3 70000.00 0.000000
NG3 1550000. 0.000000
SULFUR2 21150.00 0.000000
ETHANE?2 70000.00 0.000000
LPG2 120000.0 0.000000
GASOLINEZ2 230000.0 0.000000
DIESEL2 180000.0 0.000000
WAX2 100000.0 0.000000
PLANT COND2 15000.00 0.000000
FIELD COND2 70000.00 0.000000
NG2 1550000. 0.000000
SULFUR1 20000.00 0.000000
LNG1 1090000. 0.000000
ETHANE1 60000.00 0.000000
LPG1 80000.00 0.000000
PLANT COND1 10000.00 0.000000
FIELD COND1 60000.00 0.000000
NG1 1550000. 0.000000
LOSSES1 230000.0 0.000000
LOSSES2 733000.0 0.000000
LOSSES3 400000.0 0.000000

Figure A1.1 LINGO output for base case.

141



If we decrease the availability of natural gas from field per day from 4,650,000 to 4,600,000 we
found the following results,

Global optimal solution found.

Objective value: 199980.5
Infeasibilities: 0.000000
Total solver iterations: 4
Elapsed runtime seconds: 0.05
Model Class: LP
Total variables: 25
Nonlinear variables: 0
Integer variables: 0
Total constraints: 81
Nonlinear constraints: 0
Total nonzeros: 128
Nonlinear nonzeros: 0

Variable Value

SULFUR3 20000.00

ETHANE3 60000.00

LPG3 80000.00

METHANOL 900000.0

FIELD_COND3 66334.34

NG3 1526334.

SULFUR2 20000.00

ETHANE?2 60000.00

LPG2 120000.0

GASOLINE2 230000.0

DIESEL2 180000.0

WAX2 100000.0

PLANT COND2 15000.00

FIELD_CONDZ 55000.00

NG2 1523666.

SULFURL 20000.00

LNG1 1090000.

ETHANEL 60000.00

LPG1 80000.00

PLANT_CONDl 10000.00

FIELD COND1 60000.00

NG1 1550000.

LOSSES1 230000.0

LOSSES2 733000.0

LOSSES3 400000.0

Figure A1.2 LINGO output for base case with 4,600,000 kg per day flowrate.

142



APPENDIX A2

In this scenario, we consider the increase in natural gas feedstock flowrate by running the
simulation for higher flowrate from 1500 to 1800 MMSCFD fed to the stabilization unit. After
1800 MMSCFD, we started to get some converge issues. So, 1800 MMSCFD is the maximum
flowrate to be fed to each processing facility. With the new higher flow rate and updated
operating and utility cost,

Global optimal solution found.

Objective value: 155946.0
Infeasibilities: 0.000000
Total solver iterations: 1
Elapsed runtime seconds: 0.03
Model Class: LP
Total variables: 25
Nonlinear variables: 0
Integer variables: 0
Total constraints: 81
Nonlinear constraints: 0
Total nonzeros: 128
Nonlinear nonzeros: 0

Variable Value

SULFUR3 20000.00

ETHANE3 60000.00

LPG3 157500.0

METHANOL 1002500.

FIELD COND3 60000.00

NG3 1800000.

SULFUR2 20000.00

ETHANE?2 60000.00

LPG2 157500.0

GASOLINE2 220000.0

DIESEL2 222900.0

WAX2 90000.00

PLANT_CONDZ 12000.00

FIELD COND2 55000.00

NG2 1800000.

SULFURL 20000.00

LNG1 1245000.

ETHANE1L 60000.00

LPG1 105000.0

PLANT7COND1 10000.00

FIELD COND1 60000.00

NG1 1800000.

LOSSES1 300000.0

LOSSES2 950000.0

LOSSES3 500000.0

Figure A2.1 LINGO output for for 5,400,000 kg per day flowrate.
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If we lower the availability of natural gas feedstock from 5,400,000 kg per day to 5,200,000 and

5,100,000 we find that the hourly net profit is $ 41,000 and $ -41,500 respectively.

Global optimal solution found.

Objective wvalue: 40943.50
Infeasibilities: 0.000000
Total solver iterations: 3
Elapsed runtime seconds: 0.03
Model Class: LP
Total variables: 25
Nonlinear variables: 0
Integer variables: 0
Total constraints: 81
Nonlinear constraints: 0
Total nonzeros: 128
Nonlinear nonzeros: 0

Variable Value

SULFUR3 20000.00

ETHANE3 60000.00

LPG3 157500.0

METHANOL 850000.0

FIELD COND3 60000.00

NG3 1647500.

SULFUR2 20000.00

ETHANE?2 60000.00

LPG2 157500.0

GASOLINE2 220000.0

DIESEL2 222900.0

WAX2 90000.00

PLANT_CONDZ 12000.00

FIELD_CONDZ 55000.00

NG2 1800000.

SULFURL 20000.00

LNG1 1197500.

ETHANE1L 60000.00

LPG1 105000.0

PLANT_CONDl 10000.00

FIELD7COND1 60000.00

NG1 1752500.

LOSSES1 300000.0

LOSSES2 950000.0

LOSSES3 500000.0

Figure A2.2 LINGO output for for 5,200,000 kg per day flowrate.
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Global optimal solution found.

Objective value:
Infeasibilities:

Total solver iterations:
Elapsed runtime seconds:

Model Class:

Total variables:
Nonlinear variables:
Integer variables:

Total constraints:
Nonlinear constraints:

Total nonzeros:
Nonlinear nonzeros:

Variable
SULFUR3
ETHANE3
LPG3
METHANOL
FIELD_COND3
NG3

SULFUR2
ETHANE2
LPG2
GASOLINEZ2
DIESEL2
WAX2
PLANT_CONDZ
FIELD_CONDZ
NG2

SULFUR1
LNG1
ETHANE1
LPG1
PLANT_CONDl
FIELD_CONDI
NG1

LOSSES1
LOSSES?2
LOSSES3

Value

20000.00
60000.00
157500.0
850000.0
60000.00
1647500.
20000.00
60000.00
157500.0
220000.0
222900.0
90000.00
12000.00
55000.00
1800000.
20000.00
1097500.
60000.00
105000.0
10000.00
60000.00
1652500.
300000.0
950000.0
500000.0

-41491.50
0.000000
3

0.03

LP

Figure A2.3 LINGO output for for 5,100,000 kg per day flowrate.
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APPENDIX A3

Scenario 3: natural gas feedstock and product prices incremental

The output file for LINGO can be expressed as follows,

Objective wvalue:
Infeasibilities:

Total solver iterations:
Elapsed runtime seconds:

Model Class:

Total variables:
Nonlinear variables:
Integer variables:

Total constraints:
Nonlinear constraints:

Total nonzeros:
Nonlinear nonzeros:

Global optimal solution found.

Variable Value

SULFUR3 20000.00
ETHANE3 60000.00
LPG3 80000.00
METHANOL 900000.0
FIELD COND3 66334.34
NG3 1526334.
SULFUR2 20000.00
ETHANE?2 60000.00
LPG2 120000.0
GASOLINEZ2 230000.0
DIESEL2 180000.0
WAX2 100000.0
PLANT COND2 15000.00
FIELD COND2 55000.00
NG2 1523666.
SULFUR1 20000.00
LNG1 1090000.
ETHANEL 60000.00
LPG1 80000.00
PLANT7COND1 10000.00
FIELD COND1 60000.00
NG1 1550000.
LOSSES1 230000.0
LOSSES2 733000.0
LOSSES3 400000.0

1339721.
0.000000
4

0.05

LP

Figure A3.1 LINGO output for for 5,400,000 kg per day flowrate.
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Objective wvalue:
Infeasibilities:

Total solver iterations:
Elapsed runtime seconds:

Model Class:

Total variables:
Nonlinear variables:
Integer variables:

Total constraints:
Nonlinear constraints:

Total nonzeros:
Nonlinear nonzeros:

Global optimal solution found.

Variable Value

SULFUR3 20000.00
ETHANE3 60000.00
LPG3 80000.00
METHANOL 900000.0
FIELD COND3 66334.34
NG3 1526334.
SULFUR2 20000.00
ETHANE?2 60000.00
LPG2 120000.0
GASOLINEZ2 230000.0
DIESEL2 180000.0
WAX2 100000.0
PLANT_CONDZ 15000.00
FIELD COND2 55000.00
NG2 1523666.
SULFUR1 20000.00
LNG1 1090000.
ETHANE1L 60000.00
LPG1 80000.00
PLANT COND1 10000.00
FIELD COND1 60000.00
NG1 1550000.
LOSSES1 230000.0
LOSSES2 733000.0
LOSSES3 400000.0

Figure A3.2 LINGO output for for 100% price increment.
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APPENDIX B

APPENDIX B1

Objective value:
Objective bound:
Infeasibilities:
Extended solver steps:

Total solver iterations:
Elapsed runtime seconds:

Model Class:

Total variables:
Nonlinear variables:
Integer variables:

Total constraints:
Nonlinear constraints:

Total nonzeros:
Nonlinear nonzeros:

Variable
FIELD_CONDlll
RG111

X111
FIELD_CONDIIZ
RG112

X112
FIELD_COND113
RG113

X113
FIELD_COND114
RG114

X114
FIELD_COND115
RG115

X115
FIELD_COND116
RG116

X116
FIELD_COND121
RG121

X121
FIELD7COND122
RG122

X122
FIELD7COND123
RG123

X123
FIELD_COND124

78

18

Value

.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
68727.00
1481185.
1.000000
.000000
.000000
.000000
.000000

eoNeoNolololololNololoNolNolNolololNelolNolNolNolNo)

o O O o
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0.2334585E+09
0.000000
0
4
0.03
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RG124

X124

FIELD COND125
RG125

X125

FIELD COND126
RG126

X126

FIELD COND131
RG131

X131

FIELD COND132
RG132

X132

FIELD COND133
RG133

X133

FIELD COND134
RG134

X134

FIELD COND135
RG135

X135

FIELD COND136
RG136

X136

NG

FIELD COND
NG11

NG12

NG13

NG14

NG15

NG16

NG21

NG22

NG23

NG24

NG25

NG26

NG31

NG32

NG33

NG34

NG35

NG36

NG43

NG53

NG63

RG

.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
1550000.
68727.00
0.000000
0.000000
0.000000
0.000000
0.000000
0.000000
0.000000
1550000.
0.000000
0.000000
0.000000
0.000000
0

0

0

0

0

0

0

0

0

1

eleoololNeoNoNoNoNoloNololololNolNoNoNolololololNelNolNolNo

.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
481185.
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APPENDIX B2

Global optimal solution found.

Objective value:
Objective bound:
Infeasibilities:
Extended solver steps:

Total solver iterations:
Elapsed runtime seconds:

Model Class:

Total variables:
Nonlinear variables:
Integer variables:

Total constraints:
Nonlinear constraints:

Total nonzeros:
Nonlinear nonzeros:

Variable
FIELD_CONDlZl
FIELD_CONDlZZ
FIELD_COND123
SWEETGAS211
SWEETGAS212
SWEETGAS213
ACIDGAS211
ACIDGAS212
ACIDGAS213
SULFUR311
SULFUR312
SULFUR313
SULFUR321
SULFUR322
SULFUR323
DRYGAS411
METHANES11
ETHANEG611
LPG611
PLANT_COND611
ETHANEG621
LPG621
PLANT7COND621
X121

X122

X123

X211

X212

X213

X311

Value

0.000000
68727.00
0.000000
0.000000
1279591.
0.000000
0.000000
201593.7
0.000000
30587.81
0.000000
0.000000
0.000000
0.000000
0.000000
1220190.
1102851.
48547 .56
56962.25
11828.52
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000

o

R ORFRr OOoORrr OOOo

66

14
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0.3940843E+10
0.3940843E+10
0.2491288E-07

0

14

1.28

MILP



X312
X313
X321
X322
X323
X411
X511
X611
X621

NG
FIELD COND
SULFUR
ETHANE
LPG
PLANT COND
METHANE
RG121
NG21
RG122
NG22
RG123
NG23

RG
ACIDGAS
SWEETGAS
RG22
RG21
RG23
AG21
AG22
AG23
AG24
AG25
AG26
TAILGAS
NGL
NGL61
NGL62

P PP OOOOoOOo

.000000
.000000
.000000
.000000
.000000
.000000
.000000
.000000
0.

000000

1550000.
68727.00
30587.81
48547.56
56962.25
11828.52
1000000.

0.
0.

000000
000000

1481185.
1550000.

0.
0.

000000
000000

1481185.
201593.7
1279591.
1481185.

0.
0.

000000
000000

201593.7

0.
.000000
.000000
.000000
0.

o O o

000000

000000

171005.9
117338.3
117338.3

0.

000000
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APPENDIX C
APPENDIX C1

Global optimal solution found.

Objective wvalue:
Objective bound:
Infeasibilities:
Extended solver steps:
Total solver iterations:
Elapsed runtime seconds:

Model Class:

Total variables: 24
Nonlinear variables: 0
Integer variables: 4
Total constraints: 39
Nonlinear constraints: 0
Total nonzeros: 85
Nonlinear nonzeros: 0

Variable Value
METHANOLO911 130816.9
X911 1.000000
LPG 66094 .39
GASOLINE 299854.1
DIESEL 200000.0
WAX 200784.2
X811 0.000000
X821 1.000000
LNG711 0.000000
X711 0.000000
CHA4 1200000.
LPG811 0.5521215E-07
GASOLINES811 0.3594774E-06
DIESELS811 0.6999656E-06
WAX811 0.2624207E-05
LPG821 66094.39
GASOLINES821 299854 .1
DIESELS821 200000.0

WAX821 200784 .2

CH4L 0.000000

CH4M 196079.2

CH4G1 0.4431187E-05
CHA4G2 1003921.

CHA4G 1200000.
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0.4202243E+10
0.4202243E+10
0.2624207E-05

0

12

0.11

MILP



APPENDIX C2

Global optimal solution found.

Objective value:
Objective bound:
Infeasibilities:
Extended solver steps:

Total solver iterations:
Elapsed runtime seconds:

Model Class:

Total variables:
Nonlinear variables:
Integer variables:

Total constraints:
Nonlinear constraints:

Total nonzeros:
Nonlinear nonzeros:

Variable Value

METHANOLO911 130816.9

X911 1.000000

LPG 66094 .39
GASOLINE 299854.1
DIESEL 200000.0

WAX 200784.2

X811 0.000000

X821 1.000000
LNG711 0.000000

X711 0.000000

CH4 1200000.
LPG811 0.5521215E-07
GASOLINES811 0.3594774E-06
DIESELS811 0.6999656E-06
WAX811 0.2624207E-05
LPG821 66094 .39
GASOLINES821 299854.1
DIESELS821 200000.0
WAX821 200784.2

CH4L 0.000000

CH4M 196079.2
CH4G1 0.4431187E-05
CHA4G2 1003921.
CHA4G 1200000.
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0.4165081E+10
0.4165081E+10
0.2624207E-05

0

12

0.05

MILP
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