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Abstract 

The oxidative dehydrogenation of propane over Mg-V-O was investigated both under 

steady-state and transient reaction conditions. Nonlinear regression analysis was used 

to compare the applicability of various mechanistic models to the steady-state data. The 

oxygen surface concentration appeared not to be in equilibrium with the gas phase; models in 

which oxygen reoxidized the catalyst improved the fit of the data. Thus, Mars-Van Krevelen 

type kinetics were supported in which propane reacts with oxygen on the catalyst surface to 

produce propene and carbon oxides. Additional steady-state data were also collected over a 

wider range of oxygen partial pressures at constant propane partial pressure. Large 

improvements in propene selectivity were observed by operation at steady-state with low 

oxygen partial pressure. These selectivity improvements could not be attributed to the 

consecutive reaction mechanism. The increased propene selectivity at lower oxygen partial 

pressure suggested the reaction mechanism included reaction pathways in which carbon 

oxides were produced either by separate surface oxygen sites whose concentration were 

dependent on the gas-phase oxygen partial pressure or by the direct reaction of gas phase 

oxygen with adsorbed propene. 

Transient responses of the reactants and products, during start-up and interruption of the 

reaction, supported Mars-Van Krevelen type kinetics. Oxygen mass balances confirmed that 

the catalyst was partially reduced during start-up of the reaction. Also, the catalyst was 

active in the absence of gas phase oxygen, at least while the catalyst contained sufficient 

oxygen. During operation of the reaction under transient conditions without gas phase 

oxygen, the propene selectivity was higher than at steady-state conditions. This was true 

even at comparable levels of conversion of the propane. Carbon mass balances indicated 

little to no carbon species accumulated on the catalyst during start-up with gas phase oxygen. 

However, temperature-programmed oxidation and desorption experiments revealed that 

significant, strongly bound carbon-containing species must be slowly deposited on the 

catalyst during steady-state reaction. During nonsteady-state reaction, without gas phase 

oxygen, weakly bound carbon species were deposited on the catalyst immediately after start­

up which could be quickly oxidized from the catalyst surface upon subsequent exposure of 

the catalyst to oxygen. 

It was found that by periodic operation of the reaction by alternate feeding of oxygen and 

propane at a l: 1 cycle split, a higher propene yield could be obtained compared to 

comparable steady-state conditions at cycle periods from about 50 to 150 s. Propene 

selectivity for periodic operation was always well above that at steady-state, due to the high 

selectivity observed without gas phase oxygen. However, it was unclear whether periodic 
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operation was superior to steady-state operation at all conditions. At low propane 

concentrations, it was found that the propene yield at steady-state conditions could also be 

improved simply by reducing the partial pressure of oxygen. Periodic operation was also 

performed without re-oxidation of the catalyst, by alternately feeding propane and pure 

helium. Under these conditions, comparison of the propene selectivity at about the same 
conversion of propane, at different degrees of catalyst reduction, indicated that the propene 

yield of the catalyst was proportional to the degree of reduction. 

On the whole, the concentration of oxygen both in the gas phase and on the surface of 

the catalyst is crucial for determining the selectivity of the reaction for producing propene. 
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I. Introduction 

1. Introduction 

Allcenes are an important feedstock for the petrochemical industry. The oldest industrial 

processes for their production are the steam cracking of higher molecular weight 
hydrocarbons such as naphtha and catalytic cracking in oil refining. Alkanes are the 

feedstocks for the newer commercial processes. They use Pt(Sn)/ AhO3 or Cr2O3' AhO3 

catalysts for direct dehydrogenation from the alkane, which in the case of propane is 

C3Hs ➔ C3H6 + H2 (1.1) 

for which .Ml= +124 kJ mor1 and AG= +86 kJ mor1 at 25°C. At 700°C, .Ml= +130 kJ 

mor1 and AG= -6.5 kJ mor1 [1,2]. This reaction is endothermic and its conversion is 
limited by thermodynamic equilibrium. Reaction temperatures in excess of 600°C are 

needed to obtain 50% equilibrium conversion of propane and for the corresponding reaction 
with ethane a temperature of 700°C is needed [3]. At these high temperatures, cracking of 

the hydrocarbon can also occur, reducing the selectivity of the reaction. But more 
importantly, coke deposition causes a decrease in catalyst activity and frequent regeneration 

of the catalyst is needed. An additional problem is the need to provide heat to the reaction at 

high temperatures, which makes the process energy and capital demanding. 

Many of the obstacles with direct dehydrogenation could be overcome if it were possible 

to oxidize the evolved hydrogen 'in situ' to produce water. At 25°C: 

C3Hg ➔ C3H6 + H2 Ml= +124 kJ mor1
, 6.G::: +86 kJ mor1 (1.l) 

H2 + 0.50i ➔ H2O Ml::: -242 kJ mor1
, AG= -229 kJ mor1 (l.2) 

Ml= -118 kJ mor1
, AG= -143 kJ mor1 (1.3) 

The net reaction ( 1.3), shown above for the case of propane, is oxidative dehydrogenation. 

By the addition of oxygen, the free energy of formation of water is sufficiently large to shift 

the reaction's equilibrium in favour of products and the heat of formation of water is large 

enough to convert an otherwise endothermic reaction into an exothermic one. If the reaction 
is performed catalytically, reactions (l. l) and (l.2), would likely not be the elementary 

reaction steps. However, the oxidative dehydrogenation route seemingly offers the 

advantages of potentially higher conversion achievable at a lower reaction temperature. 

Savings in heating costs can be made if the dehydrogenation reaction is made exothermic by 

the introduction of oxygen. Also, for a catalytic oxidative dehydrogenation process, 

deactivation would be reduced since coke formed on the catalyst should be removed by 

oxygen. 

Unfortunately, there are selectivity problems with the oxidative dehydrogenation 

reaction. In the presence of oxygen, other oxidation reactions including partial oxidation of 



I. Introduction 

the alkane to aldehydes or acids and combustion to carbon oxides can occur, reducing 

selectivity. The total oxidation of the alkane or alkene to carbon oxides is highly 

undesirable. Also, despite the favourable thermodynamic data at room temperature, reaction 

temperatures above 400°C are required to achieve acceptable reaction rates. Higher reaction 

temperatures may also improve the selectivity of the reaction. No commercial plants for the 

oxidative dehydrogenation of alkanes are known to be currently operational, but pilot and 
demonstration units have been built and operated [ 4]. 

1.1 Objective and scope of thesis 
The objective of this study of the catalytic oxidative dehydrogenation reaction is to 

further our understanding of its kinetics and mechanisms. It is believed that these objectives 

could serve to overcome the principal obstacle preventing the commercialization of the 

reaction, which is controlling its selectivity for production of undesirable products, mainly 

carbon oxides. 

The scope of the work is limited to an investigation of how reaction conditions affect 

kinetics, mechanism and consequently selectivity. However, the effects of the properties and 

composition of the catalyst on kinetics and mechanism are excluded. In order to proceed 

with this objective, it was decided at the outset to select one promising catalyst and catalyst 

composition from the literature and use it throughout the work. A search of the literature 

indicated that some of the highest yields for the reaction were obtained with Mg-V-O 
catalysts, so these catalysts were chosen for this study. 

In the experimental work, the reaction is studied under both steady-state and transient 

conditions. The use of transient conditions not only provides information about the reaction 

kinetics and mechanism but also examines the possibility that operating the reaction under 

cyclical reaction conditions might result in an overall higher yield than under comparable 

steady~state conditions. Considerable modelling of the kinetics is carried out by examining 

the fit of models to experimental data. It is hoped that an improved understanding of the 

reaction kinetics and mechanism would aid in the development of either improved catalysts 

or knowledge of the reaction environments needed for optimal selectivity. 
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2. Literature Review 

2. Oxidative dehydrogenation - a literature review 

2.1 The catalytic reaction 

There has been much interest within the last decade in developing suitable catalysts for 

the oxidative dehydrogenation of C2-C4 alkanes to alk:enes. Ideally, such catalysts 

should be active at low temperature, should activate only the C-H bond of the alkane, and 

should not promote further oxidation of the alkenes produced. For the oxidative 

dehydrogenation of n-butane and propane, a great variety of primarily metal oxides have 

been tested. Dahl et al. [5] examined lithium hydroxide/lithium iodide melts, Ushkov et al. 

[6] investigated metal sulphates, Takita et al. [7] studied metal phosphates as catalysts, 

Mazzocchia et al. [8] used nickel molybdates and Yoon et al. [9] magnesium molybdates. 

Smits et al. [ 10-13] used various metals supported on niobium pentoxide, Romero and co­

workers [14-16] reported on simple nickel and iron oxides, Rao and co-workers [17-19] 

worked with various supported bismuth molybdates, and Fujimoto et al. [20] worked with 

ZSM-5 based catalysts. 

Catalysts active for the oxidative dehydrogenation of ethane have also been examined in 

the literature. It has been observed that good catalysts for propane and butane oxidative 

dehydrogenation are often not optimal for ethane and vice versa. This point is illustrated by 

Michalakos et al. [21] who compared the oxidative dehydrogenation of C2-C4 alkanes over 

magnesium vanadates and a vanadium phosphate. Many of the catalysts tested for ethane 

oxidative dehydrogenation are known to be active for the oxidative coupling of methane such 

as lithium-doped magnesium oxide (Li/MgO) [22,23] and Li/MgO promoted with other 
metals (24] and halides (25]. Many of the studies on these catalysts began with the aim of 

discovering factors promoting what was believed to be a secondary reaction in the oxidative 

coupling of methane, namely, the oxidative dehydrogenation of ethane. 

By far the most intense research has concentrated on vanadium-bearing catalysts. 

Vanadium is a well-established element in commercial catalysts used in the partial oxidation 

of hydrocarbons, the best known commercial process probably being the selective oxidation 

of n-butane to maleic anhydride which uses a V-P-0 based catalyst. Albonetti et al. [26] 

compared the performance of catalysts reported in the literature and claimed that vanadium, 

and to a lesser extent molybdenum, are present in all the best catalysts for selective oxidation 

of alkanes which maximize productivity and yield at minimum temperatures. Vanadium 

oxide based catalysts appear to have a specificity for C-H bond activation in alkanes and in 

some cases for oxygen insertion into the activated molecule. 

Mamedov and Corberan [27] have written an extensive review of the many formulations 

of vanadium-containing catalysts tested for the oxidative dehydrogenation of light alkanes. 

3 



2. Literature Review 

Vanadium oxide (V2Os) itself is active but its selectivity is low. The catalytic properties of 

vanadia can be improved by depositing it on supports such as silica, alumina and titania. For 

alumina and silica supported catalysts, it was found that a low coverage of vanadium oxide 

was more selective for alkene production (28], suggesting that the vanadia sites ideally ought 

to be isolated from one another. Perhaps as a result, there has also been some investigation 

of the use of micro porous supports such as zeolites [29], aluminophosphates (30] and 

heteropolyoxometalates [31-33]. In most cases, these materials contained at least one 

transition metal such as vanadium. It was expected that the ordered structures of the 

micro porous materials could offer a suitable matrix for isolating the metal molecules [26]. 

According to Mamedov and Corberan 's survey, several binary metal oxide systems have 

been studied, such as vanadium phosphates, vanadium antimonates, vandium tin-ox.ides and 

transition metal vanadates. Some multi-component vanadium oxide based catalysts have 

been examined, containing metals such as bismuth, cobalt, anitmony, nickel, niobium, 

molybdenum, chromium and tin. Various alkaline vanadates have been studied, including 

lithium, potassium and barium vanadates. Magnesium vanadates have received the most 

attention of all the alkaline vanadates. Kung and co-workers [34,35], Sam et al. [36], 

Bhattacharyya et al. (37], Burch and Crabb [38], Corma et al. [39-41], Delman and co­

workers [42-44], and Gao et al. [45] have all studied magnesium vanadates {Mg-V-O). 

Kung and co-workers were the first to demonstrate the impressive alkene selectivities of Mg­

V-O catalysts for n-butane [34] and propane [35] oxidative dehydrogenation. For n-butane, 

they reported a selectivity for butenes of 55% at a conversion of 30%. Few other catalysts 

rival the performance of the Mg-V-O catalyst and it was probably this observation that 

sparked the interest of other researchers in this catalyst. 

For all of the catalysts, it is generally found that the selectivity for the alkene product(s) 

is inversely related to conversion, while selectivity for combustion products is directly 

related to conversion. This conversion-selectivity relation is normal for partial oxidation 

reactions. It suggests that a series type reaction mechanism prevails, in which the alkene is 

the main reaction product at the start of reaction, while carbon oxides are produced largely 

from the further oxidation of the alkene. For most catalysts, the products generated are the 

alkene(s), carbon ox.ides and cracking products. In some cases, oxygenated hydrocarbons, 

such as aldehydes and acids, are produced. Few catalysts have been found to deactivate to 

any significant degree due to coke deposition. This can be attributed to the likelihood that 

excess oxygen is present to prevent any carbonaceous build-up on the catalysts. Corma et al. 

[39] observed deactivation presumably due to some coke formation on catalysts under 

reaction conditions in which the total conversion of oxygen occurred. Burch et al. [38] also 

observed some significant deactivation, but again under oxygen-lean conditions. 

4 



2. literature Review 

2.2 Evidence for homogeneous reactions in the gas phase 
At a sufficiently high reaction temperature, homogeneous gas phase reactions can play 

an important role in catalytic oxidation reactions. Gas phase reactions have been found to be 

dominant in the oxidative coupling of methane at temperatures in excess of 675°C [22]. 

These reactions may be initiated in the gas phase or they may involve only the further 

reaction of desorbed radical species from the catalyst In this latter case, the catalyst serves 

as an initiator. 
Burch and Crabb [23] found that the non-catalyzed oxidative pyrolysis of ethane 

occurred with 45% conversion and 74% selectivity to ethene at 600°C in an empty reactor 

with a large void volume of about 4 cm3
. In the homogeneous gas phase reaction, it was 

proposed that the role of molecular oxygen is to initiate the reaction, after which a free 

radical chain propagation mechanism continues. By packing the reactor's void volume with 

inert material such as quartz wool or chips, the contribution of the gas phase reactions could 

be minimized [22,23]. 

Kung and co-workers investigated the extent of gas phase reactions in the oxidative 

dehydrogenation of propane over V-Mg-O (46-48]. They considered only gas phase 

reactions initiated by the desorption of reactive intermediates from the catalyst surface such 

as propyl radicals. They observed gas phase oxidative pyrolysis reactions in the void volume 

of a reactor at temperatures greater that 556°C. They could be effectively quenched by 

filling the reactor completely with quartz chips. The oxidative pyrolysis reactions in a void 

volume of 5.6 cm3 caused nearly the same conversion (14.6%) of propane as 21 mg ofV­

Mg-O (15.2%) at a reaction temperature of 570°C. The selectivities of the oxidative 

pyrolysis reaction tended to produce more cracking products such as ethene and methane. 

When the same void volume was positioned downstream of the catalyst, the overall 

conversion was much higher ( 46%) compared to the upstream positioning of the void 

volume (33%). Also, when the catalyst and downstream volume were separated by quartz 

chips, the propane conversion was lower (34%) than when they immediately followed one 

another. These results indicate that the enhancement of propane conversion when the 

catalyst is followed immediately by a void volume is probably due to gas phase reactions 

induced by the desorption of reaction intermediates from the catalyst. The enhanced propane 

conversion was observed at temperatures of 556 and 570°C but not at 540°C. 

By modelling the reactions in the void volume located downstream from the catalyst, 

with literature kinetic models for the oxidative pyrolysis of propane, Kung and co-workers 

[ 46A7] studied the nature of the desorbing reaction intermediates. Comparison of the 

calculated and experimental results indicated propyl radicals were the most likely species to 

desorb from the catalyst; even so, the desorption of OH radicals could not be ruled out. The 

rate of propyl radical desorption was estimated to be 23% of the propane reaction at 570°C 

and 5% at 556°C. 
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2. Literature Review 

Burch and Crabb [38] also studied the relative importance of surface and gas phase 

reactions in the oxidative dehydrogenation of propane over the V-Mg-O catalyst In a reactor 

with a void volume of about 4 cm3, a propane/air ratio of 1:3, and at 600°C, the propane 

conversion was about 32% with a propene selectivity of 52%. By reducing the reactor void 

volume to about 0.1 cm3, at the same conditions, the propane conversion could be reduced to 

0.2%. When the reactor void volume was doubled and the temperature reduced to 550°C, 

the propane conversion was 2%. Thus, it is possible to operate with exclusively the 

catalyzed reaction providing the reactor void volume is minimized and the reaction 

temperature is moderate. Burch and Crabb compared the perfonnance of the oxidative 

pyrolysis and catalyzed oxidative dehydrogenation reaction. Over a range of conversions, 

the homogeneous contribution to propene selectivity rivaled that of the catalyzed 

contribution, prompting the emphatic declaration that, "even the best catalysts are only as 

good as no catalyst at all!" Despite these results, it is clear that the catalyzed reaction at least 

offers the advantage of a smaller reactor volume and/or lower reaction temperature to 

generate the same reaction rate as the non-catalyzed reaction. Kung and co-workers [ 48] 
estimated that under their reaction conditions a void volume of 5.6 cm3 was required to 

produce an equal conversion of propane compared to a V-Mg-O catalyst occupying only 

about 0.01 cm3
. 

2.3 The Mg-V-O catalyst preparation and structure 
Both MgO and V2Os have been tested as oxidative dehydrogenation catalysts. At 

comparable reaction conditions with propane, Chaar et al. [35] found that V2Os was active 

with a conversion of 22% but its selectivity for propene was only 18%. On the other hand~ 

MgO was less active with a conversion of 8% but with a higher selectivity of 33%. 

It is possible to obtain magnesium vanadates (Mg-V-O) by calcining a physical mixture 

of MgO and V2Os, but long calcination times and high temperatures are required [40). The 

Mg-V-O phase(s) formed have a unique crystal structure that is dependent on the proportions 
of the starting materials. The Mg-V-O phases in order of increasing vanadium content are 

magnesium orthovanadate Mg3 V 2Os, magnesium pyrovanadate Mg2 V 201 and magnesium 

metavanadate MgV2O6. 
The structure of the magnesium orthovanadate phase is illustrated in Figure 2. l(a) as 

described by Krishnamachari and Calvo [49]. It consists of layers of magnesium ions 

octahedrally bonded to oxygen and vanadium ions tetrahedrally bonded to oxygen. These 

octahedral and tetrahedral structures are arranged in a nearly cubic closest packing. The 

structure of magnesium pyrovanadate (see Figure 2.l(b)), given by Gopal and Calvo [50], is 

that of rows of V 201 groups with long V-0-V bridges between pairs of these groups. Each 
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(a) 

(b) 

Figure 2.1 Magnesium Orthovandate (a) and Magnesium Pyrovanadate (b) structures. 
Adapted from [49) and (50). 

of the terminal oxygen atoms of the V 201 groups are shared with two magnesium ions. Ng 

and Calvo [ 51] have determined the structure of magnesium metavanadate to be that of V06 

octahedra joined by edges and connected together through Mg06 octahedra. A principal 

difference in the local environment of oxygen atoms between the different phases is that with 

magnesium orthovanadate, oxygen atoms are linked to both magnesium and vanadium atoms 

while in the pyrovanadate phase V -0-V linkages are present. 

Compared to the calcination method, the magnesium vanadates are more efficiently 
produced by impregnating a magnesium-containing compound in solution with a vanadium­

containing compound. The magnesium precursors often used are magnesium oxide [52], 

magnesium nitrate [ 42) and magnesium oxalate [ 40]. Some common vanadium precursors 

include ammonium metavanadate [52), and vandyl oxalate [40]. The chosen compounds are 
mixed in a solution with a controlled pH. Water is slowly evaporated and the resulting paste 

is dried. The main advantage of the impregnation method of preparing magnesium 

vanadates is that lower calcination temperatures (about 550°C) and shorter calcination times 

(3-6 h) are needed. The magnesium vanadate phases present in the final catalyst depend 

mostly on the starting ratio of magnesium and vanadium used. However, contaminants in 

the starting solutions (53], calcination temperature [ 42] and perhaps other factors in the 
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preparation procedure may all affect what phases are present in the final catalyst. Corma et 

al. [40] have found that the surface concentrations of magnesium and vanadium can vary 

from the bulk concentration depending on the magnesium and vanadium precursors used in 

the impregnation procedure and their relative concentrations. 

2.4 The Mg-V-O catalyst structure and catalytic behaviour 

2.4.1 Mg-V-O phases 

There has been some evidence in the literature that the structure of certain Mg-V-0 

phases may be more favourable for selective oxidative dehydrogenation. This issue has been 

marked with some controversy with different research groups presenting conflicting results. 

In Kung and co-workers' [34] initial study of the Mg-V-0 catalyst for the oxidative 

dehydrogenation of n-butane, they prepared Mg-V-0 catalysts which contained from 3 to 54 

wt% V 20s. At such compositions Mg0 is present in such excess that the expected phases on 

a stojchiometric basis, if the maximum quantity of Mg is incorporated into the Mg vanadate 

phase, would be magnesium orthovanadate Mg3V20s and excess Mg0. X-ray diffraction 
analysis confirmed the presence of only these two phases. The increase in total selectivity 

for dehydrogenation products was greatest for catalysts containing from 3.5 wt% V20s to 19 

wt% V 20s and then remained nearly constant for up to 54 wt% V 20s. Kung and co-workers 

proposed that the most active and selective phase of the Mg-V-0 catalyst for the oxidative 

dehydrogenation of alkanes was Mg orthovanadate. This hypothesis was based on the fact 

that structurally the orthovanadate phase contains only V-0-Mg linkages and no V-0-V or 

V=0 bonds as are present in magnesium pyrovanadate, magnesium metavanadate and V20s. 

Since magnesium is less easily reduced than vanadium, the presence of Mg-0-V bonds 

causes lattice oxygen to be less reactive, while the presence of V-0-V or V =0 bonds causes 

lattice oxygen to be more reactive, allowing it to attack indiscriminately either C-H or C-C 

bonds, thus promoting the complete combustion of the alkane. 

Sam et al. [36] thoroughly examined the importance of the Mg-V-0 phases by preparing 

reference Mg orthovanadate, pyrovanadate and metavanadate catalysts. The appropriate 

stoichiometric ratios of Mg0 and V 20s were used in their preparation. In contrast to Kung' s 

hypothesis, the Mg pyrovanadate phase was found to be the most selective for the oxidative 

dehydrogenation of propane. The pyrovanadate phase selectivity for propene was 53% 

compared to 6 and 15% for the orthovanadate and metavanadate phases, respectively. The 

selectivity of each phase was measured at a propane conversion of about 7%. Later Gao et 

al. [ 42] also compared the catalytic behaviour of pure Mg-V-0 phases and found that at iso­

conversion conditions (1-3%) the propene selectivity followed the order pyrovanadate > 

orthovanadate > meta vanadate. 
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Kung and co-workers [53] carried out a more detailed study to examine the validity of 

their original hypothesis. They pointed out that Sam et al. used a method to prepare MgO 

which resulted in traces of potassium (about 0.02 wt%) being present in the final catalyst. 

Kung' s hypothesis was confirmed by the results for oxidative dehydrogenation of n-butane. 

The selectivity of the Mg orthovanadate phase was 43% for alkenes at 17% conversion, but 
for the pyrovanadate phase it was only 15%. However, the results for the oxidative 

dehydrogenation of propane indicated that both the Mg orthovanadate and pyrovanadate 

phases' selectivities for propene were about 62% at 7% conversion of propane. It was 

suggested that the difference in behaviour for butane and propane on Mg pyrovanadate could 

be explained by the phase structure and the sizes of the alkane molecules (21]. With Mg 

orthovanadate, the isolated VO4 tetrahedra allow an adsorbed molecule to react with only 

one VO4 unit. However, with Mg pyrovanadate a molecule can react simultaneously with 

two VO4 units that are bridged by an oxygen atom, provided that the size of the molecule is 

sufficiently large. Propane may be too small to react with bridged VO4 units, but the two end 

carbons of n-butane could react with two VO4 units. Such an interaction may lead to the 

formation of a 1t-allyl complex and complete combustion of the molecule. Kung and co­

workers [53] also examined the effect of traces of potassium in the V-Mg-O catalyst. 

Reference Mg orthovanadate and Mg pyrovanadate catalysts were prepared by the method of 

Sam et al. and their activities and selectivities were compared with those of potassium free 
catalysts. The orthovanadate with potassium was less selective than the corresponding 

catalyst free of potassium for both the propane and butane reactions. It was suggested, based 

on X-ray diffraction analysis, that the presence of potassium inhibited the formation of the 

orthovanadate phase. For the oxidative dehydrogenation of butane, the orthovanadate phase 

both with and free of potassium was more selective than the pyrovanadate phase. 

Potassium contamination may explain the contradictory results of Kung' s group and 
Sam et al. concerning the selectivity of Mg-V-O phases. However, Gao et al. [42) used a 

different method for preparation of the pure Mg-V-O phases, which they called the ~citrate' 

method. By this method, high purity Mg-V-O phases could be produced at a relatively low 

calcination temperature (550°C). Both Kung et al. and Sam et al. needed to use elevated 

calcination temperatures (in excess of 650°C) to produce sufficiently pure phases. On the 

other hand, their mixed phase catalysts were produced at lower calcination temperatures. 

Gao et al. found that the size and morphology of the pure phase Mg-V-O crystals was a 
function of calcination temperature. 

It should be added that generally results of studies of V 2Os supported catalysts tend to 

support the Kung hypothesis that isolated VO4 tetrahedra are more favourable for the 

oxidative dehydrogenation reaction. Mamedov and Corberan (27] have reviewed studies of 

V2Os supported on silica, alumina and titania. They concluded that the dehydrogenation 

selectivity is best for these catalysts at low vanadium loadings, below monolayer coverage. 
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The supported vanadium species at low loadings are presumably isolated with two­

dimensional arrays of tetrahedral VQ4. At higher vanadium loadings, dehydrogenation 

selectivity diminishes and crystalline V 2Os fonns on the surface. 

2.4.2 Mg-V-O phase mixtures 

Gao et al. [43] later carried out an extensive study of the catalytic behaviour of mixed 

phase Mg-V-O catalysts. The selectivities of multi-phase Mg-V-O catalysts were found to 

be quite different from that of the pure phases. The selectivity of the orthovandate could be 

improved when it co-existed with a pyrovanadate phase or MgO, suggesting synergistic 

effects between the phases. This result may explain why Kung's group originally found that 
some of the best selectivities for butane oxidation were with catalysts containing magnesium 
orthovanadate and excess MgO. 

2. 4.3 Mg-V-O bulk/surface propenies 

Carma et al. [ 40] investigated the effect of preparation procedures on the surface as well 
as the bulk concentrations of vanadium and magnesium in Mg-V -0 catalysts. They prepared 

catalysts with varying V/Mg ratios using different precursor compounds for vanadium and 

magnesium. For vanadium, the preparation compounds compared were ammonium vanadate 

and vanadyl oxalate. While for magnesium, the use of magnesium oxide and magnesium 

oxalate were compared. The bulk formation of magnesium vanadates was found to depend 

only on the V/Mg ratio of the preparation compounds. Magnesium orthovanadate and MgO 

phase mixtures were formed at low vanadium content and magnesium orthovandate and 

magnesium pyrovandate mixtures at higher vanadium contents. The BET surface areas of 
the catalysts increased with vanadium content, but also depended on the choice of 

preparation compounds. The surface concentration of vanadium and magnesium, determined 
by X-ray photoelectron spectroscopy (XPS) analysis did not in all cases coincide with the 

bulk concentrations. The differences depended on the precursor compounds used in catalyst 

preparation and the V /Mg ratio of the catalyst. In particular the use of ammonium vanadate 

as the starting precursor for vanadium tended to produce a catalyst with an enriched surf ace 

concentration of magnesium. Ammonium vanadate is a common starting material for Mg-V­
O catalyst preparation and had been used previously by Kung' s group and Sam et al. [36]. 

Also, catalysts with high concentrations of vanadium tended to have an enriched surface 
concentration of vanadium. 

The effect of varying surface concentrations of vanadium and magnesium on catalytic 

properties was also determined [41]. It was found that the highest activity (based on BET 

surface area) and selectivity for the oxidative dehydrogenation of propane was obtained on 

catalysts with a magnesium enriched surface. Carma et al. [ 40] sided with the views of 

Kung regarding the selectivity effects of VO4 species and findings with supported V 2Os 
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catalysts, discussed above. They proposed that the superior performance of catalysts with 

magnesium enriched surfaces was due to the presence of only isolated VO4 species on the 

surfaces. However, at high vanadium content, in which vanadium enrichment of the catalyst 

surface is obtained, the presence of associated vanadium complexes should be expected and 

should result in lower dehydrogenation selectivity. The work of Corma et al. shows that the 

bulk oxide lattice may not always represent the surface properties. If surface concentrations 

can vary from that of the bulk, it is reasonable that the coordination of vanadium species to 

oxygen may also vary from that in the bulk of the catalyst. 

2.4.4 Acid-base properties 

Various research groups, using a range of catalysts, have investigated the effect on 

activity and selectivity of manipulating the catalysts' acidity with alkaline promoters. It is 

believed that superior catalysts for oxidative dehydrogenation should have a basic character. 

Alkenes are basic and a basic catalyst ought therefore to facilitate the desorption of the 

alkene, preventing its further oxidation to carbon oxides. Alkaline promoters increase the 

basicity of the catalyst. 

Grabowski et al. [54] found that the alkaline promoters lithium, potassium and rubidium 

reduced the activity of V2OsffiO2 and MoO3'Ti0i catalysts for the oxidative 
dehydrogenation of propane. However, at the same levels of conversion, the promoted 

catalysts had a higher selectivity for propene. Martin-Aranda et al. [55] and Vrieland et al. 

[56,57] investigated the effect of promoters such as lithium, sodium, potassium and cesium 

on the oxidative dehydrogenation of butane over Ni-Mo-O and Mg-Mo-O catalysts 

respectively. In both studies, the promoters again reduced the activity of the catalyst, 

although they improved the yield and selectivity for butenes and butadiene. Vrieland et al. 

found that additions of small amounts of potassium up to 0.4 wt% caused the production of 

carbon oxides to decrease while that of C4-olefins increased. The potassium promoter 

seemed to selectively poison the production of carbon oxides while the production of olefins 

was unaffected. 

The effect of alkali promoters on selectivity may not be the same for all alkanes. Galli et 

al. [58] compared the effect of potassium on the oxidative dehydrogenation of butane and 

ethane over V 2Os/ Al2O3 catalysts. Addition of potassium reduced the reducibility of the 
catalyst, measured by temperature-programmed-reduction with hydrogen, and the activity of 

the catalyst for reaction with both butane and ethane. However, potassium increased the 

selectivity for the fonnation of C4-olefins from butane but decreased the selectivity for 
ethene from ethane. 

Blasco et al. [59] compared the basicity of V/AhOJ, V/sepiolite, V/hydrotalcite and 

V /MgO catalysts. The basicity was measured by adsorption of pyridine measured by FTIR. 

11 



2. Literature Review 

The selectivities of the catalysts for C4-olefins from butane increased with increasing basicity 

of the catalysL 

Little is known about the effect of promoters in modifying the catalytic properties of 

Mg-V-O catalysts specifically. It has been reported that the addition of Cr2O3 and MoO3 

improved the activity of the catalyst, while Ti(h increased the selectivity in the oxidative 

dehydrogenation of butane (37]. 

2.5 Catalyst redox properties and catalytic behaviour 

2.5.1 A Redox Model 

Kung and co-workers postulated a model relating the redox behaviour of a catalyst to its 

catalytic behaviour [61]. This model is based on the assumption that the activity and 

selectivity of an oxide catalyst in selective oxidation reactions should be related to the ease 

or rate of reduction of the oxide. An oxide that is difficult to reduce will be inactive, but 

probably selective. However, one which is easily reduced is very active but nonselective, 

because it would promote the combustion of the reactants. An ideally active and selective 

catalytic rate of reduction would be within an optimal range, as shown graphically in Figure 
2.2 (a). 

However, the rate of reduction of an oxide should depend not only on its structure and 

composition, but also on its existing extent of reduction. The more reduced is an oxide, the 

slower is its rate of reduction. In a steady-state process, the oxide catalyst is undergoing 

simultaneous reduction and reoxidation. The extent of reduction of the oxide depends on the 

rates of these opposing procr.sses, which in turn depends on the present extent of reduction of 

the oxide. The state of the catalyst is determined by the intersection of its reduction and 

reoxidation curves, as shown in Figure 2.2(b). The ideally active and selective catalytic 

steady-state rates of reduction and reoxidation would lie within an optimal region as 

indicated by the curves marked A. Another catalyst B~ for structural or composition reasons 

might have an overall higher rate of reoxidation despite a similar rate of reduction to that of 

catalyst A. The higher rate of reoxidation of B causes it to be in a more oxidized state which 

in tum increases its rate of reduction. This increased rate of reduction promotes the 

nonselective combustion of reactants, causing it to be more active than is optimal. Thus, 

catalyst B might be useful as a combustion catalyst but of no interest for partial oxidation. 

2.5.2 Manifestations of redox model 

The significance of the reduction potential of Mg in the V-Mg-O catalyst was examined 

by replacing Mg with other cations such as Nd, Sm, Zn, Cr, Eu, Ni, Cu and Fe [60]. The 

aqueous reduction potential of these cations increase in the order 
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Figure 2.2 Relation between catalyst redox properties and catalytic behaviour 

Mg<Nd<Sm<Zn<Cr<Eu<Ni<Cu<Fe. The selectivity for alkenes in the oxidative 

dehydrogenation of n-butane from vanadates made from these cations decreased in an almost 

similar order: Mg>Nd>Sm>Zn>Eu>Ni>Cr>Fe>Cu. The selectivities for alkenes ranged 

from 59 to 2% and were each measured at an n-butane conversion of between 11 to 16%. 

This result supports Kung and co-workers' hypothesis that the higher degree of selectivity of 

the V-Mg-0 catalyst can be attributed to the relative non-reducibility of Mg ions that lower 

the reactivity of lattice oxygen. 

Temperature-Programmed Reduction/Oxidation (TPR/fPO) experiments were also 

performed with Mg orthovanadate and other orthovanadates in which the Mg was replaced 

with Eu and Nd (61 ]. The TPRffPO equipment consisted of a closed recirculation system 

with a heat-flow type scanning calorimeter. The catalysts were first oxidized with oxygen, 
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reduced with CO and then re-oxidized with oxygen. The amount of oxygen consumed 

during re-oxidation was determined from the pressure drop in the system. From the TPR 

curves, there was no clear indication that the orthovanadate with a more easily reducible ion 

tended to begin to reduce at a lower temperature. In general, reduction of the orthovanadates 

began at above 500°C and was completed at about 800°C. From the quantity of oxygen 

consumed during the reoxidation cycle, the oxidation state of the vanadium ions could be 

determined. The oxidation state of vanadium in the reduced Mg, Nd and Eu orthovanadates 
was 3.51, 3.40 and 3.50, respectively. Again., what was expected to be the most easily 

reducible orthovanadate (Eu) was not any more reduced than the other orthovanadates. It 
was suggested that the orthovanadate structure may only sustain a limited degree of 
reduction, any further reduction requiring more severe conditions. 

The effect of the catalyst oxidation state on oxidative dehydrogenation selectivity has 

been investigated for vanadium oxide on alumina catalysts (V2Os/AhO3) [62]. The 

V 205/ AhO3 catalyst was reduced with successive pulses of butane. The extent of reduction 
of the catalyst and its selectivity for dehydrogenation products was determined by analysis of 

each product pulse. It was found that the selectivity of the catalyst increased with its extent 

of reduction. However, simultaneously the conversion of butane decreased as the catalyst 

was reduced and since the oxidation of dehydrogenation products to carbon oxides is a 
secondary reaction, the improvement of selectivity with lower conversion was no surprise. 

But when reaction conditions were manipulated to lower the conversion of butane on the 

more oxidized catalyst to a level comparable to that obtained when the catalyst was in a more 

reduced state, the selectivity for the more oxidized catalyst was still significantly lower. A 

similar relationship was found for propane oxidative dehydrogenation over a Mg-Mo-O 
catalyst [9]. Also, in this case the alkane, propane, was fed without oxygen to the catalyst. 

The selectivity for propene increased as the degree of reduction of the catalyst increased. 

These results support the notion that selectivity is affected by the binding energy of lattice 
oxygen. When the catalyst is in a more oxidized state and lattice oxygen is loosely bound, it 

is more likely to promote the deep oxidation of hydrocarbons to carbon oxides. 

Gao et al. [42] and Soenen et al. [63] have compared the reducibility of different pure 

Mg-V-O phases. Gao et al. measured the weight loss upon exposure to hydrogen at 460°C 

and Soenen et al. electrical conductivity changes upon exposure to propane at 520°C. Both 

techniques indicated that magnesium pyrovanadate was the most easily reducible magnesium 
vanadate. From a structural point of view, the easy reducibility of the pyrovanadate phase is 

expected because of the ease of removal of oxygen in V -O-V linkages. However Gao et al. 

also found the pyrovanadate was the most selective pure phase for oxidative dehydrogenation 

of propane. Their finding that the more easily reducible catalyst is the most selective does 

not agree with Kung's theory regarding the redox properties and catalytic behaviour of 

catalysts discussed above. If the pyrovanadate is truly the more selective for propane 
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oxidative dehydrogenation, it may possess other favourable structural characteristics that 

compensate for its easy reducibility. 

The reducibility of V/Al2O3, V/sepiolite, V/hydrotalcite and V/MgO catalysts have been 

compared by the onset temperature of hydrogen consumption during temperature­
programmed-reduction [59]. The reducibility of the catalysts paralleled their catalytic 

activity for the oxidative dehydrogenation of butane, whereby the most easily reducible 

catalyst was most active. The selectivity of a typical catalyst for dehydrogenation products 

was not notably related to its reducibility but correlated well with its basicity. 

2.6 Aspects of the catalytic reaction mechanism 

2.6.1 C-H bond activation 

Kung and co-workers (64] have compared the relative rates of reaction of different 

alkanes over a V-Mg-O catalyst The alkanes included 2-methylpropane, n-butane, propane 

and ethane. The rate of reaction at 500°C was found to decrease in the order 2-

meth ylpropane > n-butane >propane> ethane. C-H bond energies are known to vary 

according to the position of the carbon atom in the hydrocarbon. They decrease in the order 

primary> secondary> tertiary. The alkane reaction rates paralleled the strength of their C-H 

bonds. 2-methylpropane which has one tertiary carbon reacted fastest, while ethane which 

has only primary carbons reacted slowest. Mamedov and Corberan [27] have compared rate 

data from different authors and similarly found that the reaction rates of alkanes increased 

with the number of carbon atoms in the hydrocarbon chain. These results are consistent with 

their claim that the rate limiting step of the reaction is the breaking of the first C-H bond. 

Breakage of the C-H bond may occur either heterolytically, with the formation of a hydride 

ion and a carbocation, or homolytically with the formation of an alkyl radical. The ease of 

breakage of the C-H bond probably only controls the rate of conversion of the alkane, and the 

nature of the subsequent reaction steps influences the product distribution among 

dehydrogenation, oxygenation and combustion products. 

2.6.2 The redox mechanism 
It has been found that the electrical conductivity of pure Mg-V-O phases is independent 

of the gas phase oxygen partial pressures to which they are exposed [56]. Since these 

catalysts are active for oxidative dehydrogenation, their reaction mechanism must involve 

0 2
- anions from the lattice. Exposure of the pure phases to propane increases the 

conductivity, indicating the phases become reduced while re-exposure to oxygen decreases 

the conductivity. Results from pulse experiments with butane, discussed earlier, indicate that 

lattice oxygen can be involved in the reaction [62). The reaction of the alkane has been 

15 



1ti:--~~x-:.: ~ · .. m~$:::=:::::=::::: ••• • ·--❖---«« • 
::::r.::: • Oxidized 

Catalyst 

CH1 
\ 

.··H-CH 
I 

CH2 H 

Figure 2.3 Catalytic cycle 

2. literature Review 

CH3CH=CH2 
H20 
COx 

shown to occur for propane [9] and butane [56,57] in the absence of gas phase oxygen. These 

findings, in addition to those discussed earlier concerning redox properties of the catalys~ all 

support the proposal that the oxidative dehydrogenation of lower alkanes occurs via a Mars­

Van Krevelen redox type mechanism [65,66]. As illustrated by the schematic of the catalytic 

cycle in Figure 2.3, in this type of mechanism, reaction of the alkane to either alkenes or 

carbon oxides reduces the catalyst and in a separate reaction, oxygen from the gas phase re­

oxidizes the catalyst. 

2.6.3 Subsequent reaction steps 

The reaction of the alkane with the catalyst could result in an adsorbed alkyl and/or 

alkene on the catalyst surface. Kung's group (21,65,66] has proposed that two competing 

processes, involving the adsorbed alkyl or alkene, comprise the 'selectivity-determining 

step'. In the case of an adsorbed alkyl species, the competing processes are the breakage of a 

C-H bond to form a dehydrogenation product or the formation of a C-0 bond to form 

oxygen-containing products such as oxygenates or carbon oxides (see Scheme 1 in Figure 

2.4). If the adsorbed species is an alkene the competing processes are its desorption or it can 

react further to form a C-0 bond and subsequently oxygen containing products (see Scheme 

2 in Figure 2.4). It has been argued that the ease of removal of oxygen species from the 

catalyst to form C-0 bonds and oxygenated products determines the outcome of the 

selectivity-determining step. This concept explains fairly well the increase in 
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Figure 2.4 Selectivity-detennining steps 

dehydrogenation selectivity when the reducibility of the M cation in the orthovanadate 

structure decreases [60] or the degree of reduction of the catalyst is increased [62,9], but it 

fails to explain the contrary relationship between these characteristics established for the 

three Mg-V-0 pure phases [42]. 

There is one report in the literature in which the addition of carbon dioxide into the feed 

for oxidative dehydrogenation increased the propene selectivity on a PrV04 catalyst [ 67]. 

The enhanced propene selectivity was observed at isoconversion conditions. The authors 

suggested that carbon dioxide adsorption on the catalyst blocks sites responsible for total 

oxidation. 

2. 6.4 Kinetic studies 

Andersson [ 68] gathered kinetic data for the oxidative dehydrogenation of propane over 

VI AIP04 at a range of temperatures, vanadium loadings, and propane and oxygen partial 

pressures. From this data, a kinetic model for the production of propene was proposed. In 

the model, propane in the gas phase was purported to react with adsorbed oxygen species on 

the catalyst surface by an Eley-Rideal type mechanism. Here, the reaction mechanism was 

not of a redox type because gas phase oxygen was considered to be in equilibrium with the 

adsorbed oxygen. None of the products, propene, carbon monoxide or carbon dioxide was 

considered to adsorb to the catalyst surface. Carbon oxides were assumed to be produced 

either directly from the reaction of propane or from the further oxidation of propene. Le Bars 

et al. [69] used a simple Mars-Van Krevelen redox type model to describe the oxidative 

dehydrogenation of ethane over a V20s/Si02 catalyst. This model only described the 
production of ethene. Rate equations for production of carbon oxides from either ethane or 

ethene were not included. The limiting step of ethane oxidative dehydrogenation was found 
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to be the reduction of oxidized sites by ethane. Thus, the catalyst was considered to work in 
a highly oxidized state. 

Sloczyns.ki (70) modelled the individual reduction and reoxidation reactions from 

cyclical experiments for the oxidative dehydrogenation of propane over V 2Os/Ti0i. In 

general, it was found that the initial rates of reoxidation were 1-2 orders of magnitude higher 

than the rates of reduction. These results also suggest that during the steady-state reaction 

the catalyst is highly oxidized and that the rates of reduction of the catalyst by propane and 

intermediates are overall rate-determining. 

Pantazidis and Mirodatos [71] have recently published results of non-steady-state and 

isotope exchange experiments aimed at proposing a qualitative mechanism for oxidative 
dehydrogenation of propane over a Mg-V-O catalyst. They propose that propane reacts with 

lattice oxygen species, probably 0 2
·, to form an intermediate species on the catalyst surface, 

probably a propyl group. Desorption of the intermediate species forms propene. They 

further find a weak dependence of carbon oxide formation on the oxygen partial pressure. 

They suggest that oxidation of the adsorbed intermediate species involves an oxygen 
adspecies, such as o-, arising from gaseous oxygen activation. Selectivity thus depends on 

the fate of the intermediate species through competition between desorption and reaction 

with an oxygen adspecies. However, neither diffuse reflectance infra-red fourier transform 

(DRIFf) spectroscopy nor isotope exchange experiments indicated the presence of such an 

adsorbed hydrocarbon intermediate species. 

2. 7 Summary and foreshadowing 

Much of the literature supports a Mars-Van Krevelen or redox type mechanism for the 

oxidative dehydrogenation reaction. In such a mechanism, the alkane reacts with surface or 

lattice oxygen causing reduction of the catalyst and simultaneously oxygen reacts to oxidize 

the catalyst. This is supported by observations that the reaction of propane (9,70) and butane 

[56,57,62) occur in the absence of gas phase oxygen. In addition, the electrical conductivity 

of a catalyst has been shown to vary upon exposure to propane and subsequently oxygen 
[56). In one study the kinetics of the oxidative dehydrogenation of ethane was successfully 

modelled by a simple redox type model [69], but another model for the oxidative 

dehydrogenation of propane, involved an equilibrium between gas phase and surface 

adsorbed oxygen [ 68]. 

It is widely believed that the properties of the catalyst and/or surface oxygen influence 

the selectivity of the reaction. Catalysts with a basic character are thought to be superior 

oxidative dehydrogenation catalysts because they facilitate the desorption of the alkene, thus 

preventing its further oxidation to carbon oxides. Supporting this claim, alkaline promoters 

have been shown in some cases to improve the selectivity of catalysts for the production of 

dehydrogenation products [54-59). 
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In keeping with the general redox mechanism, the binding strength of lattice oxygen is 
thought to govern the selectivity of the reaction. Highly reactive, loosely bound oxygen 

might indiscriminately break C-C and C-H bonds leading to deep oxidation while less 

reactive, strongly bound oxygen, is less likely to attack the hydrocarbon structure, thus 

preferentially producing partial oxidation products. This was supported by the fmding that 

the selectivity of various metal vanadates varied with the reduction potential of the metals 

[60]. Also, the selectivity for the oxidative dehydrogenation of butane [62] and propane [9] 

was found to increase for dehydrogenation products as the degree of reduction of the catalyst 

increased, when the reactions were carried out without gas phase oxygen. These claims are 

based on the fact that as the catalyst is increasingly reduced the binding strength of the 

catalyst's remaining lattice oxygen increases. Findings that the nature of coordination of 

oxygen on the catalyst surface [27,34Al], due to the surface concentration of supported 

metal oxides such as V2Os, affects the selectivity of the catalyst, further support the belief 

that the binding strength of oxygen influences selectivity. However, contrary to a relation 

between oxygen binding strength and selectivity, the reducibility of different vanadium­

bearing catalysts [59] and Mg-V-O pure phases [63] have not been found to correlate well 

with their selectivities for dehydrogenation products. 

It is evident that much of the research concerning oxidative dehydrogenation has 

involved finding correlations between properties of the catalysts and catalytic behaviour, and 

from these attempting to infer the reaction mechanism. Few extensive kinetic studies have 

been carried out on the reaction. This is one of the objectives of this thesis. Kinetic data for 

the reaction are collected under both steady-state and transient conditions. The transient 

responses of the reaction are used as an additional tool for diagnosing the reaction 

mechanism, the degree of reduction of the catalyst, and whether hydrocarbon species are 

adsorbed to the surface of the catalyst. Since much of the literature in the area suggests that 

the state of the catalyst and/or surface oxygen influences selectivity, of particular interest is 

the role of oxygen in the reaction and whether it can change depending on the reaction 

conditions, thus affecting the selectivity of the reaction. 

19 



3. Experimental methods 

3. Experimental methods 

3.1 Preparation and characterization of Mg-V-O catalyst 

B ecause of its high yields reported in the literature, the Mg-V-O catalyst was chosen for 

this study of the catalytic oxidative dehydrogenation reaction. Kung and co-workers 
[35] examined Mg-V-O catalysts containing between 20 and 60 wt% V 205. An optimum 

propene selectivity of about 42% at about 33% propane conversion was obtained for 
catalysts with between 20 and 40 wt% V2Os. Consequently, an Mg-V-O catalyst with 40 

wt% V 205 was used in this study. The high V 205 content was chosen so that the magnesium 
vanadate phase(s) present in the catalyst could be identified unambiguously by X-ray 

diffraction analysis. 

The catalyst was prepared according to the method described by Kung and co-workers 

[52]. A l L aqueous solution containing 0.5 wt% NH,t VQ3 and 1 wt% NILOH was heated to 

70°C while being stirred. Then 5.84 g of MgO was slowly added to this stirred solution of 

NRi VO3. The solution was continuously stirred for about l h, during which the solution 
evaporated to a thick paste. The paste was further evaporated in an oven at 80°C overnight, 

after which it became a white powder. The catalyst was then calcined at 550°C for 6 h in a 

flow of air of about 20 ml min-1 STP. The resulting catalyst composition was 60 wt% MgO 

and 40 wt% V 2Os or 36.2 wt% Mg and 22.4 wt% V as verified by atomic absorption. After 

calcination, the colour of the catalyst was a pale yellow. Once used, the catalyst became grey 
to green-gray in colour. 

For experimental runs, anywhere between 15 and 40 mg of Mg-V-O catalyst was used at 

a time. Before reaction, the catalyst sample was placed in the reactor and exposed to l 0% 

oxygen in helium with a total flow rate of 50 ml min-1 STP at 550°C for 3 h. 

X-ray diffraction was performed on a Siemens D5000 diffractometer, equipped with Cu 

radiation. JCPDS-ICDD (1988-1994) standard spectral software was used to determine the 

phases. The diffractogram of the unused catalyst is shown in Figure 3.1. The symbols in the 

figure indicate the peaks in the diffractogram of the catalyst that match peaks in the 

diffractograms of the pure phases. The peaks were generally broad, probably because the 

crystal sizes were small. The two phases clearly identified were magnesium oxide and 

magnesium orthovanadate (Mg3(VQ4)z). In addition, a trace of vanadium oxide (V 30s) was 
identified. 

20 



•MgO 
• Mg3(V04)2 
• V30s 

• 

20 30 

•• 

40 
2-theta 

50 60 

3. Experimental methods 

• 

70 

Figure 3.1 X-ray diffractogram of fresh Mg-V-O catalyst 

3.2 Equipment for studying catalytic reaction 

3.2. l Quartz glass reactor 

The quartz glass U-tube reactor used is illustrated in Figure 3.2. The outside diameter of 

the quartz tube was 6 mm. The catalyst was located in a bulb in one arm of the U-tube. 

Reactants were fed first through the left arm of the U-tube in Figure 3.2, and then up through 

the catalyst bed. The inside diameter of the arm, upstream from the catalyst was l mm. The 

inside diameter of the bulb was 8 mm and the tube downstream from the catalyst had an 
inside diameter of 4 mm. At the bottom, inside the bulb was located a quartz glass frit on 

which the catalyst bed was supported. First, a layer of granular quartz glass (crushed to < 1 

mm) with a depth of a few millimetres was placed on top of the friL On top of this was 

placed the catalyst with a depth of 5 to 10 mm, depending on the quantity of catalyst. An 

additional layer of granular quartz glass was placed on top of the catalys~ to fill the bulb. 

Some quanz wool was placed in the tube, downstream from the bulb. A quartz glass 

thermowell, in the downstream arm, penetrated the upper layer of granular quartz glass and 

was arranged so as to be just in contact with the top of the catalyst bed. In experiments 

operated at steady-state the design of the reactor was as in Figure 3.2, except that the bulb 

was omitted and replaced by a length of quartz tube with an inside diameter of 4 mm. The 

catalyst was placed inside this tube. Upstream of the catalyst, any empty length of 4 mm ID 

tube was packed with quartz wool. With the catalyst inside a bulb, the catalyst bed created 

just a small pressure drop, allowing at least 40 mg of catalyst to be used. 
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Figure 3.2 The quartz U-tube reactor 

One of the primary requirements of the design of the reactor was that the void volume 

should be minimized so that gas phase-initiated reactions could be avoided. This is why the 

arm of the reactor, upstream from the catalyst, was designed with a reduced inside diameter. 

Any remaining volume in the reactor not occupied by the catalyst bed was filled with 

granular quartz glass or quartz wool. The presence of the quartz therrnowell, downstream 

from the catalyst bed, also reduced void volume in the reactor. Blank experiments in which 

the reactor contained no catalyst were performed at reaction temperatures ranging from 510 
to 550°C with both reactor designs by replacing the catalyst with a similar quantity of 

granular quartz and/or quartz wool. The reactant concentrations were 4.5% propane and 9% 

oxygen. Helium diluted the reaction gas mixture and the total flowrate was 50 ml min·1 STP. 

No conversion of propane or formation of products was detected in the blank experiments; 

thus, the absence of gas-phase-initiated reactions under reaction conditions was assured. 
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Inside the quartz thermowell was placed an uninsulated wire thermocouple with an 

outside diameter of 0.5 mm. The quartz reactor was connected with the rest of the reactor 

system by 0.25-inch stainless steel Swagelok® couplings with Teflon® ferrules. A 

thermowell was positioned at the reactor outle~ while product gas exited through a sidearm 

(Figure 3.2). Teflon ferrules made the connection between the thennowell and Swagelok 
fitting gas-tight. 

The quartz reactor was placed inside a cylindrical shaped furnace. The furnace consisted 

of two semi-circular insulating shells with heating elements inside. The shells were hinged 

together and could be closed around the reactor. The Swagelok couplings were located 

outside of the furnace, while both anns of the reactor extended through the 40 mm thick 

insulating wall of the furnace. A separate thermocouple was placed inside the furnace and 

positioned at about equal distance between the arms of the quartz reactor, with its tip 

positioned at the height of the catalyst bed. The temperature measurements of the 

thermocouple outside of the reactor were used to regulate the operation of the furnace. The 

thin wire thermocouple inside the reactor measured the actual catalyst bed temperature. 

3.2.2 Reactor system and operation 

Reactant gas mixtures 

Figure 3.3 is a schematic drawing of the reactor system. Unless otherwise stated, all 

tubing in the reactor system was 0.125-inch (outside diameter) stainless steel and it was 

connected to the various parts of the system by appropriately sized Swagelok couplings. 

Feed gases were supplied to the reactor system from gas cylinders and their flowrates were 

regulated by individual mass-flow controllers (MFC). The MFCs were arranged into two 

sets A and B. Each set of MFCs produced a different reactant gas mixture that could be fed 

to the reactor. The numbers of MFCs and types of gases in each set of MFCs were not 

always as shown in Figure 3.3. These were varied depending on the requirements of each 

experiment. However, helium was always a component in each MFC set and MFC set A 

always contained supplies of at least both propane and oxygen in addition to helium. MFC 

set A produced a reactant gas mixture with a dual purpose. It could be fed to the reactor or 

directly to the analytic instruments for calibration purposes. 

Another MFC, located downstream from MFC set A, regulated the flow of the reactant 

gas mixture from MFC set A to the reactor. A fraction of the MFC set A reactant gas 

mixture always bypassed the reactor. A pressure relief valve, on the bypass line, was set to 

open at about 1.5 bar and thus maintained back pressure to allow the flow controller for the 
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Figure 3.3 Reactor system 

MFC set A reactant gas mixture to operate. All of the reactant gas mixture produced by 

MFC set B was available as feed to the reactor. 

Selection of feed to reactor 

An air-actuated 4-way valve controlled which of the reactant gas mixtures was fed to the 

reactor. The gas mixture not fed to the reactor was vented. One pressure gauge was located 

upstream from the 4-way valve on the MFC set A reactant feed line. A second was 

positioned downstream from the 4-way valve on the vent line. With the MFC set A reactant 

mixture fed to the reactor and MFC set B reactant mixture vented, a pressure relief valve was 

adjusted to equalize the pressure measurements upstream and downstream from the 4-way 

valve. This was done to equalize the back pressure on the two reactant mixture lines and 

avoid downstream pressure fluctuations when step-changes were made between reactant 

mixtures. With the method employed it was assumed of course that the pressure drop across 

the 4-way valve was negligible. This was necessary because placing a pressure gauge 

between the 4-way valve and reactor would add undesirable void volume to the reactor 

system. 
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Valve arrangement for analytical instrument calibration 

Two pairs of magnetically actuated 3-way valves (1WV) select which of three gas 

streams is sent to the analytical instruments. The three gas streams include the product 

stream from the reactor, a reactant gas mixture (from MFC set A) and a product gas mixture. 

The valve arrangement allowed for convenient on-line calibration of the analytical 

instruments with the reactant and product gas mixtures. The product gas mixture (AGA 

specialty gas) was supplied from a gas cylinder at about 0.25 bar gauge. TWV set B was 

located downstream from the reactor and upstream from the analytical instruments. It 

allowed either the reactor product gas stream or the one of the calibration gas streams 

(reactant or product gas mixtures) to be sent to the analytical instruments. TWV set A 

allowed either the reactant or product gas mixtures to be sent to TWV set B. The reactant 

and reactor product gas streams were vented if not sent to the analytical instruments. 

Analyticalins~umentt 

The gas stream selected by the sets of TWVs is sent to the gas chromatograph (GC). 

Inside the GC oven was an electrically driven 6-way valve (Carle Model 2018). The gas 

stream flowed through a sample loop on the 6-way valve and then was vented from the 

reactor system. During sampling of the gas stream, for GC analysis, the GC carrier gas 

flushed out the contents of the sample loop. 

A tee was located upstream from the GC in which was located the mass spectrometer 

(MS) sample capillary. The sample capillary line was made of deactivated fused silica, had 

an inside diameter of 320 µm and a length of about 1.5 m. It was under vacuum and thus 

extracted a portion of the gas stream and sent it to the MS system. A rotary vane pump 

(Edwards Model E2M2) maintained the vacuum in the MS sample capillary. A fine needle 

valve located between the sample capillary and the MS regulated the flow of sample to the 

MS and thus the internal pressure of the MS. The vacuum within the MS was maintained by 
a turbo-molecular pump (Balzer Model TPH/l'PU 170) with a backing rotary vane pump 

(Edwards Model EDM2). 

Temperature measurement and control 

The uninsulated wire thermocouple inside the quartz reactor measured the actual catalyst 

temperature. Another insulated thermocouple was placed inside the furnace between the 

arms of the reactor with its tip positioned at the height of the catalyst. Transient 

experimental conditions could cause fluctuations in the catalyst temperature. Thus for stable 

temperature control, the thermocouple outside of the reactor was connected to the 
temperature control unit (Eurotherm Series 560) that regulated the operation of the furnace. 
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Reactor system control 

A personal computer (386 processor, 4 MB RAM) with the Styrman ® control program 

operated the reactor system. Styrman is a Visual Basic® program that operated the mass flow 

controllers, the 3-way magnetic valves, the air-actuated 4-way valve and the electrically 
driven 6-way valve. The computer sent temperature set points via serial communication to 
the temperature-control unit. The signal from the wire thermocouple inside the reactor was 
monitored by the computer. Serial communication was maintained between the computer 

and the MS via an interface instrument (Balzer QDP 10 l). The computer could command 

the MS to perform scans at specific intervals, the results of which were acquired by the 
computer and recorded in log files. In addition, all flowrate and temperature measurements 

could be recorded in log files. The Styrman program could also carry out an experimental 
run automatically by operating from a command file. 

3.3 Analytical methods 

3.3.1 Gas chromatography 

The GC (Varian Model 3300) was equipped with a capillary column (Chrompack 
Poraplot Q), methanizer catalyst and flame ionization detector (FID). The capillary column 
had a length of 25 m and an inside diameter of 0.32 mm. Helium was used as the carrier gas 

and it was supplied at a pressure of about 1. 7 bar gauge to the injector. The volume of the 
sample collected in the six-way valve sample loop was approximately 0.1 ml. The quantity 

of sample injected into the GC column could be adjusted with a split ratio valve at the 
injector. The split ratio was adjusted to maximize the detection sensitivity while maintaining 

an effective separation of components. During an analysis, the GC oven was first operated 
isothermally at 50°C for 6 min. The temperature was then ramped at a rate of 10°C min·1 to 

120°C and finally maintained at 120°C for 2 min. Thus, the total analysis time was 15 min. 
The cool-down time for the GC was about 7 min. 

The separated components from the column were fed into the methanizer reactor which 

consisted of a U-shaped 0.125 inch diameter stainless steel tube, packed with about 0.5 g of 

the methanizer catalyst Hydrogen was also fed to the inlet of the methanizer reactor at a 
flowrate of about 30 ml min-1 STP. The methanizer reactor was maintained at 350°C in a 

separate heated zone within the GC. The methanizer catalyst consisted of a 2 wt% coating of 
nickel on Chromosorb G support. It was prepared by adding the Chromosorb G to a quantity 
of nickel nitrate solution just sufficient to wet the support without excess. The slurry was 

dried on a hot plate at about 80°C with constant stirring. Once dry, the catalyst was calcined 
in air at 400°C for 2 h. 

The function of the methanizer catalyst was to reduce carbon monoxide and carbon 

dioxide to methane for detection by the FID. The quantity of hydrogen supplied to the 
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methanizer reactor was sufficient to both completely reduce the carbon oxides and fuel the 

FID. The FID was supplied directly with only air at a flow rate of about 300 ml min-1
. The 

GC was calibrated for detection of propane by analysis of the reactant gas mixture which 

typically contained between 3 to 6% propane. Analysis of the product gas mixture calibrated 

the GC for detection of propene, carbon monoxide and carbon dioxide. The product gas 

mixture contained 2.01 % propene, 0.99% carbon monoxide and 1.03% carbon dioxide in 

helium. The GC could not detect oxygen or water and thus only a carbon mass balance could 

be determined. Concentrations of oxygen and water could only be determined indirectly, 

based on the analysis of the carbon containing components. The total quantity of carbon 

determined by GC analysis at the reactor outlet was typically between 90 and 110% of the 

total carbon fed to the reactor. The GC was tested with varying concentrations of the 

components to ensure a linear response and that the methanizer catalyst completely 

converted the carbon oxides. In Appendix A, sample GC analysis data are shown and the 

method of calculation of component concentrations is demonstrated. 

3.32 Mass spectrometry 
Mass spectrometry (MS) analyses can be performed at high frequency. The time 

required for a mass scan is usually on the order of a tenth of a second or less. It is thus a 

valuable gas phase chemical analysis tool for non-steady-state operation of chemical 

reactions. This section presents the principles of quantitative analysis by mass spectrometry 

as well as some of the practical problems. The system of chemical species considered here is 

rather complex with many species producing ions with the same mass. Considerable time 

and effort in this project has been spent on finding reliable methods of collecting and 

analyzing MS data. A brief description of the data analysis and calibration techniques used 

to overcome the practical problems is given. 

In the simplest method of qualitative analysis by mass spectrometry the sensitivity 

coefficients, Sij, must be known for each component, j, at each of the mass values, i. The 

number of mass peaks, n, must equal the number of components in the mixture. If the 

concentrations of the components of the mixture are partial pressures~ Pi, the sensitivity 

coefficients express the mass peak intensity per unit pressure. Then a set of n simultaneous 

linear equations must be solved to determine the partial pressure of each component. 

S11p1 + S12p2 + ... + S1nPn = 11 
(3.1) 

SnJP I + Sn2P2 + ... + Snn[Jn = In 

Thus the sum of ion contributions from each component equals the total ion current 

intensity,/;, at each mass peak~ i, in the spectrum. The above system of equations can be 
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expressed in matrix notation as: 

Sp =I (3.2) 
The sensitivity coefficients must be determined by analysis of calibration mixtures in which 

the concentration of each component is known. 

The MS system used consisted of an analyzer (Balzer QMA 140), control unit (Balzer 

QMS 311) and a computer interface unit (Balzer QDP 101). Figure 3.4 is a simple 

schematic of the internal parts of the MS analyzer unit and its gas sampling system. The 

sample gas mixture flowed through a tube near the outlet of the reactor system. Through the 

heated capillary, placed inside the tube, a portion of the sample mixture flowed to the MS. 

The capillary was about 1.5 m long. The quantity of the sample mixture entering the MS 

was dependent on the pressure difference between that of the sample mixture, Px, and the 

pressure inside the MS chamber, PMS. The sample molecules were ionized in an axial beam 

ion source. This was an electron impact type ion source with the electron beam and ion 

extraction in an axial direction. A rhenium cathode filament was used and the emission 

current was 0.9 rnA. The ionizing electron energy was 95 e V. The quadrupole mass filter 

allowed only ions of a selected mass to reach the faraday cup ion detector where the ion 

current was measured. The pressure of the sample mixture was slightly above atmospheric 

and the internal pressure of the MS was about 10-s bar. The sample mixture concentration 

may be unknown or it may be the calibration mixture of known concentration. One 

practical problem was the difficulty to ensure that the total pressure of the calibration 

mixture was identical to that of the unknown mixture. Very small pressure differences in 

the sample mixtures could cause large changes in the quantity of the sample entering the 

MS. 
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Figure 3.4 Schematic of MS and sampling system 
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Figure 3.5 MS signal response to step-changes in sample concentration 

An even more serious problem with the application of quantitative mass spectrometry, 

is that the pressure inside the MS, is a function of the sample composition. The quantity of 

the sample entering the MS through the capillary depends on its composition. Figure 3.5 

shows some raw MS data. The intensity of the mass peaks at 4, 28, 29, 32,. 41 and 44 m/e 

were measured while the sample mixture contained 6% propane and 12% oxygen in helium. 

The mass peaks at 4 and 32 m/e were from helium and oxygen, respectively, while those at 

28, 29, 41 and 44 m/e were from propane. At 940 s, with a switch of the 4-way valve, the 

sample mixture was changed to 100% helium and then at 1730 sit was changed back to the 

original propane, oxygen and helium mixture. After the first switch to pure helium,. the 

mass signals from both propane and oxygen dropped quickly to zero, while that of helium, 4 

rn/e, increased slowly until the switch back to propane and oxygen was made. At this point, 

the mass signals from propane and oxygen increased quickly but then decreased along with 

the helium mass signal. It was apparent from Figure 3.5 that two simultaneous transients 

were occurring. There were, of course, changes in the sample mixture causing transients 

depending on the gas-holdup and dispersion in the reactor system. These transient 

responses should occur probably over some seconds. But also, there was a much slower 

transient caused by the internal pressure of the MS, PMS, lasting over some minutes. After 

the switch to pure helium, the internal pressure of the MS slowly increased and after the 

switch back to propane and oxygen, it decreased. If the compositions of the calibration 

mixture and unknown mixture differ greatly or even if the composition of the unknown 
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mixture itself vary greatly, pressure differences inside the MS are clearly important. In 

sho14 the application of qualitative mass spectrometry is severely limited by the direct 

application of equation 3.2, unless accurate measurements of the pressure inside the mass 

spectrometer and the pressure of each sample mixture are available. 

In this work we used a method of treatment of the mass spectrometry data, that avoids 

the problems described above. The main features of the method are that the sample 

(unknown and calibration) mixtures were allowed to be at different and unknown pressures. 

In addition a normalizing procedure was used that allows the pressure inside the MS to vary 

without affecting the accuracy of the analysis. The method is presented in detail in 

Appendix B. It was adapted from a more general method first described by Ruth [72]. The 

limitations of the method are that the identity of every component in the mixture to be 

analyzed must be known and included in the analysis. Also, if more than one calibration 

mixture is used, at least one of the components must be present in all of the mixtures. 

The components included in the analysis were helium, water, carbon monoxide, 

propane, oxygen, propene and carbon dioxide. Table 3.1 shows the primary mass peaks, 

which are the tallest mass peaks in the spectrum of each component. Some of the 

components produce secondary mass peaks which have the same mass as the primary mass 

peak of other components. The ratio of the primary and secondary mass peaks is 

- Iii 
r.. -

IJ I 
Pj 

(3.3) 

and its value, measured at an ionizing electron energy of 95 eV, is also shown in Table 3.1. 

Table 3.1: Primary and Secondary Mass Peaks of Comeonents 
Component Primary m/e Secondary m/e Ratio 

([pi) (/;i) (r;[) 

helium 4 
water 18 

carbon monoxide 28 
propane 29 28 0.67 

41 0.23 
44 0.22 

oxygen 32 
propene 41 28 0.03 

carbon dioxide 44 28 0.16 

Three different calibration gas mixtures were used. The first was the feed gas which 

typically contained 3 to 6% propane and 6 to 12% oxygen in helium. The second was a 

product gas mixture containing 2.01 % propene, 0.99% carbon monoxide and 1.03% carbon 
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dioxide in helium. Finally, to calibrate the MS for analysis of water, water was produced by 
reacting propane and oxygen over a platinum mesh catalyst. The feed concentrations of 
propane and oxygen were 3 and 6% respectively, the reaction temperature was 550°C and 
about 0.4 g of platinum mesh was used. At these conditions, the limiting reactant was 
oxygen, and the products almost entirely consisted of carbon dioxide, water and unreacted 
propane. But traces of carbon monoxide and propene were also present. The product water 
concentration was approximately 5% as determined by GC analysis. 

Appendix B describes in detail the method of treatment of the calibration data. 
Recalibration of the MS was carried out daily during periods when experiments involving 
MS analysis were carried out Figure 3.6 shows the calculated concentrations for the raw 
data in Figure 3.5, after application of the method of data treatment in Appendix B. The 
pressure transient, evident in the MS signal data, is removed from the concentration data. At 
steady-state operation, typically the total concentrations of carbon and oxygen in the product 
gas, determined by MS analysis, were between 90 and 110% of their concentrations in the 
reactor feed. 
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Figure 3.6 Calculated concentrations from step-changes in sample concentration 
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4. Steady-state kinetics 

This chapter presents the results of a study of the steady-state reaction kinetics of the 

oxidative dehydrogenation of propane over Mg-V-O by nonlinear regression analysis. 

Both simple power law and mechanistic models were tested on kinetic data collected over a 

range of reaction conditions. The results of this study have been previously published [73]. 

4.1 Experimental plan and modelling methods 
The reaction kinetics were studied by perfonning a full two-level factorial design of 

experiments around a set of standard reaction conditions. Such a design of experiments not 

only efficiently covered the experimental volume, but also minimized correlations between 

the factors of interes~ so that the influence of each factor was maximized (74). The factors 

chosen were the reactant concentrations (propane, oxygen and propene) and the reaction 

temperature. Propene was included as a reactant because its rate of combustion to carbon 

oxides was also of interest. Table 4.1 lists the levels of the factors used. In all experiments, 

the mass of Mg-V-O catalyst used was 15 mg and the total flow rate of reactants including 

the diluting helium was 50 ml min-1 (STP). At the reaction conditions used, the only carbon­

containing products were propene, carbon monoxide and carbon dioxide. The standard set of 

reaction conditions were levels of the factors midway between the high and low levels in the 

factorial design, except the propene concentration. 

Table 4.1 
High and low levels of factors 

Factor 
Propane Cone.(%) 
Oxygen Cone. (%) 
Propene Cone. (%) 
Temperature (°C) 

Low level 
3 
6 
0 

510 

High level 
6 
12 
2 

550 

Table 4.2 contains the measured outlet concentrations and calculated reactant 

conversions for the factorial design conditions. Some difficulties were encountered in 

collecting the data. The selectivity of the catalyst seemed to be dependent on previous 

conditions to which it had been exposed. Details of the methods used to collect the data are 

dicussed in Chapter 5. Replicate experiments at three sets of factorial design conditions 

were performed. In addition, eight replicates at the standard reaction conditions were 

included in the analysis. 
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Table4.2 
Product concentrations and reactant conversions at ex~erimental conditions 
Inlet Cone. (%) Temp. Outlet Concentration ~% )8 CJffa 02 Carbon 
CJffa 02 c~ (OC) co COi C3}4 CJffa Ozb conv. conv. balancec 

%) (%}b 

6 6 0 510 0.083 0.126 0.101 5.83 5.64 2.85 5.96 100.5 
3 12 0 510 0.087 0.286 0.040 2.84 11.40 5.47 4.98 98.7 
6 12 0 510 0.086 0.328 0.082 5.78 11.31 3.66 5.74 99.5 
3 6 0 510 0.038 0.188 0.035 2.89 5.63 3.67 6.24 98.8 
6 6 0 550 0.183 0.261 0.268 5.58 5.22 6.94 13.05 99.5 
3 12 0 550 0.162 0.452 0.125 2.67 11.00 10.98 8.37 97.7 
6 12 0 550 0.212 0.464 0.234 5.54 10.86 7.66 9.48 lOl.4 
3 6 0 550 0.107 0.191 0.139 2.76 5.49 7.93 8.53 96.l 
6 6 2 510 0.185 0.320 1.908 5.92 5.30 1.28 11.72 100.0 
3 12 2 510 0.272 0.411 L.880 2.89 11.06 3.58 7.84 97.6 
6 12 2 510 0.236 0.432 1.876 5.90 11.07 1.64 7.78 100.5 
3 6 2 510 0.171 0.299 1.944 2.90 5.33 3.37 l l.18 LOO.I 
6 6 2 550 0.631 0.976 1.891 5.57 3.69 7.10 38.46 98.9 
3 12 2 550 0.509 0.831 1.794 2.76 10.12 8.01 15.63 98.l 
6 12 2 550 0.652 1.045 1.896 5.54 9.55 7.69 20.42 100.2 
3 6 2 550 0.421 0.716 1.837 2.81 4.49 6.26 25.09 97 
4.5 9 0 530 0.097 0.256 0.122 4.26 8.40 5.31 6.66 98.4d 
4.5 9 0 530 0.104 0.266 0.109 4.27 8.38 5.16 6.88 99.4d 
4.5 9 0 530 0.108 0.289 0.113 4.25 8.34 5.45 7.39 99.Sd 
4.5 9 0 530 0.071 0.246 0.102 4.29 8.46 4.60 6.04 lQl.ld 

4.5 9 0 530 0.075 0.279 0.100 4.28 8.40 4.85 6.70 98.ld 
4.5 9 0 530 0.104 0.266 0.118 4.26 8.38 5.36 6.93 98.4d 
4.5 9 0 530 0.098 0.232 0.117 4.27 8.44 5.06 6.23 98.2d 
4.5 9 0 530 0.106 0.273 0.119 4.25 8.36 5.45 7.09 99.Qd 
3 12 0 510 0.087 0.298 0.025 2.85 11.39 5.13 5.10 97.Sc 
6 6 0 550 0.173 0.260 0.263 5.59 5.23 6.79 12.77 99.4c 
6 6 2 550 0.548 0.831 L.882 5.66 4.03 5.70 32.76 98.2c 
aN ormalized carbon distribution. 
bCalculated from normalized carbon distribution in products and assuming the only additional product is water. 
cRatio of carbon in products to carbon in reactants. 
dStandard condition experiments. 
cReplicate experiments. 

Nonlinear regression analysis was used to examine the fit of different kinetic models to 

the data. Calculations were performed by a Fortran program using NAG sub-routines. For a 

given model, reaction rates were integrated over the mass of catalyst at each of the 

experimental conditions to calculate the outlet reactant and product concentrations predicted 
by the model. A derivative-free algorithm, supplied with initial parameter values, searched 

for the values of the model parameters that minimized the sum of the squared residuals. In 
some cases it was found the resulting parameter values the apparently minimized the sum of 

the squared residuals were dependent on the initial parameter values supplied to the program. 

As a result, the search algorithm was restarted with a range of initial parameter values to try 

to ensure that the final sum of the squared residuals was truly a global minimum as opposed 
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to only a localized minimum. The linear correlation of parameters was calculated and used 

as an estimate of the correlation between parameters in the non-linear models. 

Since only GC analysis was performed on the reaction products independent 

measurements of only propane, propene, carbon dioxide and carbon monoxide 

concentrations were made. Only these components were included in the regression analysis. 

In some cases, factors were centered about their mean values. For example't when the partial 

pressure of a species is raised to a power in a rate expression the following form was 

assumed: 

r;=k,(;)' (4.1) 

where the partial pressure (P) was divided by an approximated mean value (rz). Such a 

centering procedure eases the parameter search by minimizing correlations between the order 

(a) and the pre-exponential factor. The distribution of the factors about their mean is 

emphasized instead of their absolute values [75]. Similarly, rate constants were expressed in 

the following Arrhenius form: 

k, = k,. exp[-~ G -T~ ) ] (4.2) 

where the inverse temperature is centred about the inverse mean temperature, such that the 

fitted pre-exponential factors are determined at the mean temperature (530°C). 

In order to reduce the number of parameters to be fitted in the regression analysis, 

constant estimated values of the entropy change of adsorption (!lS
0

at1s) at standard conditions 

( 1 atm and 25°C) were used. The translational contribution to the gas phase entropy was 

calculated from quantum mechanical theory, while the vibrational contribution can be 

considered negligibly small for low molecular weight molecules [76]. With literature values 

for the total gas phase entropy for each component [77), the rotational contribution was 

calculated. Mixture effects on the gas phase entropy were considered negligible. It was 

assumed that upon adsorption, a molecule loses all of its translational entropy and two thirds 

of its rotational entropy. Such an estimate of M
0

ads must be considered a maximum since it 

is possible for a molecule to have some limited mobility on the catalyst surface and thus 

retain part of its translational entropy. The estimated values of !lS
0

at1s for oxygen, propene 

and carbon monoxide were -178, -230 and -174 J mor1 K 1
, respectively. The adsorption 

equilibrium constant of a species may be expressed as 

(
Mo M/

0 

) 

KaJs = exp Rau R; (4.3) 
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and thus only the enthalpy change upon adsorption (ilH ads) is left as an adjustable parameter. 

The development of equation 4.3 and the calculation of the M
0

ads values is shown in greater 

detail in Appendix C. 

The variance of results from the replicated conditions was used to estimate the error 

resulting from uncontrollable variations during the experiments. For a model to be 

considered adequate, the variance of the model from the data ought to be no greater than the 

estimated uncontrollable experimental variance. The two variances were compared with an 

F-test at a 95% significance level. In the case of nonlinear regression, the F-distribution is 

not strictly applicable, but without knowledge of the true distribution it still provides some 

measure of the lack of fit of the model [78). 

4.2 Power law models 
Power law models examined the effect that gas phase concentrations of the reactants had 

on the reaction rates. However, before power law rate models could be constructed, reaction 

schemes had to be selected. In the following series type reaction scheme, all propene is 

produced from the oxidation of propane and all carbon ox.ides are produced from the further 

oxidation of propene: 

C3Hs + 0.502 ➔ C3H6 + H20 

C3H6 + 30i ➔ 3CO + 3H20 

C3H6 + 4.50i ➔ 3C02 + 3H20 
The corresponding rate equations are 

(4.4) 

(4.5) 

(4.6) 

(4.7) 

(4.8) 

(4.9) 

Expressions for the rate constants in the form of Equation 4.2, were used. This model will 

be called PLl. An alternative to the above scheme, is to produce all carbon dioxide from the 

further oxidation of carbon monoxide. In such a scheme reaction 4.6 is replaced by 

CO+ 0.502 ➔ CO2 (4.10) 
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and Equation 4.9 becomes 

Pco 0: 
( ) f/!(p J' 

T3 =k3 p~ p;.,_ (4.11) 

This alternative model will be called PL2. Table 4.3 shows the values of the fitted 
parameters for PLl and PL2 and their approximate 95% confidence intervals. In Table 4.4, 

the sum of the squared residuals (SS) for PLl and PL2 are compared. The two resulting 
power law models had an equal number of parameters (12). Both models fit the data rather 
well with no significant lack of fit indicated for either. Also, the linearly estimated 
correlations between parameters was very low, being in all cases less than 0.6. 

Table4.3 
Parameters of PLI and PL2 by least-squares regression 
Model Parameter Value Confidence Units 

Interval (95 % ) 
PLl 

PL2 

Eal 

a 
b 
C 

d 
e 
f 

kro 
k20 
k10 
Eal 

Ea2 

Ea3 

a 
b 
C 

d 
e 
f 

7.45 
2.74 
5.34 
l.24xl05 

l.23xl05 

1.02xl05 

5.30xlff1 

2.89xlff1 

3.80xl0-1 

l.65xlff1 

2.56xlff1 

2.82xlff1 

7.45 
8.15 
l.23xl01 

l.24x105 

l.08xl05 

3.llxl04 

5.3 lxl0·1 

2.89xlff1 

2.96xlff1 

2.43xlff1 

6.22xl0-1 

1.5 lxlff1 

:t4.97x10·1 

±2.77xl0·1 

±2.64xl0·1 

±2.llxl04 

±2.62xl04 

±l.4lxl04 

±l.87x10-1 

±l.60xl0-1 

±6.50xl0-2 

±l.78xl0·1 

±2.93x10·2 

±1.06xlff1 

±5.03xl0-l 
±3.78xl0-1 

±1.44 
±2.l lxl04 

±1.27xl04 

±2.27xl04 

±1.86xlff1 

±l.60xl0-1 

±2.95xlff2 

±9.l lxlff2 

±l.06xlO•l 
±l.24xlff1 
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Table 4.4 
Sum of squared residuals (SS) for PLl and PL2 
Model Number of Parameters 
PLl 12 
PU 12 

ss 
7.47xl0-
7.S3xlff2 

4. Steady-state kinetics 

Power law models based on other reaction schemes were examined. One was a 

completely competitive reaction scheme. whereby propene. carbon monoxide and carbon 

dioxide are all produced from the oxidation of propane. The SS for this model was very high 
(6.2x10-1) and it was rejected due to lack of fit The residuals were particularly high for 

experiments in which propene was a feed reactant. indicating of course that such a reaction 

scheme could not adequately describe the quantities of carbon oxides produced only from 

propane. Reaction schemes that combined the series and competitive schemes were also 

examined. These models have an increased number of parameters because they allow for 

alternative routes for producing carbon oxide: either directly from propane or from the 

intermediate propene. There were high correlations between parameters in these models and 

only a small decrease in the SS was achieved compared to the series models. The simple 
series type models adequately described the data and produced well-defined parameters. 

In both the series-type power law models the power on propane pressure was about 0.5 

and on propene about 0.3. The power on oxygen pressure tended to be less, ranging from 

0.15 to 0.3. Moreover, the confidence intervals were larger for the power of oxygen 

pressure, showing they were less significant The general conclusion could be drawn that the 

hydrocarbon gas phase partial pressures tended to have a greater effect on the reaction rates 

than did oxygen. From a mechanistic viewpoint, it suggested that the catalyst at these 

reaction conditions was nearly saturated with oxygen or completely oxidized. 

4.3 Mechanistic Models 
To construct mechanistic models, plausible reaction mechanisms must be formulated 

based on physical and chemical grounds. Four different mechanistic models are formulated 
and compared here. Other models were tested; however those presented here show 

interesting characteristics of the data and, more or less, successfully describe the data. 

The first step may be the adsorption of propane or the reaction of propane with the 

catalyst surface. Since the alkane lacks 1t-bonding electrons, it is reasonable to assume that 

propane, if it adsorbs on the surface, is immediately dehydrogenated to propene, upon 

reaction with surface oxygen 

CJHs + • ➔ • C 3Hs (slow) 
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4. Steady-state kinetics 

where • represents a free surface site. An alternative to the above is that gas phase propane 

reacts directly with surface oxygen and is dehydrogenated, producing propene 

C3Ha + •O ➔ •C3H6 + H20 (4.13) 
In either case, it is assumed that an equilibrium is established between adsorbed and gas 

phase propene: 

- 3H6 H. + C3H6 (4.14) 
Finally, the adsorbed propene may further react with surface oxygen to produce carbon 

oxides 
(4.15) 

where n equals 1 or 2. Oxygen may be adsorbed from the gas phase onto the catalyst surface 

0i H 2 •0 (4.16) 

Reaction products may also be adsorbed. An alternative to oxygen being supplied to the 

surf ace by adsorption from the gas phase, is to consider reactions 4.12b or 4.13 and 4.15 to 

reduce the catalyst surface. Gas phase oxygen, then in a separate reaction with its own 

kinetics, re-oxidizes the catalyst surf ace 

Oi ➔ 2 •O (4.17) 

The relative rates of the reducing and oxidizing reactions govern the oxidation state of the 

catalyst. This redox type of reaction scheme represents Mars-Van Krevelen type kinetics. 

For all of the mechanistic models, it was not possible to account for the oxidation of 

carbon monoxide to carbon dioxide or express their production with separate equations 

without introducing significant correlations among parameters. This is due to the small 

variation in the ratio of the carbon oxide products in the data collected. Thus all of the 

mechanistic models developed only estimate the total quantities of carbon oxides produced. 

For purposes of accurately estimating the consumption of oxygen, all of the mechanistic 

models contained a power law model that determined the ratio of carbon dioxide to carbon 

monoxide, which was normally close to 1.5. 

The reactions for the first model are 4.12 and 4.15 above. Oxygen, propene and carbon 

monoxide compete for the same adsorption sites. This kinetic model will be called LH 1. 

The appropriate rate equations are: 

r1 = k1 Pc3H, 0a 

r2 = k28c,H6 ei 

(4.18) 

(4.19) 

where 0 represents the fraction of free sites on the catalyst surface. Equation 4.19 expresses 

the total production of carbon oxides. The expressions for the fractional coverage of oxygen 
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(0o) and propene (8c3H6), based on Langmuir adsorption isotherms, are 

0 - ✓Ko:.Po: 
o - l+Kc3H6P½H6 +✓Ko:PO: +KcoPco 

(4.20) 

K P. 
0 = C3H6 C3 H6 

C1H<> 1 + Kc'JH6 PcJH, +✓Ko: po,. + Keo Pco 
(4.21) 

Including carbon monoxide adsorption improved the fit of the model. In all models 

tested in which oxygen competed with other species for adsorption sites, the least squares 
solution for the parameters tended towards a small coverage of oxygen. The result was that 

6.H
0

02 became highly correlated with k20 such that the least squared solution could not be 
found. To prevent this correlation, a lumped parameter expressing k20 K02 o.sb was estimated. 

This approach tested the suitability of the model and avoided excessive correlation of 
parameters. 

In the next model, oxygen adsorbs on separate sites. In addition, it will be assumed that 

gas phase propane reacts directly with oxygen on the catalyst surface. This model will be 
called LH2 and its reactions are 4.13 and 4.15. The LH2 rate equations are 

r1 = k1 Pc
3
H, Bo 

r2 = k28c1H, 9o 

(4.22) 

(4.23) 

Oxygen and propene adsorbed on separate sites and including carbon monoxide adsorption 

did not improve the fit of the model. The expressions for the fractional coverage of oxygen 

(0o) and propene (0c1n6) are 

0 - .JKo,. Po,. 
o - l + .J Ko,. Po,. 

(4.24) 

(4.25) 

For the LH2 model, the entropy of adsorption of oxygen was not estimated, thus one 

additional parameter was used to describe the adsorption of oxygen. The expression used for 

the adsorption equilibrium constant for oxygen, in this case, was: 

K Ko - o,. 1 1 
[ Ml°( )] 0: = Oi exp R T - rm (4.26) 

Upon fitting the LH2 model it was found that the parameter K
0

O2, was highly correlated 

with kw, kw, Ea1 and Ea2. Attempts at reducing the correlation by estimating lumped 
parameters failed. But despite the correlation problems, a least-squares solution was found. 
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Table 4.5 shows the values of the fitted parameters for LH 1 and LH2 and their confidence 

intervals. No significant lack of fit was indicated for either model. 

The rate equations for the first Mars-Van Krevelen type kinetic model, which will be 
called MVl, are 

r2 = k28c,H,. (1- /3) 

r3 = k3Po:/3 

(4.27) 

(4.28) 

(4.29) 

where /3 represents the degree of reduction of the catalysL Equations 4.27 and 4.28 above 

represent the rate at which the catalyst is reduced, while equation 4.29 is the rate at which it 

is re-oxidized. At steady-state, the total rate of oxygen consumption from the catalyst 

surface, must equal the rate at which it is replaced from the gas phase. Thus, it is possible to 

Table 4.5 
Parameters of LHI and LH2 by least-squares regression 
Model Parameter Value Confidence Units 

Interval (95%) 
LHl kw l.48xl02 ±l.70xl01 ml STP min·1 (g catr1 bar"1 

k20Ko2 0.5b 3.03xl01 ±l.78xl01 ml STP min"1 (g catr1 

Eal l.04xl05 ±2.16x104 Jmor1 

Ea2 l.05xl05 ±3.04xl04 J mor1 

" -2.20xl05 ±4.69x103 Jmor 1 
~C3H6 

M-!"co -l.85x105 ±6.84x103 Jmor1 

a l.84xlQ-l ±9.83x10-2 

b 5.68xl0-1 ±3.43xlff1 

LH2 k10 3.36xl02 ±l.91x102 ml STP min"1 (g catr1 bar"1 

k20 3.16xl01 ±l.84xl01 ml STP min·1 (g catr1 

Eal l.23x104 ±l.25xl05 Jmor1 

Ea2 2.34xl04 ±l.3lxl05 I mor1 
Q 

-2.29xl05 ±l.53xl03 Jmor1 
tlJlc3H6 

tlll
0

02 3.56x105 ±3.59xl05 I mor1 

Q 

3.58 ±7.18 bar·1 
K 02 
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solve for /3 as 

05k P. fr+ 3(3x+ 2) k 8 
1 C3H1 2(X + 1) 2 C1H,, 

/3 = 3(3x+2) 
kP +---kfJ 

3 0: 2(X+ 1) 2 C3H6 

(4.30) 

where x is the ratio of carbon dioxide to carbon monoxide. Propene was assumed to be the 

only species that adsorbs to the catalyst surface, and its fractional coverage was represented 
by 

(4.31) 

In MV 1 the rate of reaction of propane is assumed to depend on the fraction of free sites 

(equation 4.27). An alternative is to have it depend on the quantity of oxygen on the catalyst 

or the degree of oxidation of the catalyst Such a kinetic model will be called MV2. Its rate 

equations are the same as those for MV 1 except equation 4.27 is replaced by 

and the corresponding expression for /3 becomes 

O5k p + 3(3x+2) k 0 
1 C1H, 2(x + I) 2 c1H,. 

P=-----...;._ __ 
3(3x+2) 

k3 P0 +05k1P.cH +----k,,8cu 
z 3 • 2(x + 1) - 1 ,, 

(4.32) 

(4.33) 

Table 4.6 shows the values of the fitted parameters and their confidence intervals for 

both MVI and MV2. No significant lack of fit was indicated for either model and 

correlations between parameters were moderate at less than 0.8 in all cases. In Table 4. 7, the 

SS is compared for each of the mechanistic models. The SS values for the mechanistic 

models do not vary greatly, but the MV2 model does have the lowest SS. 

In the LHl mechanistic model, all of the parameters included in the regression analysis 

were significant. However, the value of parameter a was small at 0.18, indicating the 

reaction rate of propane has little dependence on the fraction of free sites. The value of 

parameter b is also small at 0.57. This power on the fraction of oxygen coverage was 

included because it was thought that the rate of reaction 4.15 may have a higher order 

dependence on the oxygen coverage. Parameter b was moderately correlated with Mlc3H6, 
which accounts for its large confidence interval. If parameter b is removed from the model 
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Table4.6 
Parameters of MV l and MV2 bx: least-sguares regression 
Model Parameter Value Confidence Interval 

(95%) 
MVl k10 l.43xl02 ±l.28xl01 

k20 l.63xl01 ±3.45 
k10 2.12xl02 ±l.05xl02 

Eal l.08xl05 ±2.17xl04 

Ea2 7.06xl04 ±4.60xl04 

Ea3 3.26xl05 ±1.1 lxl05 
0 

-2.27x105 ±l.74xl03 
iMlcJH6 

a l.42xlQ•l ±6.69xlff2 

MV2 k10 l.63xl02 ±l.69xl01 

kw l.88x101 ±3.44 
k10 l.58xl02 ±4.18xl01 

Eal 7.55xl04 ±2.77xl04 

Ea2 6.40xl04 ±3.63xl04 

Ea3 2.90x105 ±6.32xl04 

0 

-2.26x105 ±l.79x103 
tlifcJH6 

Table 4.7 
Sum of squared residuals (SS) for mechanistic models 
Model Number of Parameters 
LHl 8 
LH2 7 
MVl 8 
MV2 7 
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Units 

ml STP min·1 (g catf1 bar·1 

ml STP min·1 (g catf1 

ml STP mm·1 (g cat)-1 bar·1 

Jmor1 

Jmor1 

Jmor1 

J mor1 

ml STP min·1 (g catr1 ba{1 

ml STP min·1 (g catf 1 

ml STP min·1 (g catr1 baf1 

J mor1 

J mor1 

J mor1 

Jmor 1 

ss 
7.68xlff 
7.7lxlff2 

7.86xlff2 

7.29xlff2 

and the dependence on oxygen coverage is set to an order of one, the SS became inflated 

such that significant lack of fit resulted. The total power on the gas phase oxygen pressure 
(P02) in LHl is 0.28 (0.5xb), which is close to the power on oxygen in the power law models 

for the production of carbon oxides. The results of the LH 1 and power law models 

concerning the oxygen coverage appear to be contradictory. The low dependence on oxygen 

pressure in the power law models suggest the catalyst surface is nearly saturated with 
oxygen, yet the LHI model demands a low oxygen surface coverage. However, crucial to 

the LH 1 model's satisfactorily fitting the data is the low value of parameter b that forces the 

dependence on oxygen partial pressure to be nearly that in the power law models. 

In the LH2 model an order of one on the oxygen coverage for the reaction of propane 

was sufficient. The most striking result of the model was the positive value for the heat of 
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adsorption of oxygen (tJllo2). The model apparently required a higher concentration of 

oxygen on the catalyst surface at higher temperatures. 

Both of the Mars-Van Krevelen type kinetic models, MV l and MV2 fit the data 

satisfactorily without large correlations between the parameters. In MVl, the value of 

parameter a is low, indicating, as with the LH 1 model, only a small dependence of the 

propane reaction rate on the fraction of empty sites. Thus, the reaction rate of propane is 

better described as being dependent on the degree of oxidation of the catalyst as in MV2, or 

similarly LH2. This is further supported by the lower SS for the MV2 model than the MV l 
model in Table 4.7. For both Mars-van Krevelen type models, the activation energy for the 

oxidation reaction (Ea1) is greater than that for either of the reducing reactions (Ea1 and Ea2). 

This indicates that the catalyst tends to be more oxidized at higher temperatures which 

corresponds to the higher oxygen surface concentration at higher temperatures predicted by 
the LH2 model. 

4.4 Conclusions and critical analysis 
The fact that no reactions occurred in the blank experiments indicated that gas-phase­

initiated reactions do not occur at the reaction conditions considered. In addition, reactions in 

the gas phase involving desorbed radical species were not considered to play a role because 

of the moderate reaction temperatures and because of precautions taken to minimize the void 
gas volume in the reactor. 

Figure 4.1 depicts the reaction mechanism, at the reaction conditions examined, 

suggested by the kinetic modelling. The low dependence of the propane reaction rate on free 

sites on the catalyst in the LH 1 and MV l models and the absence of gas phase initiating 

reactions indicated that gas phase propane reacts with oxygen on the catalyst surface by an 

Eley-Rideal type mechanism. It is possible that propane is initially only dehydrogenated to 
form an adsorbed propyl species ( •C3H1 ). In the models examined, it is assumed that this 

species is easily further dehydrogenated to adsorbed propene, which is in equilibrium with 
gas phase propene. The adsorbed propene can be further oxidized by surface oxygen species 

to carbon oxides. The difficulty in describing the surf ace oxygen concentration by the LH l 

and LH2 models suggest that kinetic models of the Mars-van Krevelen type are more 

suitable. Apparently~ the oxygen surface concentration cannot be described as in equilibrium 
with the gas phase; instead, oxygen reacts with the catalyst with its own kinetics. Of course 

this model is probably simplistic and there could be multiple steps involved in the 

transformation of gas phase oxygen into active lattice or surface oxygen. 
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+O<s> ra: C3H6(s) 

r2 l +O(s) 

cox(g) 

Figure 4.1 Proposed reaction mechanism; ( ■ ) oxygen vacancy 

The proposed reaction mechanism is entirely consecutive. Propene is the initial product 

and carbon oxides are formed from the further oxidation of propene. It is conceivable that 

some carbon oxides could be produced directly from the oxidation of propane. Huff and 

Schmidt have found that at very short residence times from 6 to lO ms, the selectivity for the 

oxidative dehydrogenation of isobutane is nearly constant and independent of the conversion 

[79]. But when residence times were increased beyond this range and conversion further 

increased, selectivity for dehydrogenation products decreased sharply. Presumably at the 

very short residence times, carbon oxides were formed almost exclusively from isobutane; 

however, at higher residence times, a consecutive mechanism began to dominate and carbon 

oxides were increasingly produced from the dehydrogenation products. For the set of data 

examined here, including a competitive route for production of carbon oxides from propane 

did not improve the fit of the models, as discussed for the power law models. In addition the 

parameters for the competitive route were highly correlated with those for the consecutive 

route. For the set of data examined, the consecutive reaction route probably dominated. 

Based on the proposed reaction mechanism, the key to obtaining a high selectivity for 

propene, is preventing its further oxidation. In particular, the strength of adsorption of 

propene to the catalyst largely influences the selectivity. Recent work investigating the effect 

of the catalyst basicity, which presumably influences the adsorption of the alkene, largely 

supports this finding [54-59]. 

It should be emphasized that no effort was made to examine the reaction kinetics that 

determine the selectivity between carbon monoxide and carbon dioxide. Kinetic data were 

inadequate for such an investigation and it was considered secondary to the overall kinetics 

governing propene and carbon oxide selectivity. 
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5. Reaction-condition-induced changes in catalyst 

During collection of the data for the factorial design of experimental conditions 

discussed in chapter 4, it was found that the selectivity of the catalyst may have been 

affected by previous conditions to which the catalyst had been exposed. In the experimental 

procedure, special precautions were ta.ken to ensure that data were collected with the catalyst 

in about the same condition. This chapter describes the procedures followed to collect the 

factorial design data and the observed changes in the catalyst selectivity. In addition, the 

results of some further experiments, that seem to indicate the type of reaction conditions 

having the largest influence on selectivity are discussed. 

5.1 Collection of factorial design experimental data 
In a typical experimental run to collect the factorial design data, the catalyst was first 

exposed to a standard set of reaction conditions. The standard reaction conditions were 

propane, oxygen and propene feed concentrations of 4.5%, 9% and 0%, respectively, and a 

reaction temperature of 530°C. After 3 hat the standard reaction conditions, the conditions 

were changed successively to three sets of randomly chosen conditions from the factorial 

design. Each set of the factorial design conditions was maintained for 3 h. Afterwards, the 

reaction conditions were again returned to the standard reaction conditions after which 

another three sets of factorial design conditions were run. This process was repeated for each 

set of the factorial design conditions. 

Figures 5. la and 5.lb show the product selectivities and reactant conversions 

respectively at the standard reaction conditions for a typical experimental run. The initial 

selectivity for propene was just over 60% and decreased during the first 3 h of reaction while 

at the same time the selectivity for carbon dioxide increased from about 23% to about 50% 

and the selectivity for carbon monoxide appeared to be about constant This trend continued 

after the first batch of three factorial design conditions were run. In this period, the 

conversion of propane was constant at about 5.5%. Reflecting the change in selectivity from 

propene to carbon dioxide, the conversion of oxygen increased. Before the second batch of 

factorial design conditions was run, the selectivities for propene and carbon dioxide reached 

about constant levels at 45% and 40% respectively. The selectivities remained constant until 

the fourth batch of factorial design conditions were run; thereafter, the selectivity for propene 

decreased dramatically to about 33% while that for carbon dioxide increased to 50%. This 

large change in selectivities was accompanied by an increase in the conversion of oxygen to 

about 9.5%, but again the conversion of propane remained constant. Further batches of 
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Figure 5.1 Typical activity and selectivity measurements at standard 
conditions 4/9/0/530 (this notation meaning 4% propane, 9% oxygen 
0% propene and 530°C) during an experimental run:(□) propane, (o) 
oxygen,(•) carbon dioxide,(■) carbon monoxide,(•) propene. 

factorial design conditions were run but the selectivity of the catalyst for propene remained at 
this low level; thus, the change in selectivity seemed irreversible. 

The tendency for the selectivity of carbon dioxide to increase at the expense of propene 

initially and then reach about a constant level for a period of varying length was reproducible 

for each experimental run with fresh samples of catalyst. In addition during this period, the 

conversion of propane was about constant. The further large decrease in selectivity for 

propene occurred after three to five batches of factorial design conditions were run. It seems 

that the activity and selectivity characteristics of the catalyst at a given set of reaction 
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conditions were dependent on previous conditions to which the catalyst had been exposed. 

Because the factorial design conditions were run in random batches of three, it was difficult 

to clearly determine if any particular type of conditions caused the shift in selectivity from 

propene to carbon dioxide. However, it should be noted that in all of the factorial design 

conditions in the fourth batch, in Figure 5.1, the ratio of oxygen to propane was two to one, 

suggesting reaction conditions with an excess of oxygen may have a particularly strong 

influence on the behaviour of the catalysL 

For the intended study of the reaction kinetics, only data for factorial design conditions 
were included if the standard reaction conditions, run before and after, produced about the 

same selectivities and conversion of reactants. Thus, the standard reaction conditions were 

used to decide if significant changes in the catalyst had occurred. A set of kinetic data for 
the reaction, with the catalyst in presumably the same condition, was collected. Thus, the 

kinetic models in chapter 4, do not account for any of these observed changes in selectivity. 

5.2 Effect of different previous reaction conditiom on selectivity 
Further experiments were performed to examine the effect of the initial reaction 

conditions on the selectivity at standard reaction conditions. Two different initial reaction 

conditions were compared: one in which the reactant concentrations were 12% oxygen and 

3% propane, which from this point on will be called the "oxidizing conditions". For the 

other conditions, the reactant concentrations were 6% oxygen and 6% propane~ which will be 

called the "reducing conditions". The reaction temperature was 530°C. The names of the 

reaction conditions are not chosen to suggest that the catalyst is necessarily reduced or 
oxidized at either of them, but are used only to express the differences in the ratios of the 

reactants between the conditions. 

Figures 5.2a and 5.2b show the results when the fresh catalyst is exposed to the reducing 

conditions. In contrast to the results for the standard reaction conditions, there is no initial 
decrease in the selectivity for propene. As Figures 5.3a and 5.3b indicate, when the fresh 

catalyst is exposed to the oxidizing conditions, the selectivity for propene decreased and 
became nearly constant after 9 h on stream, while the conversion of propane was about 

constanL After exposure of the catalyst to the oxidizing and reducing conditions, the activity 
and selectivity at the standard conditions were measured. When the fresh catalyst was first 

exposed to the oxidizing or reducing conditions, the activity and selectivity at the standard 

conditions were constant. 

In Table 5.1, the activity and selectivity of the two sets of reaction conditions after 9 h of 

reaction on the fresh catalyst are compared to those predicted by the series-type power law 

model in which all carbon oxides are produced from the further oxidation of propene. The 

activity and selectivity predicted by the model can be regarded as the results expected if the 

fresh catalyst were first exposed to the standard conditions. The propane conversion differs 
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Figure 5.2 Activity and selectivity of fresh catalyst exposed to reducing conditions, symbols 
as in Fig. 5.1 

Table 5. l 
Comparison of catalyst performance under oxidizing and reducing conditions 

Oxidizing conditions 
(3% C3Hs, 12% 02) 
Fresh Catalysta Model6 

C3Hs conv. (%) 6.1 6.6 
C3H6 selec. (%) 30 51 
a After 9 h on stream. 
b Predicted by power law model. 

Reducing conditions 
(6% C3Hs, 6% Ci) 
Fresh Catalysta Model6 

4.4 3.8 
64 61 

little between either the reducing and oxidizing conditions or the model predicted 

conversions. However, the measured selectivity for propene, of about 30% under oxidizing 

conditions is considerably lower than that predicted by the model. For the reducing 

conditions, the selectivity for propene is only slightly higher than that for the model and may 

be no greater than a difference due to experimental error. 
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Figure 5.3 Activity and selectivity of fresh catalyst exposed to oxidizing conditions, symbols 
as in Fig. 5.1. 

In Table 5.2, the activity and selectivity are compared for the standard conditions, after 

the fresh catalyst was exposed to the two sets of initial conditions tested. The mean activity 

and selectivity of the standard conditions, can be regarded as those expected after the fresh 

catalyst was exposed to the standard conditions. The conversion of propane is about the 

same at all of the conditions in Table 5.2. However, the selectivity for propene at the 

oxidizing conditions is 3% lower than that expected if the initial conditions were the 

standard conditions. For the reducing conditions, the opposite is true, the selectivity for 

propene is 2% higher. Since the range of propene selectivities at the standard conditions was 

from 46% to 51 %, these differences are probably attributable only to experimental error. 
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Table 5.2 
Comparison of performance at standard conditions after varying initial conditions 

Initial conditionsa 
Standard Oxidizing 
conditionsb conditions 

C3Hg conv. (%} 5.2 5.6 
C3H6 selec. (%} 49 46 
a Conditions to which fresh catalyst was exposed. 
b Obtained from average of standard conditions. 

Reducing 
conditions 
5.3 
51 

In Figure 5.4, diffractograms are shown of catalyst samples run for 12 hat the oxidizing 

and reducing conditions. The only phases identified in either catalyst sample were 

magnesium oxide and magnesium orthovanadate. There are no significant differences 

between the diffractograms of the catalyst run at the two reaction conditions. There are, 

however, differences between the diffractograms of the fresh catalyst (Figure 3.1) and the 

used catalysts. In Figure 5.4, the peaks associated with the magnesium oxide phase are 

smaller and slightly broader. Exposing the catalyst to reaction conditions appears to degrade 

the crystals of the magnesium oxide phase, while those of the magnesium orthovanadate 

phase are unaffected. 

Overalt the trend in Table 5.2 and the results for the oxidizing conditions in Table 5.1 

indicate that initially exposing the catalyst to conditions with an excess of oxygen reduces 

the selectivity for propene. This adverse effect of reaction conditions with excess oxygen on 

the catalyst's selectivity has not previously been reported in the literature for the Mg-V-O 

catalyst or to my knowledge any other oxidative dehydrogenation catalyst. However, the 

importance of the influence of the reaction environment on the selectivity of partial oxidation 

catalysts at future reaction conditions has been recognized and reviewed [80). Various 

physical changes to the catalyst surface have been suggested as causes for this type of 
phenomenon. The XRD analysis results indicate there are no detectable differences in the 

bulk structure of the catalyst exposed to either the oxidizing or reducing conditions, and so 

the changes to the catalyst may be limited to the surface. One could speculate that the 

oxidizing conditions may increase the concentration or promote the creation of more weakly 

bound, less selectively reacting surface oxygen, which persists even after the reaction 

conditions are changed to those that are less oxidizing. 
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Figure 5.4 X-ray diffractograms of Mg-V-O catalyst exposed to (a) oxidizing and (b) 
reducing conditions. 
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6. Step-change transient kinetic analysis 

6.1 Transient response techniques 

The simplest method for studying a reaction mechanism is the fitting of steady-state data 

to various kinetic models, which is the approach used in Chapter 4. The steady-state 

data are gathered over a range of reaction conditions. A problem with this method is that 
often many kinetic models fit equally well to the same set of data. As with all experimental 

work7 a portion of the variation of the data results from uncontrollable experimental error. 

The remaining variation of the da~ which is assumed to result from variations in reaction 
conditions, can be too small to distinguish among different kinetic models. Also, for a 

complex reaction it is often necessary to collect kinetic data over a wide range of conditions 

at many concentration levels of reactants and products in order to infer a complete reaction 

mechanism. Steady-state data can often provide useful empirical models even though such 
models may have no mechanistic interpretation. 

A catalytic reaction, either homogeneous in the gas phase or heterogeneous, consists of a 

series of elementary steps. Their sequential structure means that at steady-state, the rate of 

the overall reaction is only as fast as the slowest or rate-determining step. When a reaction is 

disturbed from its steady-state, other steps in the reaction mechanism can temporarily 
become rate-determining during the transient period as the new steady-state is approached. 

The result is that the transient response curves of the products will display characteristic time 

constants according to the kinetic structure of the reaction. 

Transient response techniques for investigations of reaction mechanisms have been 
reviewed [81,82). Kobayashi [83) used a series of model reaction mechanisms to simulate 
product transient response curves resulting from a step-change in the reactant feed 

concentration. The simulated reactions were heterogeneous and occurred over a catalyst with 

one or more types of active sites, unconstrained by the rate of mass transfer. The reactor was 

operated differentially, i.e. conversion was low and concentration gradients along the reactor 

axis could be neglected. Figure 6.1 shows four basic types of transient product responses 

resulting from a step-change increase in the reactant concentration at time zero. For the Type 

I response, the product concentration increases immediately. This means there are negligible 

quantities of adsorbed surface intermediates and the surface reaction itself or the adsorption 

of the reactant is the rate-determining step. The Type II response is a monotonic increase in 

product concentration. Here, the desorption of the product alone or product desorption in 

combination with surface reaction or reactant adsorption are the rate-determining steps. Next 

is the Type III, overshoot response. This response indicates that regeneration of either active 
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Type I 
Instantaneous Response 
{a) Surface Reaction 
(b) Adsorption of Reactant 

Type II 
Monotonic Response 
(c} Desorption of Product 
{d} Combination of (a} and (c} 
{e) Combination of (b) and (c) 

Type Ill 
Overshoot Response 
(f) Regeneration of Active Surface 
Species or of Active Sites 
(g} Competitive Adsorption of 
Reaction Components 

Type lV 
S-shape Response 
(h) Presence of some Stable 
Surface lntennediates 

Figure 6.1 Product transient responses and rate-determining steps 

surface species or sites is rate controlling. The overshoot response results when fresh 

catalyst, initially with a maximum number of active sites, is first exposed to the reactant. 

The reaction may be very fast, and begins to deplete the active sites. In a separate, slower 

reaction, the active sites are regenerated. The result is a rapid initial reaction rate, followed 

by a reduced rate as steady-state is approached. The S-shape response is Type IV. For this 

response, an induction period occurs, indicating the development of a significant 

concentration of stable intermediate species on the catalyst surface. The appearance of the 

product is delayed until enough of the intennediate species accumulate. The types of 

responses discussed here are only the very simplest. In a real reaction, one could expect 

combinations of these simple responses occurring. For example, the Type II and ID 

responses could occur simultaneously. The increase in product concentration may be slow at 

first, occurring monotonically, due to readsorption of the product. However, it could reach a 

maximum later and then decrease as the regeneration of active sites becomes rate limiting. 
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Thus, for complex reaction mechanisms with several products, combinations of responses 

may occur, each being different for each product 

The variable most often used to force a transient response on a reaction system is one or 

all of the reactant feed concentrations, because they can be changed so abruptly. Forcing 

repeated and regular changes in reactant concentration (often in the form of square-wave 

inputs) on a reaction system is referred to as periodic operation. In such a case, the reaction 

may be in a constant state of transient response. An exception occurs when the changes are 

made at such a low frequency that the system has time to reach a steady-state between the 

changes. There are many examples in the literature of the use of transient response 

techniques and/or periodic operation for the study of reaction mechanisms [84,85]. 

Transient response methods do suffer from some weaknesses. In particular, it may be 

possible that the reaction mechanism inferred from the transient response is different from 

that inferred from steady-state behaviour. This is particularly true if large disturbances to the 

reaction are imposed such as during start-up. Large changes in the reaction environment can 

cause structural changes in the catalys~ a point that must be borne in mind in the design and 
interpretation of transient experiments. Otherwise, transient results can be misunderstood. 

To ensure the observation of steady-state kinetics, ideally only very small step-changes 

in reactant concentration should be imposed. However, from a practical viewpoint, it can be 

very difficult to measure the resulting transients, especially if the reactor is operated 

differentially and the product concentrations are already very low. As a result, experiments 

involving start-up and interruption of a reaction are most often used in transient kinetic 

studies. With transient response techniques., another important consideration is that, if 

possible, the reactor be designed to eliminate mass transfer interferences so that only the 

effect of the reaction kinetics is observed. However, particularly in small-scale reactors, 

mass transfer effects in the catalyst bulk can often be convoluted with the transient 

responses. Also, if the reaction occurs at high temperature or, more importantly, is very fast, 

measuring transients requires high-speed analytical equipment. 

6.2 Transient response techniques applied to oxidative dehydrogenation 
Various step-change experiments were carried out on oxidative dehydrogenation of 

propane over Mg-V-O, both on starting-up and on interrupting the reaction from steady-state. 

The objective of this non-steady-state kinetic investigation was to extensively investigate the 

reaction mechanism. 

The reaction conditions used were close to those used in the steady-state investigation of 

the reaction kinetics, discussed in Chapter 4. In all experiments, reaction was carried out at 

510°C with 15 to 30 mg of catalyst. The reactor was operated at or near differential 

conversions of the reactants: steady-state propane and oxygen conversion were always less 

than 6 and 14% respectively. The total feed flowrate was held constant at 50 ml (STP) min-1
. 
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To provide insight into the state of the catalyst during reaction, the masses of carbon or 
oxygen either accumulated or removed from the catalyst during step-changes were estimated. 
Due to unavoidable dispersion and mixing effects., true step-changes in the feed 
concentration could not be generated. Instead, mass balance calculations were based on 

measurements of the 'real step-changes' in feed concentrations obtained. These were 
measured by carrying out the step-changes at the same conditions except that the catalyst was 
replaced by a similar quantity of granular quartz chips. 
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Figure 6.2 Reactant and product responses after reaction start-up 

6.3 Reaction start-up with fresh catalyst 

Figure 6.2 shows the results of a step-change from an initial feed containing 6% oxygen 

to a reaction mixture of 6% oxygen and 3% propane over 21 mg of fresh catalyst. The step­
change is shown at time zero. From the delayed response of propane, it can be seen that the 

lag due to the gas hold-up for the reactor system was about 9 s. The broken curves in Figure 
6.2a show the inlet concentrations of the reactants estimated by performing the step-change 

at the same conditions except with the catalyst replaced by quartz chips. The transient 
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responses support a redox type of reaction mechanism in which propane reacts with oxygen 

on the catalyst and gas phase oxygen re-oxidizes the catalyst. Figure 6.2a shows that with 

the fully oxidized fresh catalyst, propane began to react immediately (line 1), while the 

reaction of oxygen was delayed about 4 s (line 2) until the catalyst was partially reduced. All 

of the products followed an overshoot type of response. Initially with an excess of oxygen 
on the catalyst, the reaction rate was high, causing first a peak in the product concentrations, 
but then as the catalyst was reduced, the reaction rate decreased and steady-state was 

approached. From Figure 6.2b, responses of the three carbon-containing products are nearly 
identical. 

The transient response of water is not shown in Figure 6.2b. Its form was the same as 
the other products; however, it was delayed by as much as 100 s. It was believed that water 

adsorbed to the reactor walls and internals of the MS sampling system, causing a 

chromatographic effect Thus the water response does not unambiguously suggest a 

mechanism for the reaction, but neither does it preclude the possibility that water or water 

precursors (such as OH species) adsorb to the catalyst surface. Figure 6.3 shows the 

instantaneous accumulation of carbon and oxygen on the catalyst for the data in Figure 6.2. 

Water is excluded from these mass balance calculations. It is assumed the moles of water 

leaving the reactor always corresponded to the quantity of the other products, adjusted for the 
stoichiometry. One must bear in mind that the chemical analysis was always subject to some 

bias, and even at steady-state a perfect carbon and oxygen mass balance was rarely achieved, 
although, the steady-state mass balances always closed to within about 10%. Even though it 
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Figure 6.3 Instantaneous accumulation of carbon and oxygen on catalyst 
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might appear that carbon was removed from the catalyst, this was not possible since the fresh 

catalyst did not contain carbon. After about 150 s, the carbon and oxygen balances became 

almost constanL At this point, the reaction is at steady state and the differences between the 

mass balances and zero indicate the analysis bias. It is evident that the chemical analysis 

bias for carbon is greater than that for oxygen. Thus, the mass balance results were 

confounded with biases in the chemical analysis. Also., small abrupt pressure disturbances 

may have affected the results, although, measures were taken to control such disturbances 

(see section 3.2.2). The oxygen response for the feed to the reactor in Figure 6.2 appears 

stable, suggesting pressure disturbances were negligible. The oxygen mass balance in Figure 

6.3 indicates that a relatively large quantity of oxygen was removed from the catalyst and 

then the mass balance nearly agreed at steady-state. However, the carbon mass balance also 

decreased immediately after the step-change, but only recovered slightly as steady-state was 

approached. The loss of oxygen from the catalyst during the transient would appear to be a 

real effect, while the apparent loss of carbon is probably only a symptom of analytical bias. It 

can at least be concluded that little to no carbon species adsorb to the surface of the catalyst. 

An attempt was made to estimate roughly the amount of oxygen removed by integrating with 

respect to a linear baseline between 10 to 150 s. In this case, the total quantity of oxygen 

removed was estimated as 15 µmol. If it is assumed that only oxygen can be removed from 

the magnesium orthovanadate phase, and the catalyst consists of only the orthovanadate and 

magnesium oxide phases, then 4.1 % of the maximum oxygen available was removed. 

Similar results were obtained for start-up of the reaction with a step-change from pure 

helium to both reactants, propane and oxygen. 

6.4 Reaction Interruption 

Figure 6.4 shows the product transient responses for step-changes causing the 

interruption of the reaction from its steady-state. In Figure 6.4a the step-change was made 

from propane and oxygen to pure helium while for Figure 6.4b the step-change was made 

from propane and oxygen to oxygen and helium. The quantities of propane and catalyst also 

differed; for Figure 6.4a, 6% propane and 30 mg of catalyst were used while for Figure 6.4b, 

the quantities were 3% propane and 21 mg of catalyst. For the step-change to pure helium, 

the decrease in the carbon monoxide concentration appeared to lag that of propene and 

carbon dioxide. However, for the step-change to oxygen and helium, the concentrations of 

all carbon containing products decreased at the same rate. The carbon monoxide lag 

suggests that a small quantity of carbon species may in fact be present on the catalyst When 

a step-change was made to helium and oxygen, these species may have been quickly 

oxidized, but with a step-change to only helium, only oxidation by surf ace oxygen occurred, 

which was perhaps a slower process. An alternative explanation is that carbon monoxide 
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Figure 6.4 Product transient responses after interruption of reaction; (a) 30 mg cat., 6% 
propane, 6% oxygen before and helium after interruption, (b) 21 mg cat., 3% propane, 6% 
oxygen before and 6% oxygen after interruption. 

itself is adsorbed on the catalyst; however, it must desorb more quickly after a step-change to 

oxygen than after a step-change to pure helium. 

The quantity of carbon on the catalyst was estimated by integrating the area below the 

carbon monoxide signal and above the carbon dioxide and propene signals. It was assumed 

that carbon monoxide would decrease at the same rate as carbon dioxide and propene if no 

carbon was present on the catalyst. Toe excess carbon monoxide indicated by the delayed 

signal was small, amounting to 0.23 µmol. For comparison, the catalyst contained 132 µmol 
of vanadium. 

For the step-change to oxygen and helium, the mass balances clearly indicated that 

oxygen was adsorbed or that the catalyst was re-oxidized. The quantity of oxygen 

accumulated on the catalyst was estimated as 6. 7 µmol. When the reaction was started with 

fresh catalyst, the oxygen removed was estimated as 15 µmol. Thus't perhaps less than half 
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of the oxygen removed was replaced by re-oxidation. The catalys~ for which the reaction 

was interrupted with a step-change to pure helium, was also re-oxidized by exposure to 6% 

oxygen at the same reaction temperature, 510°C. Again, the mass balance calculations 

indicated that only a fraction of the original oxygen estimated to be removed was replaced. 

6.5 Reaction start-up with only propane 
If the oxidative dehydrogenation reaction occurs by a redox mechanism, it should also 

occur to some degree with only propane in the gas phase until the catalyst is fully reduced. 

This section deals with experiments performed to determine to what extent the catalyst alone 

can provide oxygen to drive the reaction and to examine differences in the activity and 

selectivity of the catalyst without gas phase oxygen. Cyclical experiments were carried out 

in which the catalyst was repeatedly reduced by reaction with only propane and then re­

oxidized with oxygen. Between the reduction and oxidation steps the catalyst was sometimes 

flushed with pure helium. Beforehand the catalyst had been exposed to steady-state reaction 

conditions with propane and oxygen for at least 3 h. Two types of cyclic experiments were 

performed, one with a 4-part cycle and the other with a 2-part cycle. For the 4-part cycle 

experiment, the catalyst was first exposed to 6% oxygen for 10 min, followed by pure helium 

for 5 min. Next, 6% propane was fed for 10 min, again followed by 5 min of pure helium. 

This process was repeated five times and throughout, the reaction temperature was 

maintained at 510°C. The process for the 2-part cycle experiment was the same, except that 

the helium flush steps between the oxidation and reduction steps were omitted. 

Figure 6.5a shows the product concentrations, during the first exposure to propane for a 

4-part cycle experiment with 17 mg of catalyst. Within about the first 100 s, the product 

concentrations, decreased quickly, after which they decreased more slowly as the catalyst's 

supply of oxygen was depleted. The water concentration, although not shown here, was 

sufficient to account for all of the carbon containing products. Thus, there was no evidence 

that hydrogen was a product. For comparison purposes, Figure 6.Sb shows the product 

concentrations, during the same period, when the same quantity of catalyst was exposed to 

both 6% propane and 6% oxygen. The catalyst for Figure 6.5b was first exposed to steady­

state reaction conditions for 3 h, then only to oxygen for 30 min, followed by pure helium for 

30 min. Thus the catalysts for Figures 6.5a and 6.5b before the step-change were in about 

the same condition. The propene concentration in Figures 6.5a and 6.5b are very close, 

particularly immediately after the step-change. However, the carbon oxide concentrations 

are considerably lower when oxygen was not present in the gas phase. The reaction without 

oxygen in the gas phase had much higher selectivity for propene (over 75%) compared to 

that with gas phase oxygen (about 60%), but at a lower conversion of propane. However, the 

lower propane conversion was mainly due to lower yields of carbon oxides, since the 
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Figure 6.5 Product response at reaction start-up; (a) 6% propane, (b) 6% propane and 6% 
oxygen 

propene concentrations were so close. When the cyclic experiment was performed with 30 

mg of catalyst it was similarly observed that the same quantity of propene, could be initially 

produced without gas phase oxygen as with gas phase oxygen, but with lower concentrations 
of carbon oxides. 

The catalyst was found to be rather robust during the cyclic experiments. Each cycle of 

propane exposure produced the same quantities of products, thus no deactivation was 

observed. Figure 6.6 compares the product concentrations during propane exposures, for a 

2-part and 4-part cyclic experiment each with 30 mg of catalyst. In both cases the propene 

selectivity was high ( over 70% ). The product concentrations were somewhat higher for the 

4-part cycle experiment, but these differences were considered to result only from 

uncontrollable experimental deviation. Overall, the product transient responses are identical 

between the 2-part and 4-part cyclic experiments. It was thought that the propene selectivity 

may be superior with the 4-part cycle, due to its helium flush between exposures to propane 

and oxygen. During re-oxidation, it was considered possible that some weakly bound and 

60 



-._ 
I 

0 
E 
0 
E 
E -C: 
0 

; 
0 
<U -u.. 
0) 

0 
~ 

-._ 
I 

0 
E 
0 
E 
E -C: 
0 
.:: 
0 a:s -u.. 
Q) 

0 
~ 

4 

3 

2 

4 

3 

2 

1 

0 
0 

6. Step-change transient kinetic analysis 

200 400 600 
Time (s) 

200 400 600 
Time (s) 

(a) 

(b) 

Figure 6.6 Product transient responses after reaction start-up without gas-phase oxygen; (a) 
4-part cycle, (b) 2-part cycle. 

non-selective oxygen could be left on the catalyst surface, and the helium flush might 

remove these species. This was apparently not the case. 

Carbon balance calculations for the cyclic experiments indicated that carbon in some 

form was present on the catalyst surface. In contrast, the transient reaction start-up 

experiments with gas phase oxygen indicated that no carbon was present on the catalyst 

surface. Figure 6.7 shows the instantaneous accumulation of carbon and oxygen during the 

first 3 min of exposure to propane for the 4-part cycle experiment with 30 mg of catalyst. 

The carbon adsorbed on the catalyst very early during the first 30 s after the step-change to 

propane. The quantity of carbon was estimated for each cycle and is shown in Table 6.1. 

After this large initial adsorption of carbon on the catalyst, there was no evidence that large 

quantities of carbon continued to accumulate on the catalyst, because the carbon balance was 

within the normal ±10% experimental error. Still, it is possible that some small quantities of 

carbon continued to adsorb on the catalyst surface, contributing to some deactivation of the 

catalyst. Table 6.1 also shows the estimated quantities of oxygen removed from the catalyst 

during each of the 10 min cycles of propane exposure. 
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Figure 6. 7 Instantaneous accumulation of carbon and oxygen on catalyst after reaction start­
up without gas-phase oxygen. 

Table 6.1 
Oxygen removal and carbon adsorption during exposures to propane 
Cycle No. 

l 
2 
3 
4 
5 

Quantity of oxygen 
removed (µmol) 
74 
86 
97 
95 
100 

Percentage of total 
oxygen 
14.l 
16.2 
18.3 
17.9 
19 

Quantity of carbon 
adsorbed (µmol) 
4.9 
5.6 
5.2 
4.6 
5.4 

During the oxygen-adsorption parts of the cycles, oxygen was adsorbed by the catalyst 

for about 150 s. The total quantity of oxygen adsorbed was estimated for two of the cycles to 

be 44 µmol and 47 µmol which corresponded to 8.2% and 8.8%, respectively, of the total 

quantity of removable oxygen. The total quantity of oxygen adsorbed by the catalyst 

between the propane exposures was less than half of the oxygen estimated to be removed by 

reaction with propane. Considering the absence of deactivation of the catalyst during 

successive cycles, it is likely that this discrepancy was due mainly to inaccuracies of the mass 

balance calculations. Immediately after the step-change to oxygen during the cyclic 

experiments, small quantities of carbon oxides were produced. The quantity of this carbon, 

estimated by integration of the carbon oxide signals was 1.4 µmol. 

Figure 6.8 compares the propane conversion and propene selectivity for two quantities 

of catalyst at the same reaction conditions with and without gas phase oxygen. For the 

results without gas phase oxygen, the results of one cycle of a 4-part cyclic experiment are 
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shown with 17 and 30 mg of catalyst. The ranges of conversions and selectivities are plotted 

for the duration of the 10 min period of exposure to 6% propane. The propene selectivity 

tended to increase somewhat as the propane conversion decreases. For comparison, the 

results obtained with the same quantities of catalyst. operated at steady-state with 6% gas 

phase oxygen, are plotted. It is clear that even at the same conversion of propane, much 

higher propene selectivity was obtained without gas phase oxygen. 
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Figure 6.8 Selectivity and Conversion; (X) 17 mg cat, 6% propane, 6% oxygen 
at steady-state, C•) 30 mg cat., 6% propane, 6% oxygen at steady state, ( +) 17 mg 
cat., 6% propane during 10 min exposure, (o) 30 mg cat, 6% propane during 
10 min exposure. 

6.6 Conclusions 
The transient response experiments provided considerable qualitative information 

regarding the oxidative dehydrogenation reaction mechanism. A number of the findings 

support the redox reaction mechanism whereby reaction of propane and intermediate 

products reduce the catalyst and gas phase oxygen re-oxidizes it. These include: 

•• During start-up of the reaction with fresh catalyst, propane began to react immediately 

while the reaction of oxygen was delayed by a few seconds. 

•• The transient response of the products consisted of an overshoot type response, during 

start-up of the reaction, suggesting the reaction rate was initially high because of excess 
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oxygen on the catalyst surface but then the reaction rate slowed as the catalyst was 
reduced and steady-state was approached. 

• Mass balance calculations indicated the catalyst was partially reduced at the reaction 

conditions, perhaps losing 4% of the oxygen contained in the magnesium orthovanadate 

phase. 

• The catalyst was active without the presence of gas phase oxygen for at least 10 min at the 

reaction conditions examined. 

During start-up of the reaction with gas phase oxygen there was no indication that any 
carbon species were present on the catalyst surface. This finding agrees with DRIFT 
spectroscopy and isotope exchange results in the literature with a Mg-V-O catalyst, which 

also found no evidence of adsorbed hydrocarbon species on the catalyst [71). However, 

during interruption of the reaction with a step-change that stopped the feed of both propane 

and oxygen, a lag in the carbon monoxide signal was observed. This suggested that perhaps 

a small quantity of carbon species was present on the catalyst and by a slow reaction the 

catalyst oxygen oxidized these species. When the same step-change was performed and only 

the propane feed was stopped, while oxygen feed was maintained, no lag in the responses of 

any of the products was observed. During start-up of the reaction without gas phase oxygen, 

the mass balance calculations clearly indicated that some carbon species were deposited on 

the catalyst, immediately after the step-change. 

When the reaction was operated without gas phase oxygen, and only the catalyst 

supplied oxygen for the reaction, the propene selectivity was superior compared to the 

steady-state operation of the reaction with gas phase oxygen. This was the case even at the 
same level of conversion of propane. 
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7. Transient kinetic modelling 

Often it is not sufficient to analyze transient responses only qualitatively, particularly if 

they are complex in nature. It is taken as axiomatic that a reaction mechanism can best 

be understood by mathematical modelling of the kinetics. Yet modelling of dynamic kinetics 

is a much more complex task than the modelling of steady-state kinetics because it requires 

considerably more information than steady-state runs provide. Often the kinetic parameters 

determined under steady-state conditions are in a lumped form. For example, for a species 

that is adsorbed on the catalyst surface, its steady-state surface and gas phase concentrations 

are in equilibrium and the rates of adsorption and desorption are equal. Only an equilibrium 

constant is needed. During a transient response, the system may no longer be at equilibrium, 

and knowledge of the individual rates of adsorption and desorption are r~uired and even the 

total number of adsorption sites. 

In this chapter, one of the steady-state kinetic models developed in chapter 4 is used as a 

starting point for modelling the transient kinetic responses presented in chapter 6. The 

transient data further test the applicability of the kinetic models and suggest some new and 

interesting insights into the reaction dynamics. 

7.1 The transient kinetic model 

7.1.1 Rate models 

The kinetic modelling, discussed in chapter 4, revealed that a Mars-Van Krevelen type 

kinetic model, based on the reaction scheme in Figure 4.1, best described the steady-state 

data. The transient response data, discussed in chapter 6, also supported such a redox type of 

reaction mechanism. The Mars-Van Krevelen type kinetic model referred to as MV2 was 

used to model the transient data. The values of the model parameters are shown in Table 4.3. 

The rate equations for this kinetic model were 

'i = kl PC3H1 (1- /3) (7.1) 

r2 = k20c
3
H/I- /3) (7.2) 

r3 = k3 P0 J3 (7.3) 

where /3 represents the degree of reduction of the catalyst and 8oH6 the fractional coverage of 
propene on the catalyst surface. Equation 7 .1 is the rate of reaction of propane to fonn 

propene on the catalyst surface. Equation 7 .2 expresses the rate at which propene on the 

catalyst surface reacts to form carbon oxides. The kinetic model does not describe the 

selectivity between carbon monoxide and carbon dioxide. It is assumed that they are 
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produced only at some fixed ratio. The rate Equation 7.3 expresses the rate at which gas 

phase oxygen re-oxidizes the catalyst. 

The following differential equations express the transients in the gas phase concentration 
of each component: 

dPC3H1 -~ p -P _ WRT r, 
dt - Le ( ½H,in c1H1 ) V. e 1 

b 

(7.4) 

dP0 u WRT 
-= --(P -P )---r. dt - L£ Oz.in 02 V, e 3 

b 

(7.5) 

(7.6) 

(7.7) 

(7.8) 

(7.9) 

Since the reaction rates are dependent on the surface concentrations of propene ( 808 6) and 

oxygen ( 1-/J), expressions for their rates of change are needed: 

= (7.10) 

(7.11) 

The rate equations derived from the steady-state data did not provide all of the infonnation 

required by the transient kinetic models. A few parameters had to be estimated and/or 

adjusted to fit the measured transient responses. From the steady-state kinetics only the 

adsorption equilibrium constant for propene was estimated (KcsH6); however, the transient 

kinetic model required values for the individual rate constants for adsorption (kads) and 

desorption of propene (kJes). It was assumed that they were related by: 

kads 
Kc

1
H,, = k (7.12) 

(US 

To fit the transient responses, values of kdes were chosen and the corresponding value of kac1s 

was calculated from Equation 7 .12. 
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Two parameters which had a large influence on the character of the transient responses 

are the number of adsorption sites for oxygen (Qo) and propene (Qc1H6). The number of 

oxygen sites should be some fraction of the quantity of oxygen that the catalyst contains, 

representing the quantity of oxygen available for reaction at the surface. X-ray diffraction 

analysis of the catalyst revealed that it consists predominantly of magnesium oxide (MgO) 

and magnesium orthovanadate (Mg3 V 20s) phases. The magnesium orthovanadate phase is 

considerably more reducible and is probably heavily involved in the redox reaction. Thus the 

quantity of oxygen in the catalyst involved in the reaction is thought to consist mainly of that 

contained in the magnesium orthovanadate phase; however, probably only a fraction of that 

oxygen is available on the surface. In modelling the transient response data, Q0 was 

estimated by an adjustable fraction of the oxygen contained in the maximum quantity of the 

magnesium orthovanadate phase (Xo). 

The quantity of sites for propene adsorption is more difficult to base on some character 

of the catalyst. However, it is possible that the vanadium metal may serve as adsorption sites 

for propene. Again, only a fraction of the vanadium is accessible on the surface. For 

modelling the data, Qon6 was estimated by an adjustable fraction of the vanadium contained 

in the catalyst (Xc1H6). 

The void fraction of the catalyst bed (E) is also unknown. However, for small spherical 

particles packed in a relatively large diameter tube it is known to approach 0.4 [86]. 

7.1.2 Diffusion process 

It is generally assumed that transport of oxygen from the bulk of the catalyst to the 

reduced surface plays an important role in the transient responses. A simple model for the 

rate of diffusion of bulk oxygen is used, based on the film theory of mass transpon. The rate 

of change of the bulk oxygen concentration ( Cob) is expressed as: 

dC0 p 1 
-" =-k A-(C -C ) dt w D 8 o,, 0 (7.13) 

The driving force for the diffusion process is the difference between the oxygen 

concentration in the bulk and at the surface (Co). The instantaneous surface oxygen 

concentration is estimated as a function of the initial bulk concentration of oxygen ( Cob,) and 

the degree of reduction of the catalyst surface by: 

C
01 

= C
01
,,(l - /3) (7.14) 

The initial bulk concentration of oxygen was estimated as 3519 mol m ~J. It is difficult to 

estimate independently the diffusivity of oxygen (ko), the area for transport (A), and the 

penetration depth ( 8). Therefore, these parameters were lumped together and estimated by 
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(7.15) 

When bulk oxygen transport is included in the transient kinetic modelling, it is assumed to 

occur in parallel with the normal kinetic process defined by equations 7.4 to 7 .11. Equation 

7 .13 is added to the problem and equation 7 .11 altered to account for the contribution of 

oxygen transport to the surface from the catalyst bulk. It is noteworthy that, as modelled 

above, the oxygen transport process will not affect the steady-state of the system. At steady­

state the driving force for oxygen transport becomes zero. 

7.1.3 Reactor model 

The reactor is modelled as a series of volume elements each representing a well-stirred 

tank reactor. Each volume element contained an equal quantity of catalyst. A sufficient 

number of volume elements is included such that the complete reactor approaches that of a 

fixed bed with plug flow. This approach simplifies the computational demands of the 

problem by allowing it to be modelled with only ordinary differential equations. 

During start-up of the reaction, the temperature rise due to reaction was about 3°C. 

Since the catalyst temperature was measured near the end of the bed, it indicates the 

temperature gradient over the catalyst bed. A 3°C increase in the reaction temperature above 
510°C, causes only small increases of 4% in the reaction rates r1 and r2. This estimate is 

based on the predicted activation energies for the MV2 model, r1 and r2 rates. The rate of re­

oxidation of the catalyst (r3) is more temperature-sensitive because of its higher activation 

energy. The corresponding increase in its rate is higher at 18%. Still, these temperature 

effects are relatively small and do not significantly affect the transient responses. This 

justifies the use of an isothennal model. 
The pressure drop across the reactor was less than about 10 kPa, thus it is assumed 

isobaric. The increase in the superficial gas velocity, due to expansion of the gas by reaction, 

is neglected, because of the low conversions (below 10% for both oxygen and propane) and 

the low partial pressures of the reactants. The catalyst was a fine powder. It is estimated the 

catalyst particles were less than 50 µm in diameter. Activation energies for the steady-state 

kinetic models developed in chapter 4, were usually greater than 70 kJ mor1
, in the range 

expected for kinetically controlled reaction rates. Thus, intra particle mass transfer can be 

safely assumed insignificant. 

The simulations were performed with MATLAB (version 4.2). The numerical 

integration was performed with a subroutine that uses a semi-implicit Runge-Kuna technique 

that is capable of solving even stiff systems of ordinary differential equations. 
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7.2 Modelling results 

7.2.1 Reaction start-up 

Figure 7 .1 compares experimental and simulated results for the transient responses of 

reactants and products from a step-change in the propane concentration from Oto 3%. The 

step-change is made at time zero. In the experiment, the oxygen feed concentration is held 

constant at 6%, the mass of catalyst is 21 mg and the reaction temperature is 510°C. The 

catalyst was pre-treated at the reaction conditions for 3 h, and then exposed to oxygen for 0.5 

h before the step-change. 

Table 7 .1 shows the values of the adjustable parameters chosen for the dynamic model. 

The values of the parameters were chosen by a simple visual fit of the predicted transients to 

the experimental transients. Transport of bulk oxygen was not included in the model used 

for Figure 7 .1. Ten discrete volume elements were used to simulate the reactor. In fitting the 
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Figure 7.1 Experimental and simulated results for reaction start-up with 6% oxygen and 3% 
propane. 
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Table 7.1: Dynamic model parameter values used in Figure 7.1 
Parameter Value 

Xo 0.38 
Xc1H6 0.01 
kdes 1 mol min-1 (g cat.r1 

e 0.4 

transient data, the value for the propene adsorption equilibrium constant (Kc1H6) from the 

MV2 model was not directly used. From the MV2 model, the value of KcJH6 at 5 l0°C was 

1156 bar-1
. The value used in the transient model was 231 bar-1 because this lower value 

better predicts the observed steady-state propene selectivity. The propene adsorption 

equilibrium constant determines the selectivity among propene and the carbon oxides. The 

propene selectivity predicted by the model is considerably lower than that of the transient 

data, even once steady-state is achieved. As discussed in chapter 5, the propene selectivity of 

the catalyst deteriorates with age at reaction conditions with an excess of oxygen. The MV2 

model is derived from data collected after considerable aging of the catalyst (at least 6 h) 

under such conditions. On the other hand, the transient data were collected after a much 

shorter catalyst time-on-stream. Thus, there is justification for adjusting the value of the 

propene adsorption equilibrium constant. 

Agreement of the simulated and experimental results is reasonably good, considering 

almost all of the kinetic parameters used, except the adsorption equilibrium constant for 

propene, XcJH6 and Xo, are estimated from data collected at steady-state conditions. 

The overshoot type response observed experimentally is reproduced by the model. 

During the transient the catalyst was reduced, so it is the rate of re-oxidation of the catalyst 

that becomes rate controlling. Figure 7 .2 shows the change with time of the reduction of the 

catalyst and the surface coverage of propene axially along the reactor. Both increase rapidly 

after the step-change and approach steady-state at about the same time as the gas phase 

concentrations in Figure 7 .1. The surface propene concentration reaches a peak, as does the 

gas phase concentration before decreasing and approaching steady-state. It is somewhat 

surprising to find that the degree of reduction increases along the length of the reactor. One 

might expect that the reduction might be greatest at the front of the reactor where the 

propane concentration is highest. Although not shown here, the propene concentration 

increases almost monotonically along the reactor, whereas the carbon oxide concentrations 

increase more rapidly almost exponentially. This is due to the consecutive nature of the 

kinetic sequence assumed. At higher conversion along the reactor, the selectivity to propene 

decreases and formation of carbon oxides extracts considerably more oxygen from the 

catalyst, accelerating reduction of the catalyst bed at the end of the reactor. 
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7.2.2 Model testing and parameter sensitivity 
A large number of well-mixed volume elements increases the accuracy of the reactor 

model. However, the computer simulation time also increases with the number of volume 
elements. Thus a compromise is necessary. The effects of the number of volume elements 
on conversion and selectivity are shown in Table 7 .2. 

Table 7 .2: Effect of volume elements on steady-state model predictions 
Number of Propane Oxygen Propene 

Volume Elements Conversion(%) Conversion(%) Selectivity(%) 
1 4.9 5.6 45.7 
3 5.0 5.4 52.6 
5 5.1 5.3 54.4 
7 5.1 5.3 55.2 
10 5.1 5.3 55.9 
13 5.1 5.3 56.3 
16 5.1 5.2 56.4 

It can be seen that propane and oxygen conversion are constant after only about 5 

volume elements are used. Propene selectivity is more sensitive to the number of volume 

elements. Higher conversions of the reactants should be observed as plug flow is approached 
and the number of volume elements increases. Yet, this was true for propane but not for 
oxygen. Oxygen conversion decreases because propene selectivity increases. Because 

conversion of propane and oxygen are low, the reactor is nearly gradientless with respect to 
their concentrations and only five volume elements were needed to adequately model plug 

flow. However, the selectivity to propene is about 55%, meaning that because of the 

consecutive steps in the reaction mechanism, the conversion of propene, produced from 

propane, is also on the order of 50%. The propene concentration changes greatly along the 

reactor and the secondary reaction, the conversion of propene to carbon oxides, is sensitive 
to its variation. A relatively large number of volume elements is needed to accurately model 
the propene concentration gradient [n all of the simulations presented in this chapter, the 
number of volume elements used is 10. 

The void fraction of the catalyst bed has only a very weak influence on the simulation 
results. It was varied between 0.3 to 0.7 and the model predictions showed little sensitivity. 
At low values of the desorption rate constant for propene (kdes), about 0.1 mol min-1 (g cat.r1

, 

the selectivity to propene is sensitive to this parameter. Increasing kcies, increases the 

selectivity to propene. However, beyond a certain value, it has little effect on the simulation 
results and the propene selectivity is unchanged~ because katJs according to equation 7.12 
becomes sufficiently large. At this point, gas phase and surface concentrations are in 

equilibrium throughout the transient. The value of kdes used in the simulations, unity, is in 

the range where propene selectivity is independent of kdes and equilibrium is maintained. 
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The predicted propene selectivities, controlled by the value of the propene equilibrium 

constant, are close to those observed experimentally. 

The dynamic model parameters with the largest effect on the simulation results are Xo 

and Xc1H6- Xo affects the height of the overshoot peak and the time to reach steady-state. By 

increasing the amount of oxygen available on the catalyst, the maximum reaction rate 

increases and it talces a longer time to reach steady-state. Xc1H6 influences the time at which 

the peak rate is reached. With a large number of sites for propene adsorption, the fraction of 

occupied surface adsorption sites increases slowly, causing the secondary reaction (which 

depended on 8csH6) to increase slowly as well. In the experimental results the peak rate is 

reached very quickly, about IO s after the step-change (not including gas holdup time). To 

obtain this very fast response, a low value for Xc1H6, 0.01, was used. Since Xc1H6 represents 

the fraction of the vanadium content of the catalyst that is propene adsorption sites, the low 

value of XcJH6 perhaps suggests that the vanadium metal may not serve as adsorption sites for 

propene. It can be seen in Figure 7 .2, that 0oH6 increases rapidly after the step-change. At 

low values of Xc1H6, the height of the overshoot peak, normally controlled by Xo, becomes 

insensitive to the quantity of oxygen on the catalyst surface and the maximum rate depended 

on the number of sites for propene adsorption. 

As pointed out earlier, the catalyst used for the results in Figure 7 .1 was pre-treated at 

reaction conditions. Step-change measurements were also made with fresh catalyst and the 

transient responses appear in Figure 6.2. An overshoot response was observed. The main 

difference between responses was that for the fresh catalyst, a considerably higher peak 

reaction rate was observed. The peak carbon dioxide concentration was almost 0.4%. No 

combination of reasonable values for the adjustable parameters can reproduce such a large 

response. The inability of the model to fit step-changes for fresh catalyst samples is not 

surprising. The fresh catalyst may undergo structural changes when first exposed to 

reactants and the rate controlling step may change or there is some irreversible reduction of 
the catalyst. 

Experimental mass balances, discussed in chapter 6, did not indicate carbon deposition 

on the catalyst surface during reaction start-up with both propane and oxygen. However7 for 

step-changes that interrupted the reaction, the response of the carbon monoxide signal lagged 

propene and carbon dioxide, indicating the possible oxidation of carbon species adsorbed on 

the catalyst surface. For an experiment in which 30 mg of catalyst was used the estimated 

quantity of carbon oxidized from the catalyst surface was 0.23 µmol. For 21 mg of catalyst, 
this would correspond to about 0.16 µmol. The 21 mg of catalyst contained 92 µmol of 

vanadium. The small quantity of adsorbed carbon predicted by the simulation agrees with 

the experimental measurements. In addition, DRIFT spectroscopy and isotope exchange 

experiments reported in the literature [63] found no evidence of adsorbed hydrocarbon 

species on a Mg-V-O catalyst. This finding supports our results indicating that carbon on the 
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catalyst, if present at all, must be at low concentration. Figure 7 .2 indicates the average 

coverage of propene is about 0.15, this corresponds to 0.42 µmol of carbon. The predicted 

quantity is greater than that measured experimentally, but the agreement is reasonable 

considering the error of the measurement. 

Experimental mass balances clearly indicated that oxygen was removed from the catalyst 

during reaction start-up with both oxygen and propane. For the experimental results in 

Figure 7.1, it was estimated that 1.7% of the oxygen from the orthovanadate phase was 

removed during the step-change. Figure 7 .2 indicates the average degree of reduction of the 

catalyst surface is about 0.25 as steady-state is approached. To satisfactorily model the 

transients, the catalyst surface is set to contain 38% (Xo) of the oxygen content of the 

orthovanadate phase. The simulation predicts that 9.5% of the oxygen is removed. In this 

case, the experimental and simulated results differed more. 

7.2.3 Transport of bulk oxygen 

Figure 7.3 shows the simulated transient responses with allowance for the transport of 

bulk oxygen. They can be compared to the corresponding experimental results in Figure 7 .1. 

The value of the lumped parameter for oxygen transport (ru) is 17.5xlff9 m3 min-1
. The 

inclusion of oxygen transport from the catalyst bulk smoothes the transient responses and 
delays the onset of steady-state, but does not affect the overshoot peak, probably because the 

transport does not occur until the catalyst surface has been partially reduced. Including 

oxygen transport in the dynamic model moderately improves the agreement between 

simulated and experimental results in Figure 7. I. 
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Figure 7 .3 Simulated results with oxygen transport for reaction start-up with 6% oxygen and 
3% propane (experimental results in Fig. 7.1). 

Xo and m seem to be inversely correlated; thus, it is difficult to assign values to them. A 

high value of X0 and a low value of ru slow the approach to steady-state. More information 
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regarding the physical properties of the catalyst may be needed to estimate values for these 
parameters. 

7.2.4 Reaction without gas phase oxygen 

The top two graphs in Figure 7.4, are repeated from Figure 6.5. They compare transient 
response results with and without gas phase oxygen. In both cases the catalyst had been 
exposed to reaction conditions for 3 h. Thereafter, the catalyst was treated by a stream 
containing 6% oxygen in helium for 0.5 h, followed by pure helium for 0.5 h. In both cases 
the catalyst mass was 17 mg and the reaction temperature 510°C. Step-changes were made 
at time zero. In both transients the response of propene is similar for about the first 300 s. 
The most striking difference between the two transients is the considerably reduced 
production of carbon oxides in the absence of gas phase oxygen. Selectivity for carbon 
oxides was reduced immediately after the step-change. 

Start-up 6% 02, 6% C3H8 Start-up 6% C3H8 
0.3 0.3-------------, 

Experiment Experiment 
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Figure 7.4 Experimental and simulated results for reaction start-up demonstrating effect of 
gas phase oxygen. 
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The bottom two graphs in Figure 7 .4 show the corresponding simulated transients. For 

both simulations the values of the dynamic model parameters are those in Table 7.1. For the 

transient with gas phase oxygen, the simulated and experimental results match reasonably 

well. However, in the absence of gas phase oxygen, the dynamic model fails to predict the 

improved propene selectivity observed experimentally. The propene transient is correct, but 

the levels of carbon oxides are too high. The overshoot peak concentrations of carbon oxides 

for the transient without gas phase oxygen are the same as with gas phase oxygen. This 

result is not surprising, since it is not until after the catalyst is partially reduced that the re­

oxidation of the catalyst with gas phase oxygen begins. Only after this point, should the 

absence of gas phase oxygen become noticeable. After partial reduction of the catalyst, the 

carbon oxide concentrations decline rapidly and improved propene selectivity is predicted. 

Thus, the mechanistic model used predicts improved propene selectivity when gas phase 

oxygen is absent. The model essentially consists of two consecutive reactions, both 

consuming oxygen. By the initial reaction, production of propene occurs, but without re­

supplying the catalyst's oxygen reserve, the secondary reaction, oxidation of propene, is 

stifled. According to the kinetic model, propene selectivity should improve only after partial 
reduction of the catalyst. 

7.3 Conclusions and disc~ion 
A dynamic model based on a redox type kinetic model, with a simple consecutive 

reaction scheme successfully models the observed transients, during start-up of the reaction 

with catalyst previously exposed to reaction conditions. This confirms that the observed 

overshoot response is due to the partial reduction of the catalyst during the transient. The 

dynamic model cannot simulate the large overshoot response observed during start-up of the 

reaction with fresh catalyst. To obtain a good fit of the dynamic model a very small number 

of sites for surface propene adsorption, compared to the vanadium content of the catalyst, 
had to be assumed. This result agrees with experimental mass balances which indicated that 

little to no carbon is present on the catalyst surf ace. 

Mass transport of oxygen from the catalyst bulk to the surface may be an important 

process during the transient responses. However, the rate of oxygen transport is correlated 

with the quantity of oxygen species on the surface available for reaction. Thus, it is not 

possible to unambiguously quantify the rate of oxygen transport and the oxygen initially on 

the catalyst surface. 

When start-up of the reaction occurs in the absence of gas phase oxygen, a similar 

overshoot response is observed. However, the high propene selectivity observed 

immediately after the step-change is not correctly predicted by the dynamic model. This 

indicates that there are inadequacies with the kinetic model. Apparently, the presence of gas 

phase oxygen promotes the production of carbon oxides, even immediately after start-up of 
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the reaction when the catalyst is not partially reduced. A number of possible explanations 

can be proposed to explain the observed phenomenon. One possibility is that the gas phase 

oxygen reacts with propene or other carbon species adsorbed on the catalyst surface to 
produce carbon oxides. Also, it has often been suggested for partial oxidation reactions, 

including the oxidative dehydrogenation reaction [62], that the selectivity is dependent on the 

binding strength of the oxygen species. Loosely bound surf ace oxygen is considered more 

reactive, and thus, likely to cause carbon-carbon bond breakage and promote total oxidation. 

Whereas, strongly bound lattice oxygen is less reactive and favours partial oxidation. There 

may be different types of oxygen species on the catalyst surface, including some that are 

reactive enough to cause the direct and total oxidation of propane. This would add an 

additional route for the production of carbon oxides to the reaction mechanism. It seems 
reasonable that such non-selective surface oxygen species may be more prevalent when gas 

phase oxygen is present. 

We speculate that the state of reduction of the catalyst may have to be included in the 

dynamic model and perhaps allowance must be made for the exposure history in order to 
achieve a model capable of describing all our transient observations. Building such an 

extensive dynamic model is well beyond the objectives of this thesis. 
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8. Periodic operation 

The selectivity of partial oxidation reactions may be highly dependent on how the 

reactants - hydrocarbons and oxygen - are contacted with the catalyst. If so, non­

conventional reactor designs or operation could be used to tailor reactant and catalyst contact 

to minimize deep oxidation. To this end, there have been some recent studies into the use of 

catalytic membrane reactors for the oxidative dehydrogenation of ethane [87 ,88] and propane 
[89,90]. It is thought that by controlled feeding through a membrane, the oxygen could be 

better distributed to regulate the extent of the side reactions, thus leading to higher yields and 
selectivities. 

Both Pantazidis et al. [89] and Tellez et al. [90] have examined the use of different inert 
membrane materials to distribute oxygen to a fixed bed of Mg-V-0 catalyst for propane 

oxidative dehydrogenation. Pantazidis et al. claimed that use of the membrane feeding of 

oxygen resulted in a marked increase in propene yields, compared with conventional gas 

phase co-feeding. Tellez et al., on the other hand, did not find any notable improvement in 

yields by such a reactor configuration. Instead they pointed out that one can extend the range 

of safe reactor operation by avoiding flammable mixtures of the reactants by distributing the 

oxygen feed. Also, the formation of hot spots could be decreased. 

In another study, the electrocatalytic oxidation of propane on Mg-V-O catalysts was 

tested [9 l ]. The Mg-V-O catalyst was deposited on a silver electrode to which oxygen ions 

could be electrochemically pumped. It was claimed that the electrochemically supplied 

oxygen was more selective for propene production than that supplied by the gas phase. 

In this chapter, a non-conventional mode of reactor operation is examined for oxidative 

dehydrogenation: periodic operation. The reaction is carried out by cyclically feeding 

reactant mixtures of different compositions. Transient responses to this type of forcing can 
reveal additional information regarding the reaction mechanism and kinetics [84,85]. 

8.1 Potential benefits of periodic operation 
Silveston [92] has reviewed the application of periodic operation to complex reactions 

for selectivity improvements. Many of these reactions consist of consecutive-competitive 
reaction schemes, like the following: 

A+ B ➔ C, C + B ➔ D 

A+B ➔ D 

where A and B are reactants, C is the desired product and D is undesired. Partial oxidation 

reactions often follow this scheme where A is a hydrocarbon and B is oxygen. By applying 

periodic operation to these consecutive-competitive reaction schemes, selectivity 
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improvements can be achieved. The concept is simple: when A and B are fed, the first 

reaction in the consecutive path builds up the concentration of C; at the same time, the 

second reaction, forming D, begins to accelerate. By temporarily cutting off the feed of B 

and perhaps also A, the second reaction can be choked before the concentration of C is 

reduced to its steady-state level. 
For the oxidative dehydrogenation of propane, the transient experimental results, 

discussed in chapter 6, demonstrate that even at the same conversion of propane, carrying out 

the reaction without gas phase oxygen results in improved propene selectivity. The 

modelling results, in chapter 7, suggest that this improved selectivity is not merely the result 

of exploiting the consecutive reaction scheme. The dynamic model consisting of a 

consecutive reaction scheme, could not account for the improved propene selectivity 

observed immediately after start-up of the reaction without gas phase oxygen. These 

findings indicate that the oxidative dehydrogenation reaction is a promising candidate for 

operation by some sort of composition modulation scheme. Apparently, improved selectivity 

can be achieved not only by exploiting the consecutive reaction scheme but also by 

preventing some total oxidation pathways involving the presence of gas phase oxygen. 

Periodic operation of the oxidative dehydrogenation reaction has already been studied. 

Phillips Petroleum [93], Atlantic Richfield [94], and Dow Chemical [95] have obtained 

patents for oxidative dehydrogenation processes involving alternating feeds of air or oxygen 

and an alkane over different metal oxide catalysts. A Ukrainian research group seem to have 

been the first to publish results for the oxidative dehydrogenation of butane over Mg-Mo-O 

and Mg-V-Mo-O catalysts by alternating feeds of air and butane [96-98). They reported 

butene selectivities of 65% at 70% butane conversion. More recently, researchers at Dow 

Chemical extended the Ukrainian research [56,57). Their aim was to develop a practical 

transported bed catalyst Commercialization of a cyclic process would require the use of a 
fluidized bed reactor where the catalyst would be transported to a separate reactor for re­
oxidation. The Dow group call their process 'Anaerobic Oxidation o(Butane'. 

Experimentally, they simulate the two vessel fluidized bed reactor system by performing the 

reaction in a fixed bed reactor operated with alternating pulses of butane and oxygen. They 

have reported butene selectivities of up to 80% at about 50% butane conversion. 

The Dow Chemical researchers have pointed out that an additional advantage of their 

process is that the detonation hazards of mixtures of butane and oxygen are avoided. But't 

other than reporting attractive results, groups that have studied oxidative dehydrogenation 

under periodic operation have not explained why such a mode of operation results in superior 
selectivity. 
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8.2 Experimental Methods 
In all periodic operation type experiments, 20-40 mg of catalyst was used and the 

reaction temperature was 510°C. Feed to the reactor alternated between two feed streams 
that were mixtures of propane and oxygen, both diluted in helium. Thus a 2-part feed cycle 

was used; cycle periods were between 10 to 400 s. 
Typically periodic operation experiments were performed with the same sample of 

catalyst. After pre-treatment of the catalyst (as described in Section 3.1), steady-state 

reaction with 6% propane and 6% oxygen was carried out for 3 h. A series of periodic 

operation experiments were then consecutively perfonned in a random order. After each 

periodic operation experiment, steady-state conditions were re-introduced for at least l h and 

product analysis was performed to ensure that the catalyst retained the same activity and 

selectivity. Each periodic operation condition was run for at least lO cycles. Typically after 

about five cycles, the response was reasonably constant. The product concentrations were 

integrated over the final five cycles to calculate time-average concentrations, conversion, and 

selectivity. 

For each periodic operation condition, the corresponding time-average steady-state 

conditions were also run. Periodic operation results are compared to these steady-state 

results. 

8.3 Modes of Cyclic Operation 

8.3.1 Variation of cycle periods at 1: 1 split 
Since the selectivity of the reaction is improved by reacting propane without gas phase 

oxygen, an obvious strategy was to operate the reaction by alternately feeding propane and 

oxygen. In these initial experiments, 30 mg of catalyst was used. Feed to the reactor 

alternated between 6% propane and 6% oxygen, both diluted in helium. A feed cycle 

consisted of exposures to propane and oxygen of equal duration ( l: l cycle split), varying 

between 10 and 400 s. 

Figure 8.1 shows the product responses during the final three cycles at four cycle 

periods. At the longest cycle period, 400 s, product responses are similar to those observed 

during the step-change experiments without gas phase oxygen. After the switch to propane 

feed there is an overshoot, then the product concentrations decline rapidly during about the 

first 50 s. They continue to decline, but much more slowly during the remainder of the 
propane feed half of the cycle. During the initial rapid decline in product concentrations, the 

decline in the carbon oxide concentrations is slightly steeper than that of propene, so that the 

selectivity increases for 20 to 30 s after the peak in product concentrations. For the 

remainder of the propane-feed half of the cycle, the selectivity is about constant At shorter 
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cycle periods the responses are similar, except the interval of decline is shortened, until at the 

40 s cycle period, when only the peak in product concentrations remains. 
During the oxygen-feed half of the cycle the product concentrations always decline to 

zero within about 10 s (Figure 8.1). Mass balances for step-change experiments indicated 

that a small amount of carbon was deposited on the catalyst during start-up of the reaction 

without gas phase oxygen (see Section 6.5). Thus, it would not be surprising if carbon 

oxides were produced during the oxygen-half of the cycle. Figure 8.1 shows that 
immediately after the switch to oxygen, the decline of the carbon dioxide concentration lags 

slightly behind the decline of propene and carbon monoxide. This is clearest at the shorter 

cycle periods. This lag in the carbon dioxide signal may be due to oxidation of carbon or 

carbon-containing species on the catalyst surface. 
Although not shown here, the product responses at the very shortest cycle periods, 10 

and 20 s, were somewhat different. At the 20 s period, the responses were similar to those at 

40 s, except the product concentrations peaked at a lower level than for the 40 s period, 

before they declined after the switch to oxygen feed. During the oxygen-feed half of the 

cycle, not all of the product concentrations declined to zero; in particular, the carbon dioxide 

concentration remained relatively high. At the shortest period, 10 s, product responses 

neither peaked during the propane feed half-cycle nor declined to zero during the oxygen 

feed half-cycle. The selectivity was different; the carbon dioxide concentration was always 

greater than the propene concentration. The responses were erratic because the cycle 

frequency was close to the maximum scanning frequency of the mass spectrometer (about 

1.8 s). Also, under this condition of rapid cycling, the catalyst is not exposed to pure feeds 

of oxygen and propane because of mixing in the reactor system. 

Figure 8.2 shows the time-average propane conversion, propene selectivity and propene 

yield at each cycle period tested. Yield is simply the product of conversion and selectivity 

(conversion x selectivity). For all periodic operation conditions, the corresponding time­
average steady-state conditions are a feed of 3% oxygen and 3% propane. Results at these 

steady-state conditions are indicated on the axis of the plots for comparison. Operating the 

reaction without gas phase oxygen increases propene selectivity. Not surprisingly, the 

propene selectivity during periodic operation with cycle periods greater than 10 sis always 

high, at least 70%, and well above the 51 % selectivity at steady-state. At all cycle periods, 

the time-average propane conversion is lower than the comparable steady-state conversion. 

The propane conversion tends to increase as the cycle period is shortened, due to the 
overshoot responses. At long cycle periods, greater than 200 s, the increase in propane 

conversion is small, because the decline in the product concentrations is slower after long 

exposures to propane. The increased propane conversion at shorter cycle periods comes with 

a penalty in the propene selectivity. The propene selectivity is highest at the longest cycle 

period and slowly declines as the period is shortened. This occurs because immediately after 
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Figure 8.2 Time-average conversion, selectivity and yield; O selectivity, * conversion, ■ 
yield. 

the catalyst is re-exposed to propane, following the peak in product concentrations, there is a 

short interval (20-30 s) of increasing selectivity. Also, after the switch to oxygen, as the 
product concentrations decline rapidly, the carbon dioxide concentration lags slightly and the 

propene selectivity is again low (see Figure 8.1). As the cycle period is shortened, these 
intervals of start-up and suppression of the reaction dominate the responses and contribute to 
a net reduction in the time-average propene selectivity. 

From the 40 to 20 s cycle period, the time-average propane conversion abruptly dropped 

and was only 4.7% for the 20 s period. At the 20 s period the duration of the propane 

exposure was apparently not long enough for the peak in product concentrations to be 

reached before the switch to oxygen feed. The time-average propene selectivity was only 

slightly lower at the 20 s period than at the 40 s period. At the 10 s cycle period~ the time-
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average propene selectivity drops sharply to about 60%, close to the time-average steady­

state result. The time-average propane conversion is high at about 5.5% and again close to 
the result at time-average steady-state. At the 10 s period, the process appears to be close to 

'relaxed' steady-state operation which refers to conditions when cycling is performed rapidly 

enough such that the reaction behaves as though it is at steady-state conditions. This 

phenomena occurs because the rate of cycling exceeds the response time of the catalytic 

reaction. However, in this case this apparent relaxed steady-state behaviour may owe its 

cause not simply to the slower dynamics of the catalytic reaction compared to the feed 

switching, but also to gas mixing in the reactor that prevents the catalyst from being exposed 

to pure feeds of propane and oxygen under the most rapid cycling. Figure 6.2 indicates that 

the response time for a step-change in the propane feed concentration, measured without 

catalyst, is about 10 s (not including dead-time due to the gas hold-up on the reactor system). 

From a process design viewpoint, what is most important is the propene yield as shown 

in Figure 8.2 b. At long cycle periods, although the propene selectivity is highest, the 

propane conversion is low and thus the yield is lower than at steady-state. It is only at cycle 

periods of less than about 160 s, that the propane conversion is sufficiently high for the 

periodic operation propene yield to compete with and even exceed that at steady-state. At 

cycle periods of less than about 80 s, there are smaller gains in propene yield, and even 

eventually a decline, as the time-average propene selectivity falls. 

8.3.2 Comparison to other steady-state conditions 

The superior performance of periodic operation compared to time-average steady-state 

conditions, shown in the previous section, is due to the better selectivity of the reaction 

without gas phase oxygen, as observed from step-change experiments in chapter 6. A more 

demanding test of periodic operation is to compare it to a broader range of steady-state 

conditions. Can we conclude that periodic operation of the reaction is globally superior to all 

steady-state conditions? Or is there, for any given periodic operation, some set of steady­

state conditions that provide an equally good performance? 

To answer these questions, it was necessary to determine whether superior steady-state 

performance can be achieved by lowering the feed partial pressure of oxygen. In all steady­

state data collected thus far, the oxygen-to-propane feed ratio has been at least one. Table 

8.1 shows some steady-state results with low feed concentrations of oxygen. Details about 

the methods used to collect this data and additional similar data are discussed in chapter 9. 

Table 8.1 shows that at both feed concentrations of propane, as the oxygen-to-propane 

ratio is lowered from 1 to 0.2, the propene selectivity increases by 7 to 10%. At a feed 

concentration of 3% propane, the propane conversion is essentially constant, varying from 

5.3 to 5.8%. But with a feed of 4% propane, the propane conversion decreases from 5 to 

4.3%. The result is that the propene yield tends to increase at lower feed concentrations of 
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propane but remains about constant at 4% feed propane, as the oxygen feed concentration is 

lowered. 
The selectivity of the reaction appears to be at least partially a function of the gas phase 

oxygen concentration, with higher selectivity favoured at low oxygen partial pressure. The 
literature suggests that higher propene selectivity occurs when the catalyst is more reduced. 

At the lower feed concentration of propane and the lowest concentration of oxygen, the re­

oxidation reaction is sufficiently fast to maintain the same oxidation state of the catalyst and 
the same level of conversion of propane. This result agrees with the steady-state modelling 

results (see Section 4.2) that indicated that the reaction rate of propane had only a weak 
dependence on the partial pressure of oxygen. However, at higher feed concentrations of 

propane (4% propane and additional results at 6% propane to be shown in chapter 9), the 

same level of conversion of propane cannot be maintained as the oxygen feed concentration 

is lowered. 

Table 8.1 
Steady-state reaction with varying feed oxygen concentration* 
Feed Concentration (%) Ratio Conversion (%) Propene Propene 
Propane Oxygen Oi/C3Hs Propane Oxygen Selec. (%) Yield(%} 
3 3.6 1.2 5.3 11.0 53 2.8 
3 3 l 5.4 12.3 57 3.1 
3 2.4 0.8 5.6 16.3 57 3.2 
3 l.8 0.6 5.3 18.3 62 3.3 
3 1.2 0.4 5.8 29.8 63 3.7 
3 0.6 0.2 5.4 52.5 64 3.5 

4 4 1 5.0 10.8 60 3.0 
4 3.2 0.8 5.2 13.9 61 3.1 
4 2.4 0.6 4.9 16.5 63 3.1 
4 l.6 0.4 4.6 21.3 68 3.1 
4 0.8 0.2 4.3 36.8 70 3.0 

Under reaction at low concentrations of oxygen, the propene selectivity is improved and, 

at least at a low concentration of propane, con version can be maintained such that the yield is 

improved. Thus, at the right conditions, operating the reaction at steady-state with a low 
concentration of oxygen may increase propene yields to levels comparable to time-average 

yields obtained by periodic operation. 

8.3.3 Variation of cycle splits 

One factor that places periodic operation with a 1: I split at a disadvantage relative to 

steady operation is that half of the time no products are produced while the catalyst is being 
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re-oxidized. This greatly limits the time-average conversion. In the next series of 

experiments, the propane-oxygen feed split is varied to determine if the oxygen-feed half of 

the cycle can be reduced and a desired propane conversion maintained. These experiments 

compare the relative rates of the oxidation and reduction processes that occur during the 

catalytic reaction. 
Figure 8.3 shows the product responses during periodic operation at four different cycle 

splits. For all experiments in which the cycle split was varied, the propane exposure part of 

the cycle was maintained at 50 s. The oxygen exposure part of the cycle was varied between 

5 and 60 s. The cycle split notation used corresponds to the propane:oxygen ratio. Thus a 

l :0.4 split means the cycle period consisted of a 50 s feed of propane and a 20 s feed of 

oxygen. 

The product responses during the propane exposure part of the cycle was essentially 

identical when the oxygen part of the cycle was varied between 20 and 60 s, even though 

Figure 8.3 shows only the results for oxygen exposures of 30 and 50 s. The product 

concentrations reached a peak after exposure to propane and then declined until the switch to 

oxygen feed. As with the 1: 1 split results., the decline of the carbon dioxide concentration 

lagged slightly behind the other products during the oxygen feed part of the cycle. When the 

oxygen feed duration fell to 10 s or less, the peak in the product concentrations after 

exposure to propane was lower; however, the product concentrations at the end of the 

propane exposure were at about the same level as for splits with longer exposures to oxygen. 

Figure 8.4 shows the propane conversion, oxygen conversion, propene selectivity and 

propene yield for periodic operation with varying cycle splits. The periodic operation results 

are compared to their corresponding results at the same time-average steady-state conditions. 

The oxygen/propane ratio refers to the ratio of the duration of oxygen to propane exposures 

for periodic operation or the ratio of oxygen to propane concentration in the feed for time­

average steady-state conditions. Thus an oxygen/propane ratio of 0.4 refers to a periodic 

operation cycle split of l :0.4 and the corresponding time-average steady-state conditions are 

a feed of 4.3% propane and 1.7% oxygen. 

The propane conversion was constant for periodic operation when the oxygen exposure 

was greater than 20 s or the oxygen/propane ratio was greater than 0.4. At shorter oxygen 

exposures, the propane conversion decreased because of the lower peak product 

concentrations as indicated in Figure 8.3. For the time-average steady-state results, the 

propane conversion always decreased as the oxygen/propane ratio was decreased. The 

oxygen conversion for both periodic operation and steady-state conditions increased as the 

proportion of oxygen feed was decreased. Oxygen conversion was always higher for steady­

state conditions reaching as much as 70% at low oxygen concentration. As with the propane 

conversion, the propene selectivity was constant for periodic operation when the oxygen 

exposure was greater than 20 s, because product responses were identical during the propane 
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exposures over this range of splits. The propene selectivity increased slightly at the lowest 

oxygen exposures. The propene selectivity was always higher for periodic operation 

compared to steady-state. For steady-state, the propene selectivity was constant when the 

oxygen/propane ratio was greater than 0.6, but increased at lower oxygen concentrations. 

This follows the behaviour reported for improved propene selectivity at lower gas phase 

oxygen partial pressures from Table 8.1. The propene yield is higher at all of the periodic 

operation conditions compared to steady-state. 

For periodic operation, the duration of the oxygen exposure could be shortened to as 

little as 20 seconds at the same propane conversion and propene selectivity. The results 

indicate that the rate of re-oxidation of the catalyst is rapid. For a cycle period consisting of 

a 50 s exposure to propane, the catalyst re-oxidizes almost completely during the first 10 s of 

exposure to oxygen. After about 20 s, further exposure to oxygen is unnecessary. By 

varying the split, so as to reduce the oxygen exposure time, the performance of periodic 

operation for propene yield remains constant as long as the oxygen exposure is not too short, 

but the productivity of the catalyst is improved. At shorter oxygen exposures of 10 and 20 s, 
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8. Periodic operation 

the catalyst is not re-oxidized to the same extent as at longer oxygen exposures. It was 
observed for the l: l split results that during the propane-feed half of the cycle the propene 

selectivity increased for a short interval after the peak in product concentrations. At the 

shorter oxygen exposures in Figure 8.3, this change in selectivity is not as apparent, which 

explains the slightly higher selectivity indicated in Figure 8.4 for these cycle splits. It is also 
possible that at the shortest oxygen exposures, preventing 'over-oxidation' or 'full-oxidation' 

of the catalyst may improve the initial selectivity after exposure to propane. Alternatively, 

the initially stable selectivity, immediately after exposure to propane, may simply be a 

consequence of the consecutive sequence of the reaction mechanism because the propane 

conversion changes relatively slowly during this interval. 

8.3.4 Variation of the propane feed scheme with 1:1 splits 

Thus far, in all of the periodic operation experiments feed to the reactor has been 

alternated only between propane and oxygen. This is often referred to as 'bang-bang' 

cycling. In the previous section, evidence indicated that preventing the complete oxidation 

of the catalyst may improve selectivity. Thus, it could be of some benefit to feed some 

propane during the oxidation part of the feed cycle to prevent complete oxidation. To 

investigate this possibility, experiments were undertaken in which the feed scheme of 

propane was varied. 

Figure 8.5 illustrates how the feed scheme was varied. From bang-bang operation, in 

which feed is alternated between propane and oxygen, successively more propane is fed 

during the oxidation half of the feed cycle. Finally, the feed of propane is re-distributed to 
the point where propane is fed constantly at 3% and only oxygen is fed intermittently. Of 

course, in all of the experiments the time-average steady-state feed is the same: 3% propane 

and 3% oxygen. The experiments in Figure 8.5 were perfonned at cycle periods of 60 and 
100 s. 

Figure 8.6 shows the product responses for the final three cycles of periodic operation 
with the feed scheme as illustrated in Figure 8.5. The cycle period for the results in Figure 

8.6 is 100 s, the corresponding results at a cycle period of 60 s are shown in Figure 8.7. 

There are few differences between the product responses at the two different cycle periods 

for identical feed schemes. 

Considerable quantities of products were produced during the oxidation half of the feed 

cycles even when only l % propane was fed. During these periods of simultaneous feed of 

propane and oxygen, the propane conversion was high but the propene selectivity was low 

with the dominant product being carbon dioxide. The selectivity differences of the two 

halves of the feed cycle were most clearly shown when propane was fed constantly at 3% and 

only oxygen was fed intermittently. In this case the concentration of propene and carbon 
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8. Periodic operation 

monoxide were almost constant while the concentration of carbon dioxide cycled between 

very high and low values, reflecting the feed of oxygen. During 'bang-bang' cycling a strong 

overshoot in the product responses was observed. As more of the propane was fed during the 

oxidation half of the cycle, it was expected that the catalyst would be less oxidized at the 

beginning of the propane feed half of the cycle. This appears to result in a progressive 

weakening in the overshoot response. However, even when propane was fed constantly at 

3%, a small overshoot in the propene concentration occurred when oxygen was removed 

from the feed. Upon start-up of the reaction with propane and oxygen, during step-change 

response experiments, an overshoot response was observed (see section 6.3), presumably 
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8. Periodic operation 

because the catalyst was reduced as steady-state was approached. In Figures 8.6 and 8.7, 

during the oxidation half of the feed cycle, when propane and oxygen were both fed, an 

overshoot response was not observed. In this case, the catalyst appeared to be in a reduced 

state before the propane and oxygen were fed and was probably re-oxidized during this half 

of the cycle, despite the introduction of some propane, as indicated by the overshoot 

response when the feed is switched to only propane. 

Figure 8.8 shows the time-average conversion, selectivity and yield at the two cycle 

periods tested. The corresponding steady-state results are indicated on the axes of the plots. 

As more of the propane is fed during the oxidation half of the cycle, propane conversion 

tended to increase; however, at the same time, the propene selectivity tended to decrease. 

The propene selectivity is highest during bang-bang cycling because of the apparently high 

selectivity of the reaction when it occurs in the absence of gas phase oxygen. Selectivity is 

sacrificed for higher propane conversion as more propane is co-fed with oxygen. Even when 

propane is fed at a constant level throughout the cycle period, the propene selectivity is still 

higher than at the corresponding steady-state conditions. It is interesting that the propane 
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8. Periodic operation 

conversion appears to exceed the steady conversion when 2 and 3% propane are fed during 

the oxidation half of the cycle. This may result because of the very different stoichiometry 

and oxygen demands of the reactions for producing carbon oxides versus propene. One can 

think of bang-bang cycling and steady-state operation as two extremes. With bang-bang 

cycling the selectivity is highest but conversion is low, while the opposite is true for steady­

state operation. In accordance with Mars-Van Krevelen kinetics, the oxygen supply on the 

catalyst drives the reaction and governs conversion. When some of the propane is fed during 

the oxidation half of the cycle, conditions are between the two extremes of bang-bang 

operation and steady-state. Selectivity is still somewhat better than for steady-state 

operation. The key is that the production of propene consumes 7 to 10 times less oxygen 

than the production of carbon oxides. Thus, it seems possible, under conditions that favour a 

little higher selectivity to obtain a higher propane conversion because of a lower demand for 

oxygen. In effect, oxygen is used more efficiently. 

As expected, the oxygen and propane conversion increased as more propane was fed 

during the oxidation half of the cycle. However, since the propene selectivity was always 

higher than for steady-state operation, the oxygen conversion never exceeded the steady-state 

conversion. For bang-bang cycling at cycle periods of 60 and l 00 s, the propene yield was 

higher than at steady-state. Propene yield is a balance between conversion and selectivity. It 

appears that at a cycle period of 100 s, the gain in conversion was high enough and the loss 

in selectivity was low enough that yield increased as more propane is fed during the 

oxidation half of the cycle. On the other hand at a cycle period of 60 s, the propene yield 

was nearly steady. The unsteadiness in the propene yield is likely contributed by errors in 

both conversion and selectivity, leading to some uncertainty of interpretation. However, the 

differences in the trends for propene yield at the 60 and 100 s cycle periods may stem from 

the fact that for bang-bang cycling the propene yield at a 60 s cycle period is near optimum. 

Thus perhaps further improvements in the propene yield cannot be obtained at the 60 s cycle 
period by changing the feed scheme of propane. 

8.4 Catalyst reduction by propane pulsing 
Experiments were performed in which the catalyst was continuously reduced by pulsing 

or periodic feeding of propane alternated with helium, without any feed of oxygen. Changes 

in the product responses during the short propane-feed pulses after significant reduction of 

the catalyst are shown in Figure 8.9. A propane pulse consisted of 6% propane fed to the 

catalyst for 30 s; between pulses of propane, helium was fed for 20 s. Samples of catalyst 

with masses 20, 30 and 40 mg were exposed to 30 pulses of propane feed. 

Previously experiments were performed in which catalyst was exposed continuously to 

propane for up to 10 min (see section 6.5). In the bang-bang cycling experiments, at the 
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8. Periodic operation 

longest cycle period, the catalyst was exposed to propane for 200 s. In these previous 

experiments, an overshoot always occurred after the catalyst was exposed to propane. All 

products appeared immediately and for a short interval after the peak in product 

concentrations, the selectivity increased as product concentrations quickly decayed. Beyond 

this point, the selectivity remained stable as product concentrations declined more slowly as 

the catalyst was depleted of oxygen. Responses for periodic feeding of propane, shown in 

Figure 8.9 are different. For the first pulse of propane there is a fast decline in activity, as 

observed earlier. In subsequent pulses, no overshoot response is observed and the activity 

returns to about the level in the previous pulse because the catalyst is not re-oxidized 

between pulses, even though, over the entire 30 pulses a declining trend in activity is evident. 

The trend in activity during about the first 10 pulses is notable. The activity first declines 

then increases for about five more pulses and then declines thereafter. This temporary 

restoration in activity is never observed when the catalyst is continuously exposed to 

propane. Some sort of mass transport effect may lie behind the restoration in activity: 

perhaps after some critical degree of reduction of the catalyst surface is reached, transport of 

oxygen from the catalyst bulk begins, temporarily increasing the activity. Even so if 

transport of oxygen from the catalyst bulk were important, at least some overshoot might be 

expected during the propane pulses, since the surface should be re-oxidized during the 

helium-feed half of a cycle. Another suggestion for the restoration in activity is transport of 

oxygen along the length of the catalyst bed. A strong gradient in the degree of oxidation of 

the catalyst may develop along the length of catalyst bed. When reaction is interrupted, the 

oxygen in the catalyst bed may redistribute. A final possibility is that some restructuring of 

the catalyst surface occurs during the helium feed that increases the reactivity of the oxygen 

remaining on the catalyst surface. 

Figure 8.10 provides a closer look at the product responses for a selection of pulses from 

the experiment with 40 mg of catalyst. As the catalyst is reduced, there appears to be a slight 

lag in carbon oxide production compared to propene, when the reaction re-starts. The 

propene selectivity increases as the catalyst is reduced; on the other hand, this may be simply 

a result of the decreasing conversion of propane. In the bang-bang cycling experiments, a lag 

in the response of the carbon dioxide concentration is observed upon switching to oxygen 

feed. This may result from the oxidation of carbon species on the catalyst. In propane 

pulsing results, no such lag in carbon dioxide is evident upon switching to helium. In this 

case, there may not be sufficient oxygen on the catalyst to oxidize any surface carbon 

species. 

Figure 8.11 shows the average conversion, selectivity and cumulative oxygen removal 

from the catalyst for each pulse of propane. The trends in activity observed in Figure 8.9 are 

reflected in the average propane conversion in Figure 8.11. After the first pulse, there is a 
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large decrease in propane conversion., but in the next 3 to 6 pulses the conversion increases 

again slightly, before continuing to decrease. Propene selectivity increases as more oxygen 

is removed from the catalyst and the propane conversion decreases. It is well-known that 

with such a partial oxidation reaction an inverse relation exists between conversion and 

selectivity to the intermediate product. However, in a comparison of the selectivity and 

conversion for individual pulses, this relation is not entirely followed. Although the 

conversion is higher with 30 mg of catalyst than with 20 mg., the selectivity differs little 
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between these two masses of catalyst. Only with 40 mg of catalyst does conversion seem 

high enough to cause a drop in selectivity. The conversion with 20 and 30 mg of catalyst 

may be too low for any significant consecutive reaction ( oxidation of propene to carbon 

oxides) to occur, causing the selectivity to be independent of the propane conversion. For 

the final pulses of propane over 40 mg of catalyst, the conversion drops to between 2.5 to 

3%. This is about the same conversion for the initial pulses over 20 mg of catalyst. For the 

final pulses over40 mg of catalyst, the catalyst is considerably more reduced and the propene 

selectivity is about 86% compared to between 75 to 80% for the initial pulses over 20 mg of 

catalyst. It is apparent that part of the increase in propene selectivity is due to an 

improvement in the selectivity of the catalyst at higher degrees of reduction. The higher 

selectivity of a more reduced catalyst is also true at the same level of conversion of propane. 

Even so, it seems to require rather significant reduction of the catalyst before selectivity 

improvements are realized. It is only after about 10 pulses and 15 to 20% oxygen removal 

that the selectivity begins to increase. The literature suggests that this relation between 

selectivity and catalyst reduction is the result of the increasing bond strength and thus more 

favourable activity of the oxygen remaining on a more reduced catalyst [60,61]. These 

findings confirm experimental results of Kung and Andersen, for the oxidative 

dehydrogenation of butane over V2Os/AlzO3 [62]. 

The cumulative oxygen removal, shown in Figure 8.11, is based only on the oxygen in 

the magnesium orthovanadate (Mg3 V 20s) phase. It is further assumed that all vanadium is 

present in the orthovanadate phase. The oxygen in the MgO phase is not included in the 

oxygen removal calculation because magnesium is not as easily reduced as vanadium. 

Reducing the vanadium from v+5 to its lowest oxidation state v+2
, corresponds to the 

removal of 37 .5% of the oxygen. After the 30 pulses of propane, vanadium would appear to 

be completely reduced in each catalyst sample. It is possible though that some oxygen in the 

MgO phase is active and there may be additional adsorbed oxygen at or near the catalyst 

surface, disregarded by these bulk calculations. However, it is clear that a relatively large 

quantity of oxygen is removed from the catalyst. During the propane pulsing experiment 

with 40 mg of catalyst, the mass spectrometer signal at mass 2 was monitored to check for 

the evolution of hydrogen via the direct thermal dehydrogenation reaction. There was no 

increase in the mass 2 signal beyond its background value throughout the experiment. 

However, the mass spectrometer was somewhat less sensitive to the detection of hydrogen 

than other products. The ratio of the linear sensitivity coefficients for carbon monoxide, 

propene and carbon dioxide to hydrogen were 1.45, 1.34 and 1.22 respectively. Thus, small 

undetectable quantities of hydrogen may have been produced. But water was a product 

throughout the reduction so oxidative dehydrogenation must have still been the dominant 

reaction for production of propene at these conditions. 
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8.4.1 Temperature-programmed oxidation/desorption 

Temperature-programmed oxidation (TPO) experiments were undertaken to check 

whether any carbonaceous species were deposited on the catalyst during the propane pulsing 
experiments. Before the propane pulsing experiments, the catalyst was run at steady-state 

with 6% propane and 6% oxygen at Sl0°C for about4 h. The catalyst was then exposed only 

to 6% oxygen for 5 min before the propane pulsing was carried out. Figure 8.12(a) shows 

the results of the TPO analysis performed on 40 mg of catalyst directly after propane pulsing. 

The results in Figure 8.12(b) are for the same quantity of catalyst, except in this case TPO 

was performed after a 4 h run at steady-state conditions. The catalyst was exposed to helium 

for 5 min before the TPO was performed. 

During TPO experiments, the feed to the catalyst was switched from helium to 6% 

oxygen at time zero. Also temperature ramping was begun. The temperature was ramped 

from the reaction temperature 510°C at a rate of about 10°c min·l to about 645°C. The final 

temperature was maintained constant for about 12 min. The catalyst bed temperature, 

throughout TPO, is shown in Figure 8.12. 

In Figure 8.12(a), immediately after the switch to oxygen, a peak of carbon dioxide is 

produced and then disappears after about 100 s. As the temperature is ramped, more carbon 

dioxide is produced, peaking after about 800 s. In previous results (see section 6.5), after the 

catalyst had been exposed continuously to propane for 10 min, this same peak in carbon 

oxides was produced~ immediately after exposure to oxygen; however, in that case the 

temperature was not ramped beyond the reaction temperature. Consequently, additional 

carbon species are on the catalyst which can only be oxidized at elevated temperatures. 

However, Figure 8.12(b) indicates that these carbon species are also present on a catalyst 

exposed only to steady-state conditions. The only additional carbon species on the catalyst 

exposed to propane pulsing seem to be mostly oxidized at or near the reaction temperature 
510°C. No deactivation of the catalyst at steady-state conditions was observed. Thus, the 

carbon species oxidized at elevated temperatures present on both catalysts are probably 

rather inert and do not seem to block active sites. 

There may also be some increase in the carbon monoxide signals in Figure 8.12, but 

there is considerable noise in these signals at the very low range of concentrations shown in 

the figure. The negative mole fractions of carbon monoxide result because of the method of 

treatment of the MS data, which accounts for cross-contributions of ion species in the mass 

spectrum, particularly at mass 28. However, as inferred from the carbon dioxide signal, the 

integrated quantity of carbon oxidized from the catalyst exposed to propane pulsing was 19.4 

µmol. For the catalyst only exposed to steady-state conditions, 17.4 µmol of carbon was 

oxidized. The difference between these values, 2 µmol, is the additional carbon on the 

catalyst exposed to reaction conditions without gas phase oxygen. The catalyst surface bears 
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Figure 8.12 Temperature-programmed oxidation results; (a) after propane pulsing, (b) after 
only steady-state reaction. 

more than 17.4 µmol of the apparently inert carbon, since if the oxidation had been carried 
out for a longer period of time, and/or the temperature had been ramped further, it is likely 

that more carbon dioxide would have been produced. For purposes of comparison, 40 mg of 

catalyst contains 176 µmol of vanadium. 
Temperature-programmed desorption (TPD) was also performed with catalyst samples 

that had previously undergone propane pulsing and steady-state reaction. The TPD 

experimental method was the same as for the TPO except the catalyst was exposed only to 

pure helium at the same total flowrate during the temperature ramp rather than an oxygen 

and helium mixture. Figure 8.13 shows the results of these experiments which correspond to 

the TPO results shown in Figure 8.12. 
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Figure 8.13 Temperature-programmed desorption results; (a) after propane pulsing, (b) after 
only steady-state reaction. 

Without the gas phase oxygen, a considerably smaller quantity of carbon oxides is 

produced from the catalyst samples. Because of the oxygen-sparse conditions, some carbon 

monoxide in addition to carbon dioxide is produced, particularly from the catalyst exposed 

only to steady-state reaction. The results indicate that the carbon oxides formed result from 

carbonaceous species on the catalyst surface and not simply adsorbed carbon oxides. These 

carbonaceous species must be oxidized either by the gas phase oxygen or the lattice oxygen 

of the catalyst, since regardless of the previous reaction conditions, a smaller quantity of 

carbon oxides were formed without gas phase oxygen. Also without gas phase oxygen, 

carbon oxides are less plentiful from propane pulsing than from steady-state reaction. The 
catalyst subjected to propane pulsing is more reduced and thus lacks the oxygen to oxidize 

the carbonaceous species. Even so, this catalyst is likely covered by a greater quantity of 
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these carbonaceous species, as indicated by the larger quantity of total carbon formed from 

the propane pulsing catalyst during TPO. 

Without gas phase oxygen, no low-temperature carbon oxides were produced from the 

propane pulsing catalyst. Some of the carbonaceous species that are oxidized only at high 

temperatures can be oxidized by lattice oxygen, though they do not seem to cause 

deactivation of the catalyst and block active sites. It is possible that at the higher reaction 

temperatures, the surface and/or lattice oxygen become mobile and can migrate to and 

oxidize these normally isolated carbonaceous species. Otherwise, these carbonaceous 

species block sites or are in the vicinity of sites (the 'sites' in this case may also be thought 

of as surface oxygen) that are not active at low reaction temperatures (510°C). These sites 

are activated as the temperature is elevated. 

8.5 Further discussion and conclusions 

8.5. l General results 

The results presented in this chapter contribute to a clearer picture of the effect of 

reaction conditions and condition of the catalyst on the selectivity of the reaction. When the 

reaction is operated at steady-state, higher selectivity for propene production is favoured at 

lower gas phase concentrations of oxygen (this is further supported by experimental results 

in chapter 9). The highest selectivity attainable would seem to be by the non-steady-state 

operation of the reaction with the complete absence of gas phase oxygen. When the reaction 

is operated periodically with alternating feeds of propane and oxygen, an overshoot is 

obtained in product concentrations during the propane-feed half of the cycle. During the 

initial sharp decline in activity, the selectivity further increases. This may be due to the 

initially high degree of oxidation of the catalyst or may simply result due to the consecutive 

nature of the reaction mechanism. During the later slower decline in activity, the selectivity 

is stable. The propane pulsing experiments indicate that an additional improvement in the 

selectivity of the catalyst occurs when the catalyst is further deeply reduced, beyond the 

removal of about 20% of the magnesium orthovanadate phase oxygen. Thus, there are two 

factors contributing to improved selectivity for production of propene. First, a low 

concentration of gas phase oxygen and secondly a low concentration of lattice oxygen. With 

the presence of gas phase oxygen some highly active and strongly oxidizing species may 

form on the catalyst surface. The concentration of these non-selective oxygen species may 

be proportional to the gas phase oxygen concentration. More strongly bound and less active 

oxygen species are less likely to cause deep oxidation. Thus, when the catalyst is almost 

completely reduced, it is most selective for production of propene. 
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The TPO and TPD experiments indicate that even under non-steady-state operation, the 

catalyst surf ace contains a significant quantity of carbonaceous material. This carbonaceous 

material can be oxidized at elevated reaction temperatures. When the reaction is operated 

without gas phase oxygen, an additional quantity of carbonaceous material exists on the 

catalyst surface. This is oxidized almost immediately upon exposure of the catalyst to 

oxygen at the reaction temperature. 

8.5.2 Periodic operation and other forms of non-conventional operation 

By operating the oxidative dehydrogenation reaction in a periodic manner with 

alternating feeds of propane and oxygen, high selectivity for the production of propene can 

be obtained. However, operation at steady-state with a low oxygen partial pressure., and 

particularly with a low propane partial pressure, may also result in as high yields for propene 

as with periodic operation. It is unclear whether periodic operation is a superior mode of 

operation compared to all steady-state conditions. 

One must keep in mind though that the comparison between steady-state and periodic 

operation made in this chapter has been rather restrictive. The main factor that has limited 

the performance with periodic operation has been the time-average conversion. Only at the 

Oxidation 
Reactor 

Reduced shortest cycle periods is the time-average 
Catal st Alkane 

Oxidized 
Catalyst 

Reduction 
Reactor 

conversion under periodic operation sufficient to 

exceed the yield at a comparable time-average 

steady-state condition. It is unlikely though that 

the reaction would be operated industrially with 

alternating feeds of propane and oxygen through a 

fixed bed of catalyst. It is more likely that the 

catalyst would be transported continuously as a 

fluidized bed between oxidation and reduction 

reactors as illustrated in Figure 8.14. Such 

reactor technologies are well-established, such as 
Alkene, COx for catalytic cracking. Researchers at Dow 

Chemical who recently investigated the periodic 
Figure 8.14 Redox fluidized bed reactor operation of the oxidative dehydrogenation of 

butane did not consider the 'time-average' 

conversion of butane (56,57], i.e. the down-time of the reactor for re-oxidation of the 

catalyst Their intention was that, beyond the lab-scale, the reaction would be operated with 

a fluidized bed as in Figure 8.14. From this perspective, the disadvantages of periodic 

operation over a fixed bed at steady-state are a more expensive and complex reactor system 

and loss of catalyst because of erosion. If one does not consider the 'time-average' propane 

conversion, the propene yields in Figure 8.2 would all be twice as high, since during half the 
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cycle oxygen is fed and no products are produced. With such a less demanding comparison, 

one could conclude that the yield at periodic operation is superior than at all steady-state 

conditions, since it is clear that the highest possible propene selectivity is obtained without 

gas phase oxygen. 

Periodic operation via a fluidized catalyst bed has additional advantages compared to 

steady-state operation. The best yields of propene at steady-state seem to be attainable at 

high propane to oxygen ratios, which can be close to spontaneously flammable mixtures of 

the reactants. By reducing and oxidizing the catalyst in separate reactors, contact between 

oxygen and hydrocarbons is minimized, resulting in a safer operation. Also, with a fluidized 

bed of catalys~ mixing results in a uniform temperature profile in the bed so that hot spots 

that can occur in fixed catalyst beds are avoided. 

There are some potential problems with periodic operation using a fluidized bed redox 

reactor. Reaction rates tend to be low when the reaction occurs without gas phase oxygen. 

Alkana 
Also, as Figure 8.2 indicated, the best yields 

are obtained at short cycle periods because 

propane conversion is highest due to the 
Alkene, COx overshoot response of the reactants. Thus the 

Fluidized 
Bed 

Inert+ 0 2 

Reduction 
Zone 

Oxidation 
Zone 

Figure 8.15 In situ redox fluidized bed 
reactor 

best performance of the redox reactor may 

require an exceedingly high rate of circulation 

of the catalysL Recently, Ramos et al. [99) 

published results for testing of what they call 

an 'in situ' redox fluidized bed reactor which 

would seem to circumvent such problems. 

The basic design of such a reactor is 

illustrated in Figure 8.15. The oxygen is fed 

into the bottom of the reactor while the alkane 

would be fed through a distributor at some 

location near the top of the fluidized bed. 

Conditions should be such that the complete 

conversion of oxygen occurs. Oxidation of 

the catalyst would occur in an area near the 

bottom of the fluidized bed and the reduction 
of the catalyst and reaction would occur near the top. Ramos et al. concentrated on studying 

the operating conditions for a lab-scale reactor that would effectively separate the oxidation 

and reduction zones for the oxidative coupling of methane. This 'in situ' redox reactor offers 

the added advantage of flexibility of operation. It may not be optimal to completely separate 

the oxidation and reduction zones. It was demonstrated by the results in section 8.3.4, that 

by feeding mixtures of propane and oxygen, the time-average periodic operation propane 

l05 



8. Periodic operation 

conversion could be boosted without large loses in selectivity. This provides an increased 

propene yield. 
Also, with some sort of fluidized bed redox reactor system it may be possible to operate 

a kind of 'hybrid' reaction. The researchers at Dow Chemical found that at sufficient levels 
of reduction of their catalyst, direct thermal dehydrogenation would occur to some degree 
producing alkenes and hydrogen [56,57]. With severely limited oxidation of the catalyst, it 

may be possible to thermally couple oxidative dehydrogenation and the direct thermal 

dehydrogenation reactions. The aim of such an operation would be to perform oxidative 
dehydrogenation just enough to maintain the catalyst clean of deactivating carbonaceous 

deposits, minimize production of carbon oxides and produce sufficient heat to be consumed 
by the direct thennal dehydrogenation. Indeed, a careful balancing act! 

The results in this chapter indicate that operation of oxidative dehydrogenation with a 
membrane reactor should be attractive. In the research performed with membranes thus far, 
mostly inert membrane reactors have been used [87-90]. The basic configuration of these 

reactors is shown in Figure 8.16. The alkane is fed only through the central part of the 
reactor where the fixed bed of catalyst is located while oxygen is fed only in the outer 

annular space. It is 
important to note that the 
membrane is catalytically 1111111111111111111111111111111111111111111111111111111111111111111111111111111~ 

Alkana ---91 Ct1:!rst Alkene, COx inert. Oxygen must diffuse 
through the membrane and 

11111111111111111111111111111111111111111 lll1111111111111111111111111111111111 

Membrane 

Figure 8.16 Inert-membrane reactor 

its gas phase partial pressure 
is considerably lower in the 

inner region of the reactor. 
Pantazidis et al. [89] 

reported that the use of such 
a reactor for the oxidative dehydrogenation of propane with a Mg-V-0 catalyst resulted in an 
increase in propene yields compared with co-feeding propane and oxygen through the inner 

region of the reactor. The results in this chapter suggest that the improvements in yield 

occurred because the membrane maintained a low oxygen concentration in the gas phase 
region of the catalyst bed. One might think that similar results could be obtained by co­

feeding the propane and oxygen in the inner region, with just a lower concentration of 
oxygen. However, the principal advantage of the inert membrane is that the oxygen feed is 
distributed along the catalyst bed, so that all of the catalyst can be maintained at an optimal 
level of oxidation. If lower concentrations of oxygen were simply fed in the inner region, 
high conversion of oxygen would result in a steep gradient in the oxygen partial pressure 
along the catalyst bed. 
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A superior membrane reactor might be a truly catalytic-membrane reactor. In such a 

reactor, the catalyst bed would be absent and the catalyst would be deposited on the inner 

walls of the reactor. Oxygen would diffuse through the membrane to oxidize the catalyst and 

ideally there would be no gas phase oxygen in the inner region of the reactor. The principal 

disadvantage of a catalytic-membrane reactor is that the reaction rate would be limited by the 

rate of diffusion of oxygen through the membrane. Pantazidis et al. attempted to obtain such 

a reactor configuration by supporting Mg-V-O and nickel based catalysts on a commercial 

porous alumina membrane. However, the membrane material proved to be an ineffective 

barrier for the oxygen and the oxygen partial pressure in the inner region of the reactor was 

not much lower than in the annular region. The development of effective membrane 

materials for the high reaction temperatures of partial oxidation reactions seems to be a 

major challenge in membrane reactor technology. 
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9. Oxygen partial pressure effects 

It was shown in chapter 6 that the selectivity of oxidative dehydrogenation was higher 

when perfonned without gas phase oxygen at the same levels of conversion of propane. 

Some steady-state results, in Section 8.3.2., suggested that higher selectivity may be obtained 

at steady-state conditions provided the oxygen concentration is kept low. In this chapter, the 

effect of oxygen partial pressure on the selectivity of the reaction is examined further. The 

purpose of this is to determine whether the higher yield of the reaction at non-steady­

state/periodic operation conditions without gas phase oxygen is simply a continuation of 

improved perfonnance of the reaction at steady-state conditions with low oxygen partial 

pressures. First, steady-state results with varying oxygen partial pressures will be presented 

which confirm that the selectivity of the reaction is improved at steady-state with low oxygen 

partial pressures at a constant conversion. Secondly, kinetic models, based on the redox 

models presented in chapter 4, are developed to explain the steady-state data. Finally, these 

kinetic models are applied to some periodic operation conditions to determine if they too can 

describe the selectivity and dynamics of the reaction. 

9.1 Oxygen partial pressure effects at steady-state 

9.1.1 Method of data collection 

Steady-state data were collected by performing the reaction with a varying feed ratio of 

oxygen-to-propane from 0.1: l to l: 1. The experiments were repeated with feed propane 

concentrations of 6 and 4% and catalyst masses of 20, 30 and 40 mg. The reaction 
temperature was always 5 lD°C. 

The steady-state data were collected in a manner similar to that described in chapter 5. 

For a given mass of catalyst, the reaction was started with a standard set of reaction 

conditions. The standard set of reaction conditions consisted of feed concentrations of 6% 

propane and 6% oxygen. With the fresh catalyst~ the standard reaction conditions were run 

initially for at least 3 h. The catalyst was then exposed in turn to different sets of reaction 

conditions in a random order. The catalyst was exposed to each set of reaction conditions for 

l.5 h. During this period~ the product gases were analyzed by gas chromatography (GC) 

every 0.5 h. The first analysis was done 0.5 h after the catalyst was exposed to a chosen set 

of reaction conditions. The results presented are an average of three analyses collected over 
l.5 h. 

Between every set of reaction conditions, the catalyst was exposed to the standard 

conditions. Unlike the results in chapter 5, there was never any significant change in the 
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selectivity of the catalyst at these standard conditions, during collection of the data. 
Presumably this is because the oxygen concentration for all of the reaction conditions was 

low, with the oxygen concentration never exceeding that of the propane. The variations in 

selectivity observed for the data in chapter 5, seemed to result from reaction conditions with 

excess oxygen concentrations. 
For all reaction conditions, no trends in the conversion or selectivity were discernible 

among the three analyses performed. For example, at conditions with very low oxygen 

partial pressures which tended to have high conversions of oxygen, it might be expected that 

some deactivation of the catalyst might occur. However, for the short periods of time that 

these conditions were run (l.5 h), no appreciable deactivation was observed. 

9.1.2 The steady-state data 

Figures 9.1 and 9.2 show conversions and selectivities for the steady-state data collected 

with varying oxygen-to-propane feed ratios. Generally, propane conversion decreases as the 

feed concentration of oxygen is lowered, but at the same time, the propene selectivity 

increases. If one compares the propene selectivity at different oxygen feed concentrations 

and about the same propane conversion, lower gas phase concentrations of oxygen favours 

higher propene selectivity. Table 9.1 lists results from Figure 9.1 at about 4% propane 

conversion. As the oxygen feed concentration is lowered from 6 to 0.6% and the catalyst 

mass is increased to maintain the propane conversion, the propene selectivity increases from 
42 to 74%. 

Table 9.1 
Effect of oxygen feed concentration on selectivity at constant propane conversion* 
Catalyst Mass 
(g) 
20 
30 
40 

Oxygen feed Cone. 
(%) 

6 
2.4 
0.6 

* 6% propane feed, 510°C 

Propane Conversion 
(%) 

4.1 
3.9 
4.4 

Propene Selectivity 
(%) 
42 
65 
74 

For a consecutive reaction scheme, which at least partly describes partial oxidation, 

conversion and selectivity to the intermediate product, will be inversely related. Comparing 

propene selectivities, in Figures 9.1 and 9.2, at the same feed concentrations of both propane 

and oxygen, conversion and selectivity are not always inversely related, probably because 

the expected selectivity-conversion relation is convoluted with the effects of oxygen 

conversion on selectivity. For example, for a consecutive reaction, the selectivity for 

experiments with 40 mg of catalyst, which always exhibit the highest conversion, should be 

lower than selectivity with 30 and 20 mg of catalyst at the same reaction conditions. 

109 



9. Oxygen panial pressure effects 

8 

+ 
7 

it. + 
C: 
0 6 e 
~ 
C: 
0 
0 5 + 0 

CD + C: 0 0 Id 
Q. 4 • e 0 

CL 0 0 11( 

3 • 
11 • 

2 

75 
+ 

70 
0 0 

• 
it. • + 

:a- 65 0 

;§ 
0 +40mg 0 60 G 

<ii • en 0 030mg 
CD 55 JE + C: 
CD + •20mg Cl. 
e 

50 • CL 

45 

• 
40 

80 

of, 

70 

";fl. 
60 0 

C 
0 
'! 
(I) 50 f: II + 
0 

(.) 
C: 40 
ID 

~ ;-

0 30 0 

J( +-

20 i 0 
+ + 

• I( 

100 
0 

0.2 0.4 0.6 0.8 
Oxygen/Propane Feed Ratio 

Figure 9.1 Conversion and selectivity for steady-state reaction with 6% propane 
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Figure 9.2 Conversion and selectivity for steady-state reaction with 4% propane 
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However, oxygen conversion is also always highest with 40 mg of catalyst The lower gas 

phase concentration of oxygen, however improves the selectivity. 

A simpler explanation for the weak selectivity-conversion relation observed is that at 

these reaction conditions little consecutive reaction occurs. The carbon oxides at these low 

conversions of propane are produced directly from propane. In the steady-state kinetic 

modelling exercise in chapter 4, a strictly consecutive reaction model best described the data. 

However, for about half of the results in chapter 4, 2% propene was fed to the reactor. At 

these relatively high gas phase concentrations of propene, the intermediate product, it is 

likely that the consecutive reaction - the production of carbon oxides from propene -

predominated. 

For reaction conditions with a low feed concentration of propane and/or low conversion 

due to a low catalyst mass, the propane conversion seemed to be less dependent on the 

oxygen feed concentration. This is indicated by the smaller change in propane conversion in 

Figure 9.2 with 4% propane than in Figure 9.1 with 6% propane. This was particularly the 

case with lowest mass of catalyst, 20 mg. Of course, at a lower propane concentration, the 

absolute change in oxygen concentration was lower since the feed ratio of oxygen and 

propane was varied. This also explains the rather small changes in propane conversion for 

the steady-state experiments with 3% propane shown in section 8.3.2. The propane 

conversion may also be less dependent on changes in the oxygen concentration at lower 

conversions (due to a lower mass of catalyst) because the catalyst may be more fully 

oxidized at these conditions and the rate of reduction of the catalyst more rate-determining. 

Thus, changes in the oxygen concentration and rate of reoxidation have just a small effect on 
the conversion of propane. 

The selectivity among the carbon oxides also varied as the feed concentration of oxygen 

is lowered. In Figure 9.3, the ratio of carbon monoxide to carbon dioxide is compared for 

each of the steady-state experiments. As the conversion of propane decreases, the total 

production of carbon oxides decreases; however, carbon dioxide tends to decrease more 

sharply than carbon monoxide. This indicates that some of the carbon dioxide arises from 
further oxidation of carbon monoxide. 

9.2 Steady-state kinetic modelling 
The data in Figures 9 .1 and 9 .2 indicate a relation between the oxygen gas phase 

concentration and selectivity which cannot be explained simply by the conversion-selectivity 

relation for a consecutive reaction. The steady-state kinetic models developed in chapter 4 

do not account for this effect. In the following sections, extensions are made to these redox 

models to allow for the apparent relation between selectivity and gas phase oxygen 

concentration. 
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Figure 9 .3 Variation of ratio of carbon oxides 

9.2.1 Kinetic modelling methods 

As with the data in chapter 4, nonlinear regression methods were used to fit kinetic 

models to the data in Figures 9.1 and 9.2. Reaction rates for each of several models were 

integrated over the mass of catalyst, at each of the experimental conditions, to calculate the 

predicted outlet reactant and product concentrations. A derivative-free algorithm searched 

for values of the model parameters that minimized the sum of the squares of the residuals. 

Only propane, propene and carbon oxide concentrations were included in the analysis 

because only their concentrations were independently measured by the GC analysis. 

The selectivity between propene and total carbon oxide production was the focus of the 

modelling work. None of the kinetic models examined described the selectivity of the 
reaction between carbon monoxide and carbon dioxide. As a result, only the total production 

of carbon oxides is included in the regression analysis. However, it is evident from Figure 

9 .3 that the ratio of carbon monoxide to carbon dioxide production varied with reaction 
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conditions. This ratio affects the consumption of oxygen and, in tum, for most models, the 

degree of catalyst reduction. To account for this variance, an estimate for the ratio of 

production of carbon dioxide to carbon monoxide was included in each model. A power law 
rate model, with the same form as PL 1 (see chapter 4, section 4.2) was fitted to the data and 

its estimates for the rates of production of carbon dioxide and carbon monoxide were used to 

calculate the needed ratio. The decreasing ratio of carbon dioxide to carbon monoxide with 

increasing oxygen feed was estimated by 

17 .08 P, O.lS89 p 0.4529 
C,H6 02 

X = 96.62P C,H6 0.6223 p Oz 0.2540 
(9.1) 

This ratio was only used for calculations of the rate of oxygen consumption based on the rate 

of production of total carbon oxides. 

9.2.2 Redox model with single carbon oxide production path 

To demonstrate the inadequacies of the redox models developed in chapter 4, in 

describing the effect of oxygen partial pressure on selectivity, a redox model similar to the 

MV2 model (see section 4.3) was fitted to the data. The rate equations for this kinetic model 

were 

r1 = k1 Pc1H, (l - /3) 

r2 = k2 Pc1Hr, (l- /J) 

r3 = k3Po:/J 

(9.2) 

(9.3) 

(9.4) 

The rate of production of propene and carbon oxides are represented by r 1 and r2 

respectively. These reactions consume oxygen from the catalyst. The rate of reoxidation of 

the catalyst is r3. The degree of reduction of the catalyst (/J) can be calculated because at 
steady-state, the total rates of reduction and oxidation of the catalyst are equal. In this case 
the appropriate equation is 

3(3x+2) 
05k1 p C,Ha + 2(x + 1) k2 Pc3H6 

/J=--------3(3x+2) 
k3 Po: + 0.5k1 pc,«. + 2(x + 1) k2 Pc'JH6 

(9.5) 

The only difference between this model and MV2 is that, equation 9.3, the rate of production 

of carbon oxides is based on the gas phase partial pressure of propene and not on a surface 

concentration of propene. When the MV2 model was fitted to the data k2 and the adsorption 
equilibrium constant for propene were highly correlated. This model based simply on the 

propene partial pressure yielded a lower residual sum of squares (SS) than MV2. Adsorption 

of propene on to the catalyst surface was more important for the data in chapter 4, from 
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which the MV2 model was developed, probably because of the high propene partial 

pressures in that set of data. 
Table 9 .2 shows the values of the fitted rate constants. The residual sum of squares was 

5.3lxl0-2 and there was little correlation among the parameters. Figure 9.4 compares the 

model predictions and experimental data for 4% propane feed. The data for 6% propane feed 

showed similar results. As the oxygen-to-propane feed ratio decreases, the degree of 

reduction of the catalyst increases, resulting in a decrease in the propane conversion as would 

be expected for a redox model. The propene selectivity simultaneously increases, although 

there is a large spread in the selectivities predicted with different quantities of catalyst. This 

is not reflected in the data. The model predicts that the lowest selectivity should be obtained 

with the largest quantity of catalyst. According to the data, lower selectivity is not obtained 

with the largest quantity of catalyst. The increasing propene selectivity predicted by the 

model is merely the result of the decreasing propane conversion which stems from the 

consecutive reaction mechanism. According to the da~ the propene concentration remains 

almost constant as the oxygen-to-propane feed ratio decreases, but the model predicts a 

decrease in the propene concentration. The propene concentration must decrease because the 

degree of reduction of the catalyst is increasing and both the production rates of propene and 

carbon oxides depend on the degree of oxidation of the catalyst. 

Table 9.2 
Parameters of redox model based on MV2 by least-squares regression 
Parameter Value Units 
k1 2.74x10·1 ml STP min·1 (g catr1 bar·1 

k2 l.37xlff3 ml STP min"1 (g catr1 baf 1 

k3 2.04 ml STP min"1 (g catr1 bar"1 

9.2.3 Redox models with dual carbon oxide production paths 

In order to describe the effects of the oxygen partial pressure on selectivity, it would 

seem that a kinetic model must include an additional pathway for the production of carbon 

oxides that depends on the gas phase partial pressure of oxygen. Periodic operation results, 

shown in chapter 8, indicated that at the switch between feeds of oxygen and propane, the 

selectivity of the reaction was immediately high; however, it increased for a brief period (20-

30 s) and then was rather constant Even without gas phase oxygen, carbon oxides were 

produced; thus, the production of carbon oxides must not depend only on the presence of gas 

phase oxygen. 
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Figure 9 .4 Comparison of experimental data at 4% propane and red.ox model predictions 

Figure 9 .5 illustrates the kinetic models containing alternative pathways for production 

of carbon oxides that were examined. All of these models are at least partially of a red.ox 

nature where the catalyst's surface oxygen reacts with hydrocarbons to produce the products. 

These models will be called OMV for dual Mars-Van Krevelen models. For the models 

DMVl, DMV2 and DMV3, two kinds of surface oxygen exists which will be referred to as a 

and ~ surface oxygen. In the kinetic models, the symbols a and P will be used to represent 

the degree of reduction of the a and~ surface oxygens, respectively. It is well-known that 

partial oxidation catalysts may contain different types of surface oxygen species that promote 

different reactions. The a-oxygen only contributes to the production of carbon oxides, while 

the ~-oxygen produces both propene and carbon oxides. The data in Figures 9.1 and 9.2 

indicate that there is little relation between propane conversion and propene selectivity, 

suggesting that the reaction mechanism may not be entirely consecutive. For this reason, 

variations of the four main models were examined in which the carbon oxides were produced 

either from propane or propene. Propene was of course always produced from propane and 
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Figure 9 .5 Kinetic models with dual carbon oxide production paths 

from only the f3-oxygen. For the models DMVl, DMV2 and DMV3 there are three 

variations. The carbon oxides from both a and J3 surface oxygen may be produced from 

propane: 

a: C3Hs ➔ COx 

f3: C3Hs ➔ COx 

which is a completely parallel mechanism and will be referred to as sub-model P, and for the 

DMVl model it is denoted as DMVl-P. Since it always produces only carbon oxides the a­
oxygen is perhaps a more reactive and non-selective oxygen that can completely oxidize 
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propane directly. Thus, by a mixed parallel and series reaction mechanism, the a-oxygen 

produces carbon oxides from propane and the ~-oxygen produces carbon oxides from 

propene: 

a: C3Hs ➔ COx 

~: C3H6 ➔ COx 

This sub-model will be referred to as Sl, and for the DMVI model it is denoted as DMVl­

S 1. By an alternative mixed reaction mechanism a-oxygen produces carbon oxides from 

propene and the ~-oxygen produces carbon oxides from propane: 

a: C3H6 ➔ COx 

~: C3Hs ➔ COx 
This sub-model will be referred to as S2, and for the DMVI model it is denoted as DMVI­

S2. 

In the literature on catalytic oxidative dehydrogenation, it has often been proposed that 

the loosely bound oxygen promotes the production of carbon oxides (9,60-62]. The a­

oxygen can be considered a loosely bound excess surface oxygen that is present only with 

gas phase oxygen. On the other hand, ~-oxygen can be considered strongly bound lattice 

oxygen. There ought to be relatively much less a than ~-oxygen, since according to the 

transient reaction data, without the presence of gas phase oxygen, the selectivity of the 

reaction is almost immediately higher, suggesting the a-oxygen is either quickly consumed 

or converts quickly into ~-oxygen. 

For the OMV I modet the a-oxygen is a kind of intermediate oxygen species between 

the gas phase oxygen and the more strongly bound lattice ~-oxygen. In the case of the 

DMV2 model, the a-oxygen can be considered an 'overflow' surface oxygen that tends to be 

produced when all the sites for ~-oxygen are occupied. By the DMV3 model, a-oxygen is 
produced by the interaction of gas-phase oxygen and ~-oxygen. This model is congruent 

with the suggestion (71] that total oxidation involves an oxygen adspecies, ff, arising from 
gaseous oxygen activation with the lattice oxygen 0 2

-: 

0.5 02 + 0 2
- ➔ 2O-

where the ~-oxygen would be 0 2
- and a-oxygen would be the adspecies, o-. 

According to the DMV 4 model, the additional pathway for production of carbon oxides 

simply involves the reaction of gas-phase oxygen with surface adsorbed propene. There are 

only two variations of this model. In the first, the ~-oxygen produces carbon oxides from 

propane which will be denoted as DMV4-P. Alternatively, the ~-oxygen produces carbon 

oxides from propene which will be denoted as DMV4-S. 
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9.2.4 Application of dual redox models to data 

DMVI and DMV2 models 
The rate equations for the DMVl-Sl model are 

'i = kl PC3H1 (1- /3) 

r2 = k2 Pc1H6 (1- /3) 

r3 = k3 Pc1Ha (1-a) 

r4 = k4 P0:a 

r5 = k 5/3(1- a) 

9. Oxygen partial pressure effects 

(9.6) 

(9.7) 

(9.8) 

(9.9) 

(9.10) 

The rate equations for the other DMVl sub-models are the same except r2 and/or r 3 would 

depend on the appropriate reactant partial pressure, propane or propene, depending on the 

series or parallel nature of the model. For steady-state conditions, equations expressing the 

exchange of oxygen between the two pools of oxygen on the catalyst surface and the gas 

phase can be formulated. From these equations, it is possible to solve for the degrees of 

reduction of each type of oxygen. The resulting expressions for the DMV 1-S 1 model are 

f --Jf 2 -4eg 
a=------

2e 

c+d 
/3= c+d+k

5
(1-a) 

where 

e = k5 (a+b) 

f = ac + ad +be+ bd + ks (2a + b + c + d) 

g = ac +ad+ ks (a + c + d) 

and 

10x+7 
a=---k P. 2(X + 1) 3 C1Ha 

b = k4PO: 

C = 0.5kl Pc1H, 

(9.11) 

(9.12) 

(9.13) 

(9.14) 

(9.15) 

(9.16) 

(9.17) 

(9.18) 

(9.19) 

The above expressions for the other OMV 1 sub-models are the same except that a and/or d 

depend on the appropriate reactant partial pressure, propane or propene, and stoichiometric 
coefficient. 
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When the D MV 1 models were fitted to the data, it was found that k2 was very small and 

nearly zero. This is the rate constant for the production of carbon oxides from the (3-oxygen. 

If k2 were zero, then all of the carbon oxides would be produced from the a-oxygen. The 

quantity of a-oxygen varies the greatest as the feed ratio of oxygen-to-propane is decreased, 

because it is produced directly from the gas-phase oxygen. Due to this variation, at transient 

reaction conditions without gas phase oxygen, there would be little to no a-oxygen 

remaining on the catalyst Calculations indicated that the propene selectivity of the reaction, 

occurring only from the (3-oxygen, would be near 100%, considerably more than was 

observed for the periodic operation experiments. In order that the DMVl model not predict 

such a high propene selectivity under transient conditions, the value of k2 was set as a 

fraction of the k1 value, such that the selectivity of the reactions from the fl-oxygen would be 

about 80%. 
Table 9.3 shows the values of the least-squares parameters for each of the DMVl-type 

models. Correlations among parameters was low for all of the models. The residual sum of 
squares (SS) were 3.7x10-2

, 3.3x10-2 and 4.2xl0-2 for the S1, P and S2 sub-models 

respectively. Based on the lower SS values, the DMVl-type models did seem to describe the 

data better than the redox model with just one type of surface oxygen. 

Table 9.3 
Parameters of DMV 1 models by least-squares regression* 
Parameter DMVl-Sl DMVI-P DMVl-S2 
k1 l.72xl0-1 1.39xlff1 2.18xlff1 

k1 9.08x10-2 9.2lx10-2 9.39xl04 

k, 9.02xlff1 8.7lxlff1 1.04 
ks 6.16xl07 7.73xl05 6.47xl01 

Units 
ml STP min-I (g catr1 bar-I 
ml STP min- 1 (g catr1 bar-1 

ml STP min-I (g catr1 bar-1 

ml STP min-1 (g cat)-1 

Figures 9.6 and 9.7 compare model predictions and experimental data for the DMVl-Sl 

and DMVI-P models, respectively, for data with 4% propane feed. Both models describe the 

increase in selectivity as the oxygen-to-propane feed ratio decreases more successfully than 

the redox model with one type of oxygen (Figure 9.4). The spread in the selectivity between 

the different masses of catalyst is smaller. The models also predict an almost constant 

propene concentration as the oxygen-to-propane feed ratio is decreased. There is somewhat 

more spread in the selectivity between masses of catalyst for the S 1 model compared to the P 

model because it retains a consecutive reaction characteristic. For both of these models, the 

degree of reduction of the a-oxygen showed a large variation over the range of oxygen-to­

propane feed ratios while the (3-oxygen remained almost completely oxidized. The 

improvement in selectivity results mainly from the decrease in the a-oxygen because it 
produces only carbon oxides. 
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Figure 9.6 Comparison of experimental data at 4% propane to predictions of DMVl-S 1 
model 

The constant complete oxidation of the (3-oxygen created problems in determining ks. 

The rate constant, ks, expresses the rate of conversion of oxygen from ex-oxygen to (3-oxygen. 

To maintain the complete oxidation of the (3-oxygen required a large value for k5, as can be 

seen in Table 9.3. However, ks could be infinity, so no unique optimal value for ks existed. 

Consequently the confidence intervals for ks were very large; about an order of magnitude 

larger than the value for ks in Table 9.3. The precision of other parameters were much 

greater, since their confidence intervals were in the range of about an order of magnitude less 

than the predicted values. Clearly though, k5 must be large for the DMVl-Sl and P models, 

but from steady-state data, no unique value could be determined. 

For the DMVl-S2 model, predictions were similar to that for the DMVl-S1 model since 

both are mixed series/parallel models. However, there were less problems with determining 

ks for the DMV 1-S2 model. Also~ the reduction of the ex-oxygen varied greatest to obtain the 
needed variation in selectivity. However, the (3-oxygen was not completely oxidized for all 

oxygen-to-propane feed ratios. 
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Figure 9.7 Comparison of experimental data at 4% propane to predictions of DMVl-P 
model 

The DMV2 models were fitted to the da~ but were not able to describe the 

experimental data better than the redox model with one type of oxygen. The SS for the 

DMV2-S l model was 5. lxlff2
. For this model it was found that the coverage of f3-oxygen 

decreased more than that of a-oxygen as the oxygen-to-propane ratio decreased. As with the 

DMVl models, the cx.-oxygen produced only carbon oxides. Thus no improvement in 
selectivity was predicted beyond what a consecutive reaction mechanism allows. For the 

DMV2 models, in contrast to the DMV I models, gas-phase oxygen forms f3-oxygen first. 

Obviously, the cx.-oxygen, since it produces only carbon oxides, must have a direct 

connection to the changing gas-phase oxygen partial pressure in order that the propene 

selectivity will increase with lower oxygen partial pressure. 
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9. Oxygen partial pressure effects 

DMV3 model 
The rate equations for the DMV3-S 1 model are same as for the DMV 1-S 1 model shown 

above except equations 9.9 and 9.10 are replaced by 

(9.20) 

(9.21) 

Rate equations for the other DMV3 sub-models are the same except r2 and/or r3 depend on 

the appropriate reactant partial pressure, propane or propene, depending on the series/parallel 

structure of the model. From an oxygen mass balance, the degrees of reduction of each type 

of oxygen could be solved. The expressions obtained are 

c+d 13--- (9.22) 
-c+d+b 

(9.23) 

where a, b, c and dare the same as defined in equations 9.16 to 9.19. The above expressions 

for the other DMV3 sub-models are the same except a and/or d would depend on the 

appropriate reactant partial pressure, propane or propene, and stoichiometric coefficient. 

When the DMV3 models were fitted to the data, a very low value of k2, at or near zero 

emerged. As with the DMVl models, k2 was set as a fraction of the k1 value to ensure that 

the model predicts an accurate propene selectivity under transient operation. The fraction 

was chosen so that the selectivity of the reactions from only the (3-oxygen would be about 

80%. 
Table 9.4 shows the values of the least-squares parameters for each of the DMV3-type 

models. Correlation among parameters are low for all of the models. The residual sums of 

squares (SS) are 3.lxlff2
, 2.8xl0-2 and 3.6x10-2 for the St P and S2 sub-models 

respectively. Based on the SS values, the DMV3-type models were at least as successful as 

the DMVl-type models at describing the experiments. 

Table 9.4 
Parameters of DMV3 models by least-squares regression* 
Parameter DMV3-Sl DMV3-P DMV3-S2 
k1 l.69xl0-1 l.39xl0-1 l.99x10-1 

k3 l.6lxl0-1 l.57xl0-1 l.73xlff3 

"4 l.07xl03 l.20xl02 3.37 
ks 2.14xl0-1 2.07x10·1 l.69x10·1 

Units 
ml STP min·1 (g catr1 bar·1 

ml STP min·1 (g catr1 bar- 1 

ml STP min·1 (g catr1 bar·1 

ml STP min"1 (g catr1 bar-1 

Predictions of the DMV3-type models were similar to those of the DMVl-type models. 

Both models successfully described the increase in selectivity as the oxygen-to-propane feed 
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9. Oxygen partial pressure effects 

ratio decreased (not shown). Selectivity predictions between the different masses of catalyst 

showed less spread than the redox model with only one type of oxygen. The models also 

successfully predicted an almost constant propene concentration as the oxygen-to-propane 

feed ratio decreased. For the P and S 1 models, the degree of reduction of the a-oxygen 

varied widely over the range of oxygen-to-propane feed ratios while the 13-oxygen remained 

almost completely oxidized. The improvement in selectivity results from the decrease in the 

a-oxygen which only produces carbon oxides. The constant complete oxidation of the 13-
oxygen created problems in determining k.,. The rate constan4 k,, expresses the rate of 

reoxidation of the (3-oxygen. Large values of /q maintained the complete oxidation of the 13-
oxygen and, as with the DMVI-type models, no optimal values for Jc., could be found. The 

confidence intervals for ks were very large. Other parameters were again determined with 

greater precision. 

For the DMV3-S2 model, there were fewer problems with determining /q values. Also, 

with this model, the reduction of the a-oxygen varied widely with the feed ratio. However, 

the 13-oxygen was somewhat reduced for some oxygen-to-propane feed ratios. 

The DMV3-type models are better versions of the DMV2-type models. For both model 

types, the a-oxygen can be considered as 'overflow' oxygen produced when there is a large 

quantity of 13-oxygen on the catalyst surface. The key to the success of the DMV3-type 

models is that the formation of a-oxygen depends on the gas phase partial pressure of 

oxygen. Since the a-oxygen produces only carbon oxides, the changing gas phase oxygen 

partial pressure has a greater influence on the propene selectivity. 

DMV4model 

The rate equations for the DMV4-S model are 

r1 = k1 Pc'JH, (1- /3) 

r2 = k20½H,, (1- /3) 

(9.24) 

(9.25) 

(9.26) 

(9.27) 

The rate equations for the DMV4-P model are the same except equation 9.25 would depend 

on the propane partial pressure instead of the surface coverage of propene. The resulting 

expression for the degree of reduction of the catalyst for the DMV 4-P model is 

05k p + 3(3x+2) k 0 
l ½Ha 2(X + 1) 2 C3H6 

/3=---------------
3(3x+2) 

k4 Pn +0.5k1PcH + 
2

( k20r 8 
"'l J I X + 1) '-3 6 

(9.28) 

124 



9. Oxygen panial pressure effects 

and, for the D MV 4-S model, it is 

05k P + (lOx+?) k P 
l (;H, 2(X + 1) 2 C3H1 

P=--------(10x+7) 
k 4 P0 +05k1Pcn, + 

2 
l) k2 Pr_n 

'! l I (x+ '-'J I 

(9.29) 

(9.30) 

Table 9.5 shows the values of the least-squares parameters for both of the DMV4-type 

models. Correlations among parameters was low for both of the models. The residual sum 

of squares (SS) were 4.lxl0-2 and 3.2xl0-2 for the Sand P sub-models respectively. 

Table 9.5 
Parameters of DMV4 models by least-squares regression 

DMV4-S DMV4-P 
Value Units Value Units 

k1 2.54xlff1 ml STP min-1 (g catr1 bar·1 l.85xlQ•l ml STP min·1 (g catr1 bar"1 

k2 2.12 ml STP min-1 (g catr1 6.96x10·2 ml STP min"1 (g catr1 bar"1 

k1 2.84x10-2 ml STP min-1 (g catr1 bar·1 l.56x10·2 ml STP min-1 (g cat)-1 bar"1 

k, 2.73 ml STP min-1 (g catr1 ba{1 3.23 ml STP min-1 (g catr1 ba(1 

KCJH6 l.36xl03 bar-1 7.47xl03 bar·1 

Figure 9.8 compares the DMV4-P model predictions to the experimental data at 4% 

propane feed. The predictions of the DMV4-S model were similar. Propene selectivity 

increased as the oxygen-to-propane feed ratio decreased. Just as the data indicate, there was 
little difference in the selectivity for different masses of catalyst. Thus, the improved 

selectivity predicted by the model at lower oxygen partial pressure is not only caused by 

lower propane conversion. There were, however, somewhat larger differences in the 
selectivities at different masses of catalyst for the OMV 4-S model due to reaction 

mechanism's partially consecutive structure. 

Parameters for both models had small confidence intervals except the adsorption 

equilibrium constant for propene. Values of the adsorption equilibrium constants shown in 

Table 9.5 are large and this is reflected by the high propene surface coverage (6) at all 
oxygen-to-propane feed ratios. An upper limit for the propene adsorption equilibrium 

constants could not be found resulting in their large confidence intervals. To describe the 

data best, it is apparent that the rate of production of carbon oxides, expressed by r1 

(equation 9.26), ought to depend only on the oxygen partial pressure which requires 
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Figure 9.8 Comparison of experimental data at 4% propane and predictions of DMV4-P 
model 

complete coverage of propene adsorption sites. When this rate depends only on the oxygen 

partial pressure., the propene selectivity increases as the oxygen partial pressure is lowered. 

The propene concentration seems at first to increase and then to decrease as the oxygen 

partial pressure is lowered; however, there is no indication that the data reflect this trend. 

Initially, as the oxygen partial pressure is lowered, the propene concentration increases 

because the rate of further oxidation of propene (r3) is lowered, while the degree of reduction 

of the catalyst (/J) increases only slowly. With further decreases in the oxygen partial 

pressure, the degree of reduction of the catalyst changes more quickly, causing larger 

decreases in the rate of production of propene (r1 ). 

9.2.5 Comparison of models with dual carbon oxide production paths 

The DMVl, DMV3 and DMV4-type models describe the experimental data with 

varying oxygen partial pressure better than the simpler redox model (MV). Table 9.6 

compares the residual sum of squares for each of the models examined. The fact that the 

DMV2 models were no better than the basic MV model emphasizes the importance of a 
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dependence on the oxygen partial pressure. The DMV2 model did include an additional 
pathway for production of carbon oxides but its rates were not directly dependent on the 
oxygen partial pressure. The success of the OMV models reinforces our claim that improved 

propene selectivity is indeed obtainable at lower gas-phase partial pressures of oxygen and 

that this improvement need not be at the expense of lower propane conversion. 

Table 9.6 
Sum of squared residuals (SS) for redox models 
Model Reaction scheme type Number of parameters 
MV 3 

DMVI 

DMV3 

DMV4 

p 

S1 
S2 

p 

SI 
S2 

p 

s 

4 
4 
4 

4 
4 
4 

5 
5 

ss 
5.3xlQ·Z 

3.3xlff2 

3.7x10·2 

4.2xlQ"2 

2.8xlff2 

3.lxl0·2 

3.6xlff2 

3.2x10·2 

4.lxl0·2 

It is less clear that any one of the OMV-type models stands out above the others. The 

DMV3-type models have only slightly lower SS values than the DMVl and DMV4-type 
models. For the DMV4 models, it is questionable whether the reaction of the gas-phase 

oxygen is really with adsorbed propene since the adsorption equilibrium constant was so 
large that it forced complete coverage of propene at all conditions. It can also be argued that 
a gas-phase oxygen molecule is not sufficiently reactive. Perhaps provided the reaction 

temperature is sufficiently high, the reaction occurs between a desorbed hydrocarbon radical 
species and gas-phase oxygen to produce carbon oxides. 

There are few differences in the characteristics of the DMVI and DMV3 models at these 
steady-state conditions. First of all, if the reaction involves the production of carbon oxides 
from different surface oxygen species, it is unclear whether the non-selective surf ace oxygen 
is an intermediate species, as with the DMVl model, or is formed separately, as with the 
DMV3 model. The DMV3-type models seemed to fit the data slightly better with lower SS 

values than the DMVl models. This may be due to the flexibility of the model, since the ex­

type surface oxygen is formed independently of the f3-type surface oxygen, whereas the 

DMVl models are more awkward, since the a-oxygen is an intermediate species between the 
gas phase and f3-oxygen. 
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For all of the OMV models, the P sub-models fit the data with lower SS values than the 

S sub-models. This indicates that at the reaction conditions used the reaction scheme is 

predominantly competitive with most of the reaction products produced directly from 

propane. Among the two partially consecutive reaction schemes examined, the S 1 type 

seemed to fit the data better than the S2. Consequently, if carbon oxides are produced at all 

from propene, it is more likely to occur with the (3-oxygen rather than the a-oxygen. It does 

seem reasonable that the more reactive and deeply oxidizing a-oxygen would produce 

carbon oxides directly from propane. 
Certainly more complex models can be formulated and tested. Models which allowed 

for reversible exchange of oxygen between the types of surface oxygen were examined. The 

additional parameters in these models tended to be highly correlated and yielded little further 

improvements in the residual sums of squares. Also, partial pressures and surface 

concentrations could be raised to adjustable powers which may improve the fit of the models. 

The OMV models presented are the simplest with the fewest additional parameters over 

those of the MV redox model with only one path for the production of carbon oxides. 

9.3 Transient kinetic modelling 
The OMV models were applied to some periodic operation conditions to examine to 

what extent these models are applicable to transient systems. 

9.3.1 Transient Reactor model 

The transient reactor model used was similar to that in chapter 7. In order that ordinary 

differential equations could be used, the reactor was modelled as a series of ideal well-stirred 
tank reactors. As in chapter 7, ten identical tank reactors were adequate to model the 

concentration gradients of a single tubular reactor with reasonable accuracy. The 

experimental reactor was assumed isothermal and isobaric. The void fraction of the catalyst 

bed (e) was assumed to be 0.4, the same value used in chapter 7. A PC-based program, 

MATLAB, was used to perfonn numerical integrations. 

The system of equations 7 .4 to 7 .9 expressed the transients in the gas phase concentration 

of each component, with the inclusion of the reaction kinetics for the appropriate OMV 

model. Equations were also needed to express the rate of change of the surface 

concentrations of oxygen. The exact form of these equations varied with the type of OMV 

model, but for the case of the DMV3-P model they were 

da ((1~+~
7
}, +2r, -2r.)w 

dt 
(9.31) 
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dfJ = (r, +(1~x++/}2 -2r, )w 
dt Qfl 

(9.32) 

Unless otherwise stated, the OMV models as developed from the steady-state data were 

applied directly in the transient simulations. The only two adjustable parameters were the 

number of adsorption sites for ~-type surface oxygen (Qp) and, if applicable a -type surface 

oxygen (Qa). In fitting the transient response data, Qa and Qp were estimated as fractions of 

the oxygen contained in the magnesium orthovanadate (Mg3 V 20s) phase, denoted by Xa and 

Xp respectively. Since X-ray diffraction analysis (section 3.1) indicated the catalyst consisted 

mainly of a mixture of magnesium oxide (MgO) and magnesium orthovanadate, it was 

assumed that the entire vanadium content of the catalyst was incorporated into the 

magnesium orthovanadate phase. 

In the models, rate equations that allowed for the transport of bulk oxygen to the surface 

of the catalyst were included. The simple bulk oxygen diffusion model, as described in 

section 7 .1.2 was used. This would add one additional adjustable parameter to the transient 

model, the lumped oxygen transport parameter (co). The oxygen transported from the bulk of 

the catalyst was assumed only to form J3-type surface oxygen. 

9.3.2 Periodic Operation Simulation Results 

Figure 9.9 compares the experimental data and the OMV model predictions for the 

product responses during periodic operation with a 400 s cycle period. The values of the 

adjustable parameters, used for all the models, are shown in Table 9.7. Only the P-types of 

the DMV models are shown in Figure 9.9. A simplified form of the DMV4 model was used. 

The predicted value of the propene adsorption constant (KoHs) from the steady-state data was 

very large; thus, the propene adsorption sites were filled at all conditions. It was assumed 

that for the transient form of the model, the propene adsorption sites would fill immediately 

after exposure to propane. This was also a necessary condition for the transient modelling in 

chapter 7, which included propene adsorption. There, a small number of propene adsorption 

sites was used in order that they would saturate quickly after the start-up of the reaction. The 

instantaneous saturation of the propene adsorption sites was necessary in order to obtain the 

observed fast increase in the propene concentration. 
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9. Oxygen partial pressu.re effects 
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Figure 9.9 Comparison of experimental data and DMV models for periodic operation 
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9. Oxygen partial pressure effects 

Table 9.7 
Transient model parameter values 
Parameter Value Units 
Xp 0.04 
Xa* 0.001 
OJ 5xlff10 

* Xa not applicable to OMV 4 model 

The kinetic models were derived from only steady-state data and their predictions are 

extrapolated to transient conditions in this section. Thus, it is not surprising that large 

differences in concentrations between the models and experimental data result; what is of 

most interest are the dynamics of the models. The most striking difference between the 

experimental data and simulation results lies in the large peaks in carbon oxide 

concentrations for the DMVI and DMV3 models immediately after the feed is switched to 

propane. These result because the sites for a-type oxygen are filled (completely oxidized) 
after the oxidation half of the cycle. Upon exposure of the catalyst to propane this oxygen 

produces carbon oxides and is completely consumed within a few seconds. Figure 9.10 

shows the degree of reduction of the ex and ~-type surface oxygen for the DMV3 models. 

Responses of DMVl models are almost identical. The value of Xa, the quantity of a-oxygen, 

controls only the width of these carbon oxide peaks but not their height. The value of Xa 

used is very small, so that the a-oxygen is quickly consumed and the carbon oxide peaks are 

narrow. The value of the rate constant for production of carbon oxides from the a oxygen 

controls the height of the peaks. The experimental propene selectivity does increase during 

the first 20 to 30 s after exposure to propane. Thus, consumption of the non-selective a 
oxygen may explain this increase in propene selectivity; however, the rate constants for the 

production of carbon oxides from the a oxygen are too large in the DMVI and DMV3. It 

was found that by reducing these rate constants by about 60%, the DMVl and DMV3 models 

could predict the small increase in propene selectivity observed in the experimental data after 

exposure to propane. The OMV 1 and DMV3 models do not allow for any surface adsorption 
of reaction products or reaction intermediates. TPO experiments, discussed in section 8.4. l ~ 

indicated that carbon-containing species are adsorbed to the catalyst surface after exposure to 
propane in the absence of oxygen. Also, step-change mass balances (Figure 6.7) indicated 

that upon start-up of the reaction, without oxygen, most of this carbon deposits on the 

catalyst, within 20 s after exposure to propane. Also, during periodic operation of the 

reaction (Figure 8.1 ), it was found that carbon dioxide lagged behind the responses of other 

products when feed to the reaction was switched from propane to oxygen. This slow 

response of carbon dioxide suggested either the desorption of carbon dioxide itself or that 
carbon-containing species may have been oxidized from the catalyst surface. The agreement 

of the DMVl and DMV3 models transient responses with the data could be improved if 
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Figure 9.10 Reduction of surface oxygen and bulk oxygen concentration for DMV3 model 

allowance is made for the adsorption of carbon oxides on the catalyst upon exposure to 

propane. Alternatively, carbon oxide precursors may adsorb to the catalyst surface such as 

propane or propene. Essentially the catalyst should trap carbon oxides or carbon oxide 

precursors upon exposure to propane and then release them as carbon dioxide upon exposure 

to oxygen. 

The DMV 4 model appears to be best for simulating the periodic operation. In this 

model, gas-phase oxygen directly produces carbon oxides from adsorbed propene. Thus, 
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9. Oxygen panial pressure effects 

when the feed of oxygen is interrupted the extra production of carbon oxides from the gas­

phase oxygen is immediately stopped. 

It can be seen in Figure 9 .10 that after the feed was switched from propane to oxygen, 

both the a. and (3 oxygen were completely reoxidized within seconds. This fast rate of 

reoxidation agrees with the periodic operation results (Figure 8.3). In those experiments, the 

cycle split was varied such that the oxygen feed half of the cycle was successively shortened. 

It was found that the catalyst was essentially fully reoxidized after only lO s of oxygen 

exposure. 

Periodic operation with the longest cycle period of 400 s is most difficult to model. This 

occurs because the activity of the catalyst, after exposure to propane, declined rapidly for 

about 50 s, but then became almost constant. With the use of the redox models without 

allowance for diffusion of bulk oxygen to the catalyst surface, the predicted activity of the 

catalyst declines at a more constant rate. The value of Xp used was rather small in order that 

the rates of production decrease quickly after propane exposure. However, after about 50 s, 

these rates stabilized because the ~-oxygen was re-supplied by oxygen from the catalyst bulk. 

Figure 9.10 shows the concentrations of bulk (Cob) and surface oxygen (Cos) for the DMV3 

model. The difference between the bulk and surface oxygen concentrations determines the 

driving force for transport of oxygen from bulk to surf ace or from surface to bulk. It is 

apparent, for the two cycles of periodic operation simulated, that the bulk oxygen 

concentration is not stable. Experimentally, the periodic operation was run for ten cycles. 

The product responses appeared to be stable after only about three; however, with long-term 

periodic operation, it is possible that there may have been a slow depletion of the bulk 

oxygen resulting in a very slow deterioration in activity. Of course, the model for the bulk 

diffusion of oxygen may be inadequate. The fully oxidized bulk and surface concentrations 

of oxygen were assumed to be equal. If a larger surface oxygen concentration were used the 

predicted bulk concentration of oxygen could be made stable under periodic operation. 

Propane pulsing experiments, the results of which are shown in Figure 8.9, indicated that 

diffusion of bulk oxygen may not have been an important process because an overshoot 

response was not observed for each propane pulse. An alternative explanation for the 

initially fast and then slower decline in activity observed is that the rate constants for 

production of propene and carbon oxides from the ~-oxygen are a function of the degree of 

reduction of the catalyst 

k = f (/3) (9.33) 

It seem reasonable that the rate constants might depend on the quantity and binding strengths 

of the oxygen on the catalyst surface. Initially, after the switch to propane feed, weakly 

bound highly reactive surface oxygen is consumed and gradually the remaining oxygen is 

more strongly bound and less reactive. 
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9. Oxygen partial pressure effects 

Figure 9.11 compares the experimental data and the OMV model predictions for the 
product responses during periodic operation in which the feed of propane is split between the 
two halves of the cycle. The values of the adjustable parameters, shown in Table 9. 7 are 
again used in the models. The results for the DMV I model, although not shown in Figure 
9.11, were very similar to those of the DMV3 model. 
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Figure 9 .11 Comparison of experimental data to predictions of DMV models for periodic 
operation with constant feed cf propane 

Large peaks in the carbon oxide concentrations, upon increase in the feed concentration of 

propane from 2 to 4%, are evident for the DMV3 model. In this case the a-oxygen is 

partially reduced during the oxidation half of the feed cycle, because a low concentration of 
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propane is fed along with the oxygen. The peak in carbon oxide concentration results 

because of the sudden increase in propane feed concentration. Again the carbon oxide 
concentrations decline rapidly as a result of the small quantity of a-oxygen that is quickly 

consumed. As with the simulations shown in Figure 9.9, the DMV4 model more accurately 

predicts the carbon oxide responses after the switch to feed of only propane. 
From the experimental data in Figure 9 .11, large variations are observed in the ratio of 

carbon oxides as the ratio of oxygen-to-propane in the feed is alternated. This same relation 

between the carbon oxide ratio and oxygen-to-propane feed ratio was observed for the 

steady-state data, as illustrated in Figure 9.3. The variation in ratio of carbon oxides is not 

duplicated by the models because they use only a fixed ratio for the production of the carbon 

oxides. The propene selectivity predictions of the OMV 4 model are also poor. During the 

feed of both propane and oxygen, no propene is produced. This is due to the large ratio in 

the feed of oxygen-to-propane at these conditions, i.e. 3: 1. Figure 9.8 shows that the OMV4 

model predicts a linear relation between selectivity and the oxygen-to-propane feed ratio; 

however, for the DMV3 and OMVl models (Figure 9.6) the selectivity decreases very little 

beyond the oxygen-to-propane feed ratio of 1: 1. The OMV 4 models predict a constant 

variation in propene selectivity because a portion of the carbon oxide production in the 

model depends directly on the oxygen gas phase partial pressure. For the steady-state data 

shown in chapter 4, the oxygen-to-propane feed ratio was varied from 1: 1 to 3: l. In that 
data, a strong dependence of the selectivity on the oxygen-to-propane feed ratio was not 

indicated. It does seem that in fact the propene selectivity is more stable with a large excess 

of feed oxygen, as the DMVl and OMV3 models predict. 

9.3.3 Conclusions from Periodic Operation Simulations 

In general, the DMV4 model appears to simulate more accurately the product responses 

during periodic operation of the reaction than the OMV l and OMV3 models. This suggests 

that the lower selectivity of the reaction with gas phase oxygen results from production of 

carbon oxides directly from gas-phase oxygen as opposed to from non-selective a-oxygen 

that is present only with gas-phase oxygen. However, at steady-state conditions with varying 

gas phase oxygen concentrations, the DMVl and DMV3 models more accurately simulate 

the variation in propene selectivity than does the OMV 4 model. According to the OMV 4 
model, the propene selectivity varies directly with the oxygen partial pressure; however, with 

the DMV 1 and DMV3 models, the propene selectivity changes little at high partial pressures 

of oxygen because the a-oxygen sites become filled. However, if allowance is made in the 

DMVl and DMV3 for the adsorption of carbon oxides or carbon oxide precursors, it is 

expected that the DMVI and OMV3 models could simulate periodic operation equally well 

as the DMV 4 model. TPO and step-change experiments support the adsorption of carbon­

containing species on the catalyst during reaction in the absence of gas phase oxygen. 
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9. Oxygen partial pressure effects 

Overall, the inclusion of carbon oxide adsorption in the OMV 1 and DMV3 models would 

make them the most suitable models for simulating both the steady-state and transient 

behaviour of the reaction. 

An alternative that has not been tested in the models is that the a-oxygen is only surface­

adsorbed oxygen in equilibrium with the gas-phase oxygen partial pressure. However, such a 

model for the a-oxygen would produce the same dynamics as the redox-supplied oxygen in 

the DMVl and DMV3 models. After exposure of the catalyst to feed without gas phase 

oxygen, the a-oxygen would still have to be consumed, which would result in a peak of the 

carbon oxide concentrations. The surface adsorption of oxygen would allow for the 

desorption of some of the a-oxygen once oxygen is removed from the gas phase; however, 

the height of the carbon oxide peaks would be unaffected by the rate of desorption. 
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10. Conclusions 

The examination of the oxidative dehydrogenation of propane, presented in this thesis, 

can be essentially divided into four parts. First, steady-state data collected at a range of 

reaction conditions were used to test various kinetic models by nonlinear regression analysis. 

In the second part, transient analysis techniques were used to further examine the reaction 

mechanism and investigate the catalytic behaviour under nonsteady-state conditions. 

Findings about the selectivity of the reaction under nonsteady-state conditions inspired part 

three; a brief investigation of the periodic operation of the reaction which provided even 

further information about the reaction mechanism. Finally, in the fourth part, additional 

steady-state data were collected at a wider range of oxygen partial pressures. The kinetic 

models developed in the first part were extended to describe an apparent relationship 

between the selectivity of the reaction and the oxygen gas-phase partial pressure. 

Steady-state kinetic modelling 

The initial steady-state kinetic data were collected based on a factorial design of 

experiments about a set of standard reaction conditions. Simple power law models indicated 

the reaction rates had a stronger dependence on the hydrocarbon partial presswes than on 

oxygen. This suggested the catalyst was almost saturated with surface oxygen. With 

mechanistic models, difficulties were encountered in modelling surface oxygen in 

equilibrium with gaseous oxygen. Oxygen equilibrium models predicted a higher surface 

concentration of oxygen at higher temperatures. Models in which oxygen reacted separately 

with its own kinetics to re-oxidize the catalyst by Mars-Van Krevelen type kinetics fit the 

data better. Finally, a general model was proposed based on a simple consecutive reaction 
scheme in which propane reacts with surface oxygen species to fonn adsorbed propene. The 

adsorbed propene can desorb or be further oxidized to carbon oxides. 

It was found that the selectivity of the catalyst at any given set of reaction conditions 

may be sensitive to previous conditions to which the catalyst had been exposed. When the 
catalyst was initially exposed to reaction conditions with an excess of oxygen, the selectivity 

for propene was observed to deteriorate with time on stream. On the other hand, the propene 

selectivity was stable when the catalyst was initially exposed to equal concentrations of 

propane and oxygen. There was evidence that if the catalyst was exposed initially to excess 

oxygen, its propene selectivity continued to be low when exposed to other feed 

concentrations. 
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Transient kinetic analysis 

Many of the transient response characteristics qualitatively supported the Mars-Van 

Krevelen or redox type reaction kinetics. During start-up of the reaction, it was observed 

that propane began to react first, reducing the catalyst. The reaction of oxygen to re-oxidize 

the catalyst was delayed by a few seconds. Also, the transient response of the products 

consisted of an overshoot type response, suggesting the reaction rate was initially high 

because of an excess of oxygen on the catalyst surface but then the reaction rate slowed as 

the catalyst was reduced and steady-state was approached. Mass balances appeared to 

confirm that the catalyst was partially reduced during start-up of the reaction. Redox kinetics 

were further supported by the observation that the catalyst was active without the presence of 

gas-phase oxygen, for at least l O min at the reaction conditions examined. Oxygen on the 

surface and in the bulk of the catalyst was sufficient to drive the reaction. During operation 

of the reaction under these transient conditions without gas-phase oxygen, the propene 

selectivity was found to be higher than at steady-state. This was true even at comparable 

levels of conversion of the propane. 

Carbon mass balances during start-up and interruption of the reaction were less clear, 

but seemed to indicate that little to no carbon was present on the catalyst surf ace during 

steady-state reaction with both propane and oxygen feed. However, temperature­

programmed oxidation and desorption experiments indicated that a significant quantity of 

carbon, in some form, was present on the catalyst surface at steady-state reaction conditions. 

Because elevated reaction temperatures were required to oxidize these carbon species, they 

were apparently strongly bound to the catalyst surface. Howevert they did not seem to 

contribute to deactivation of the catalyst. These carbon-containing species, present at steady­

state, were apparently slowly deposited on the catalyst surface during reaction. On the other 

hand, when the reaction was started without gaseous oxygen, a carbon mass balance 

indicated that carbon species were deposited on the catalyst surface for a short period 

immediately after start-up. Lags in the response of carbon dioxide during periodic operation 

of the reaction supported the presence of these carbon species. Temperature-programmed 

oxidation experiments indicated that the majority of the carbon species deposited on the 

catalyst during start-up of the reaction without gas-phase oxygen, were removed immediately 

upon exposure to oxygen, suggesting they were weakly bound to the catalyst surface. 

The kinetic model proposed from the examination of steady-state data was used to 

construct a dynamic kinetic model. The dynamic model could successfully reproduce the 

observed transient responses during start-up of the reaction with catalyst previously exposed 

to reaction conditions and then re-oxidized. The observed rapid propene overshoot response 

required that the model include a small number of sites on the catalyst for propene 

adsorption. This result tended to agree with the experimental carbon mass balances for start­

up of the reaction at steady-state conditions. Mass transport of oxygen may be an important 
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process during the transient responses; however, it seemed to be correlated with the surface 

oxygen content of the catalyst. 

The dynamic model failed to predict the high propene selectivity observed immediately 

after start-up of the reaction without gas phase oxygen. The model predicted a higher 
propene selectivity only after partial reduction of the catalyst, an expected result because of 

the consecutive sequence of the model's reaction scheme. There were apparently additional 

reaction pathways that produce carbon oxides involving gas phase oxygen, not accounted for 

in the model. 

Periodic operation 

The high selectivity of the reaction without oxygen suggested than an obvious strategy 

for improvement of the performance of the reaction would be by periodic operation 

consisting of the alternate feeding of propane and oxygen. Under periodic operation at a l: l 

cycle split, a higher time-average propene yield could be obtained compared to steady-state 
operation over a range of cycle periods. Propene selectivities too were well above steady­

state values. At periods longer than about 150 s, the time-average propane conversion for 

periodic operation was too low for the propene yield to exceed steady-state. However, due to 

the overshoot response at shorter periods the conversion could be increased so as to increase 

the yield over that at steady-state. At very short cycle periods of less than about 50 s, the 

time-average selectivity and even eventually yield for periodic operation decreased because 

the instantaneous selectivity of the reaction tended to be lower immediately after re-exposure 
to propane. 

Variation of the periodic operation cycle split indicated that the rate of re-oxidation of 
the reaction was considerable faster than the rate of reduction. When the propane feed half­

cycle was 50 s, the catalyst was fully re-oxidized within 10 s during the oxygen feed half­

cycle. These results suggest that at steady-state the catalyst is nearly fully oxidized. This 

agrees with power-law kinetic findings that the steady reaction rates have only a weak 
dependence on oxygen partial pressure. 

Periodic operation was carried out without catalyst re-oxidation, in which propane was 

alternated with pure helium feed. Under these conditions, the catalyst could be significantly 

reduced. The oxygen removal corresponded to the complete reduction of the magnesium 

orthovanadate phase. As the catalyst was reduced, the propene selectivity increased and, 

simultaneously, propane conversion decreased. However, comparison of the propene 

selectivity at about the same conversion of propane but different degrees of catalyst reduction 

indicated that the yield of the catalyst was greater in the more reduced state. 
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Oxygen effects on selectivity 

Additional steady-state data were obtained in which the oxygen partial pressure was 

varied over a large range at constant propane partial pressures. In order to vary the propane 

conversion as well~ experiments were repeated with different masses of catalysL The 
propene selectivity increased as the partial pressure of oxygen was decreased; 

simultaneously, propane conversion decreased. At low propane partial pressures, the 

decrease in propane conversion was small enough that the propene yield increased. This 
suggested that an alternative to periodic operation for improving the propene selectivity 

could be simply to operate at steady-state with a low partial pressure of oxygen. 

A simple redox model with a consecutive reaction scheme was inadequate for modelling 

the improved selectivity at reduced oxygen partial pressures. Models which included 

additional pathways for the production of carbon oxides dependent on the partial pressure of 
the oxygen were more successful. These models included either separate surface oxygen 

sites that produced only carbon oxides or allowed for gas-phase oxygen to react directly with 

surface adsorbed propene to produce carbon oxides. Dynamic forms of these extended 

redox models were also used for simulating periodic operation results. The model that 
included the direct reaction of gas-phase oxygen to produce carbon oxides simulated the high 

propene selectivity observed immediately after the catalyst is re-exposed to propane. Models 

with separate surface oxygen sites required the inclusion of adsorption of carbon oxides or 

carbon oxide precursors in order to accurately simulate dynamic responses. Overall, models 

with separate oxygen sites were considered best for describing both the steady-state and 
transient data. 

What does it all really mean? 

On the whole, results indicate that the concentration of oxygen both in the gas phase and 
on the surface of the catalyst is crucial for determining reaction conditions for selectively 
producing propene. Oxygen-starvation of the reaction appears to be the best strategy for 

minimizing the complete oxidation of propane to carbon oxides. The low propane 

conversion at these conditions can be compensated for by increasing quantities of catalyst. It 
is unclear whether the same mechanisms are at work, when the propene selectivity is 

improved at steady-state conditions with a lower gas-phase partial pressure of oxygen as 

opposed to at non-steady-state conditions with increasing reduction of the catalyst. The 

improved selectivity at non-steady-state conditions can probably be attributed to the 

increased binding strength of lattice oxygen at increased reduction of the catalysL The 

oxygen sites that produce only carbon oxides in the extended-redox models could be 

considered weakly bound, perhaps surface adsorbed oxygen whose concentration is 

dependent on the oxygen partial pressure. These models did successfully describe the 
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steady-state da~ and with the inclusion of carbon oxide adsorption~ can be expected to 

successfully simulate transients under periodic operation. 
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11. Recommendations for future work 

The low alkene selectivity of the oxidative dehydrogenation reaction remains a problem. 

If the thermal advantages of this reaction, discussed in the introduction, are ever to be 

exploited commercially, the selectivity of the reaction for combustion products must be as 

low as or lower than the selectivity of the direct thermal dehydrogenation reaction for 

producing carbonaceous deposits on the catalyst. 

The aim of this research work has been to study the reaction kinetics and mechanism 

both under steady-state and transient conditions. The results have indicated that the 

performance of the reaction for selective production of propene is dependent on the partial 

pressure of oxygen in steady-state conditions and the catalyst surface concentration of oxygen 

in non-steady-state conditions without gas-phase oxygen. The complete oxidation of propane 

to carbon oxides is minimized by operating at non-steady-state without gas-phase oxygen and 

with the catalyst in a reduced state. This suggests that ideally the reaction ought to be carried 

out in a cyclic process with alternating feeds of propane and oxygen. Industrially this would 

be most conveniently realized in a fluidized bed type reactor in which the catalyst is 

transported between reduction and oxidation reactors. There is a concern though that in 

order for the selectivity of the reaction to be sufficiently high, the catalyst would have to be 

maintained in a severely reduced state. Thus, in order for such a process to have acceptable 

productivity, excessive quantities of catalyst would have to be transported, possibly making 

the process economically unattractive. An alternative to a fluidized bed reactor process 

would be a membrane type reactor, in which the reoxidation of the catalyst would be 

controlled by the rate of diffusion of oxygen through a membrane. But here again, achieving 

acceptable productivity per mass of catalyst could be problematic. In the work presented in 

this thesis, the reaction has been operated at low levels of conversion in order to ease the 

interpretation of the transient response experiments. More work needs to be done to 

investigate the achievable yields under various modes of periodic operation at higher levels 

of conversion that would be of industrial interest 

Another possible aim for future research is catalyst improvement which certainly is 

aided by an understanding of the reaction mechanism. There does seem to be room 
remaining for catalyst development and already recent investigations with alkaline additives, 

which presumably aid in the desorption of the alkene, have shown some success in this area 

[54-59]. Who knows, if the best possible catalyst is used in the best possible way: there 

could be hope yet! 

An interesting alternative approach for future research would be the thermal coupling of 

oxidative dehydrogenation with the direct dehydrogenation reaction. This is an attractive 

direction for future research if development of a competitive process based solely on 
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oxidative dehydrogenation seems futile. The aim here would be to carry out just enough 

oxidative dehydrogenation to clean the catalyst of deactivating carbonaceous deposits and 

provide enough heat to be consumed by the direct thennal dehydrogenation. Prevention of 

catalyst deactivation and improved energy efficiency would be the advantages of such a 

process. An 'in situ' redox fluidized bed reactor, as discussed in chapter 8, could be used to 

carry out such a process. This research would probably have to be combined with catalyst 

development since a catalyst suitable for both oxidative and thermal dehydrogenation 

reaction routes would be required. In addition if the catalyst were to be used in an 'in situ' 

redox fluidized bed type reactor it would have to be resistant against erosion. 

More work could be done to study the mechanisms of the catalytic reaction, carrying on 

the efforts of this thesis. There are many other modes of periodic operation at which the 

reaction could be operated. Of particular interest would be variation of the oxygen partial 

pressure during periodic operation. In the periodic operation work presented in this thesis the 

reactant partial pressures were held constant. Although, it was found that the oxygen partial 

pressure had a significant effect on the selectivity of the reaction during steady-state 

operation. During periodic operation of the reaction can the partial pressure of oxygen 

during the oxygen half of the feed cycle control presumably the types of oxygen generated on 

the catalyst and then affect the product responses during the subsequent propane half of the 

feed cycle? In addition, the use of oxygen isotopes could provide further clarification 

regarding the roles of gas-phase versus surface oxygen in the reaction and the extent of the 

diffusion of oxygen from the catalyst bulk during periodic operation. Oxygen isotopes could 
also perhaps provide information about the various types of active surface oxygen. 
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Nomenclature 

A =area(m2
) 

Co = oxygen concentration (mol m-3
) 

Em = activation energy of reaction i (J mor1
) 

All; = heat of adsorption for component i (J mor1
) 

ki = rate constant for reaction i 

k;o = Arrhenius pre-exponential factor for reaction i 
ko = oxygen diffusivity in catalyst bulk (m2 min-1

) 

Ki = adsorption equilibrium constant for component i 

L = length of catalyst bed in reactor volume element (m) 

P; = partial pressure of component i (bar) 

Qi = quantity of adsorption sites for component i (mol) 
r; = reaction rate of reaction i (mol min-1 (g cat.r1

) 

R = ideal gas constant (8.314 Pa m3 mor1 K-1
) 

LiS; = change in entropy on adsorption (J mor1 K- 1
) 

T = temperature (K) 

t = time (min) 
u = superficial gas velocity (m min-1

) 

Vb = volume of catalyst bed in reactor volume element (m3
) 

W = mass of catalyst (g) 

x = ratio of production of CO2 to CO 

Xi = fraction of total sites for adsorption of component i available at surface 

Greek letters 

a 

/3 
8 
e 
0; 

p 
m 

Subscripts 

= degree of reduction of catalyst a-oxygen surface sites 

= degree of reduction of catalyst (3-oxygen surface sites 

= equivalent thickness (m) 

= catalyst bed void fraction 
= degree of occupation of surface adsorption sites for component i 

= catalyst bulk density (g m3
) 

= lumped bulk oxygen transport parameter (m3 min-1
) 

ads = adsorption 

b =bulk 
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Nomenclature 

des = desorption 

in = inlet 

m =mean 
0 = surface atomic oxygen 
s = surface 
ss = steady state 
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Appendix A 

Appendix A 
Gas Chromatography Analysis and Sample Calculations 

Tables Al and A2 show the integrated areas for the component peaks for a sample 

mixture and for the calibration gas mixtures respectively. For this sample data the reactor 

contained 30 mg of catalyst and the reaction temperature was 5l0°C. The inlet or feed gas 

composition was 6% C3Hs and 6% Ch in helium with a total flow rate of 50 ml mm·1 at STP. 

Two calibration gas mixtures were used. One was a specialty gas mixture supplied by AGA 

Gas, containing 0.99% CO, 1.02% CO2 and 2.01% CJH6 in helium. The second was the 

actual feed gas mixture to the reactor containing 6% C3Hs and 6% Oi in helium. 

Table Al 
Sample mixture component integrated areas 
Component Integrated Area (Ah 
co 702 
CO2 1378 
CJH6 2535 
C3Hs 106230 

Table A2 
Calibration mixtures component integrated areas 
Trial CO COi 
l 5344 5221 
2 5362 5018 
3 5216 5097 
4 
5 

Average (Ac) 5307 5112 

34943 
34074 
34501 

34506 

Retention time (min) 
3.49 
4.38 
12.98 
13.34 

111330 
110210 
110120 
111710 
107640 

110202 

The sensitivity coefficient (S) for component i is calculated from the average calibration 
area (Ac) and the components concentration in the calibration mixture ( C): 

A~ s--' i - c.c 
t 

The resulting sensitivity coefficients for each component are shown in Table A3. 
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Table A3 
Sensitivity coefficients 
Component 

1.865x104 

1.995xl04 

5.825x10-5 

5.44Sx10-5 

Appendix A 

The concentrations of the carbon containing components (C) in the sample mixture are 

calculated from the sensitivity coefficients (S) and the integrated area for these components 
(A) in the sample mixture: 

Ci =S; *Ai (A2) 

The resulting concentrations are shown in Table A4. 

Table A4 
Concentrations of carbon-containing components in sample mixture 
Component Ci (%) 
co 0.1309 
CO2 0.2750 
C3H6 0.1477 
C3Hs 5.7837 

The propene selectivity can be calculated directly from the concentrations of the carbon­
containing products: 

3C 
Selectivity = 

3
C + t86 

+ C * 100% = 52.2% 
ClH6 CO CO: 

(A3) 

An iterative procedure is used to rigorously solve for the normalized outlet concentrations of 
each component. The inlet total flowrate to the reactor (Jin) is in all cases 50 ml min~1 at 

STP. For the first iteration it is assumed that the outlet total flowrate (F"'') is also 50 ml min-
1 at STP. The overall reactions that produce each of the products are 

C3Hs + 0.5 0i ➔ C386 + H2O 
C3Hs + 3.5 0i ➔ 3 CO +4 H2O 

C3Hs + 5 02 ➔ 3 COi + 4 H2O 
Based on the stoichiometry of these overall reactions, the outlet concentrations of water and 
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oxygen can be calculated from the concentrations of carbon-containing products: 

(A4) 

(A5) 

In this case the feed oxygen concentration (C02in) is 6%. The new outlet flow rate and the 
carbon balance are calculated: 

( 
100-Cin -cm } 

Fout _ 0:. C3H1 Q / • -I - m·mm 
100-Cco -CC<A -Ccu -CCR -Co .. -c,lO -

- l6 31 - 2 

(A6) 

where the feed propane concentration in this case is 6%. The resulting outlet flow rate is 
50.195 ml min-1 at S1P. The carbon balance is calculated: 

(
(Ceo+ Cea: + 3Cc3e6 + 3Cc3n1 )F

0

u
1 J 

Carbon_ Balance = 
3
cm Fin 100% == IO 15% 

C1H1 

(A7) 

The concentration of each component based on a nonnalized carbon distribution is calculated 

c.N = C; . 3Cin Fin (A8) 
i ( Ceo + Ceo: + 3CC3H, + 3Cc;H, )Foui C1H1 

Table A5 shows the resulting nonnalized concentrations for the first iteration. 

Table A5 
Nonnalized Concentrations of carbon-containing components for f'rrst iteration 
Component cl (%) 
co 0.1290 
CO2 0.2709 
CJH6 0.1455 
C3Hs 5.6979 
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The normalized concentrations of each component are calculated repeatedly based on the 

new outlet flow rate values by equations A4 to A8 until they converge. Table A6 shows the 

normalized concentrations and total flow rate for each subsequent iteration. 

Table A6 
Normalized Concentrations for each iteration 

CO(%) 
COi (%) 
C3H6 (%) 
C3Hs (%) 
H20 (%) 
02 (%) 
F°°' (ml min-1 at STP) 

2nd iteration 
0_1292 
0.2713 
0.1457 
5.7055 
0.6787 
5.3019 
50.128 

3rd iteration 
0.1292 
0.2713 
0.1457 
5.7045 
0.6797 
5.3089 
50.137 

The propane and oxygen conversions are calculated: 
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4th iteration 
0.1292 
0.2713 
0.1457 
5.7045 
0.6797 
5.3079 
50.136 

(A9) 
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Appendix B 

AppendixB 
Mathematical treatment of mass spectrometry data 

Method of data analysis 
The following continues in detail a description of the method of treatment of MS data 

started in Section 3.3.2. In the simplest method of qualitative analysis of mass spectrometry 

data the sensitivity coefficients, Sij, must be known for each component, j, at each mass 

value, i. The number of mass peaks, n, must equal the number of components in the 

mixture. If the concentrations of the components of the mixture are partial pressures, pj, the 

sensitivity coefficients express the mass peak intensity per unit pressure. Then a set of n 

simultaneous linear equations must be solved to determine the partial pressure of each 

component 

Sup1 + S12p1 + ... + S1nPn = Ii 
S11p1 + S22p2 + ... + S2nPn = 11 

Sn1P1 + Sn2P2 + ... + S,,,,Pn = In 
The above system of equations can be expressed in matrix notation as 

Sp=l 

(Bl) 

(B2) 

As discussed in section 3.3, the direct application of equation B2 is inadequate and the 

following describes the refinements used to overcome problems with slight total pressure 

differences between analysis of the calibration and sample gases. The partial pressures, Pi 

are replaced by mjpc, where mi is the mole fraction of component j in the standard mixture 

and Pc is the unknown total pressure of the calibration mixture. Thus the general terms in 

equations B 1 become 

S;ffei = SiimiPc (B3) 

The number of sensitivity coefficients can be reduced to the number of components by 

expressing the sensitivity coefficients at secondary mass peaks as equal to a fraction of the 

coefficients at the primary mass peak by use of the primary to secondary mass peak ratio 

defined by equation 3.3, 

S;i = r;jSPi 
Then the general term, S;jpj, can be further modified to 

S;jJJj = T;jSPjmiPc 
By defining 

Qi= SPiPc 

and 
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The general terms of equations Bl become 

S,ffej = a;iQi 

Then for each calibration mixture, the set of equations, in matrix form 

aQ =le 

Appendix B 

(B8) 

(B9) 

is obtained. By measuring the mass peak intensities, le, for each mass in each calibration 

mixture, the equations can be solved 
Q = a-1/c (B 10) 

There are three unknown values of Pc, one for each calibration mixture. At this point it is 
necessary to adjust the Q values such that they are all based on the same pressure, by using 

helium as a tie component. Q values are calculated for helium in each calibration mixture. 

The ratio of the Q values for helium for the first and second calibration mixture are 

QHe,1/Qne,2 = Pc.1fpc,2 = R12 (Bl 1) 

Since for all components in the second calibration mixture 

Qi,1 = Spffec.2 (B 12) 
then each can be expressed in terms of the pressure of the first calibration mixture by 

Qj,2R12 = SpiPc.1 (B 13) 
The same procedure can be used to express the Q values for the third calibration mixture in 

terms of the pressure of the first calibration mixture. From this point on, Pc.I will be 

represented by Pc and each Q value can be expressed by equation B6. 

Let Px be the total pressure of the unknown mixture and Xj be the unknown mole 
fraction of component j in it. R will represent the ratio of the pressures of the unknown 

mixture and the first calibration mixture by 

Px = Rpc (B 14) 

Equations B l can be applied to the unknown mixture and the general term S;j/Jj may be 
rewritten as before 

S;.iPi = SijXiPx = riiSPrftPc = rijQjXjR 

By defining 

bii = TiiQi 

and 

Yi= XjR 

Then 

S;.iPi = b;iYi 

giving the set of equations 

by =Ix 

(Bl5) 

(Bl6) 

(Bl7) 

(Bl8) 

(Bl9) 

By measurement of the intensity of each mass peak, Ix, in the unknown mixture, the 

equations can be solved by 
y = b-1lx (B20) 
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Finally to obtain the values XI, it is known that for any mixture 

kXj= 1 
Then from equation B 17, 

Iyj='ExjR=R 
and by combining equations B 17 and B22 

Appendix B 

(B21) 

(B22) 

Xj = Yil Iyj (B23) 
In applying the procedure described above, first the calibration data must be used to 

calculate the matrix b, by equations B7, B 10 and B 16. The mole fractions of the 

components in the unknown mixture, Xj, are then calculated by equations B20 and B23. 

Sample data and calculations 

Samgle ion currents and cross-contributions 

The matrix of ratios of primary and secondary mass pea.ks., as listed in Table 3.1, is 

r4Jle r4Jl2o r4,CO r4.C3H1 r4.o: r4,C3H& r4,CO: 

rl8J/t!' rl8Jl:0 rts.co r1s.c,H, Tl8.0: rl8.C3H6 'u.c0: 

r28Jlt!' rzsJl:.O rzs.co rzs.c,H, r'lB.O: r28.C3H6 r28,C02 

r= r19J111 r29Jl:O r29.CO r29.C3H1 r29.o2 r29.C1H6 r29.CO: 

r32Jlt!' r32Jl:O r32.CO r32.C3Ha r32,o: r32.C3H6 r32.CO: 

r4lJle r4lJl:O r4l,CO r4L,C,H1 r4l.O: r4l,C3H6 r4l.CO: 

r44Je r44Jl:o r44.CO r44.C3H1 r 44,0: r44,C3H6 r44.CO: 

l 0 0 0 0 0 0 

0 I 0 0 0 0 0 

0 0 l 0.676 0 0.0427 0.1393 

= 0 0 0 1 0 0 0 (B24) 

0 0 0 0 1 0 0 

0 0 0 0231 0 1 0 

0 0 0 0.220 0 0 1 
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The sample data is for steady state reaction with feed of 3% propane and 6% oxygen with 
21 mg of catalyst at a reaction temperature of 510°C. The measured ion currents with units 
mA at these conditions are 

/4 

/18 

/28 

I= !29 

/32 

[41 

/44 

L930x 10-s 

8.412 X 10-io 

1340x 10-3 

= l920x 10-8 

1.680 X 10-8 

4.650xl0-9 

4.950x 10-9 

Feed Gas Calibration mixture 

(B25) 

The first calibration gas mixture is the feed gas. The mole fractions of the components 
in this mixture are 

m1' = [ m8t! mc,n, m0: ] = [ 091 0.03 0.06] (B26) 

The ion currents measured for this gas mixture, in mA, are 

[

/ 4 l [l.85lx 10-
8
] 

I 18 = l 29 = l.885 X 10-8 

/ 32 l.715x 10-s 
(B27) 

Since in this gas mixture none of the components produce secondary mass peaks which 
have the same mass as primary mass peaks of other components, The elements of the (/8 

matrix are simply the ratios of the elements of the rr/8 and 18 matrices 

[

2.034 x l 0-
8 l 

Q1' = 6.283x 10-1 

2.858 X 10-7 

(B28) 

Product Gas Calibration mixture 
The second calibration gas mixture consists of the product components. The mole 

fractions of the components in this mixture are 

mPB = [ m8, mco mc,n, m co, ] = [ 0.9597 0.0099 0.0210 0.0103] (B29) 
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The ion currents measured for this gas mixture, in mA, are 

14 2522x 10-s 

[PB:= 
/28 5.762 X 10-9 

= l.175x 10-s 
(B30) 

/41 

/44 5.032x 10-9 

The a matrix is constructed according to equation B7 

09591 0 0 0 

0 0.099 0.0009 0.0014 
a= 

0 0 0.0201 0 
(B31) 

0 0 0 0.0103 

The <;f8 matrix is calculated 

0263x 10-1 

Qfg = a-111, = 4.606x 10-1 

5.844x 10-1 (B32) 

4.866x 10-1 

Water Calibration gas mixture 

The final calibration gas mixture is produced by reacting propane and oxygen over a 

platinum mesh catalyst The feed concentrations of propane and oxygen are 3% and 6% 

respectively, the reaction temperature is 550°C and about 0.4 g of platinum mesh catalyst is 

used. At these conditions, the limiting reactant is oxygen, and the products almost entirely 
consist of carbon dioxide, water and unreacted propane. GC analysis indicated that the 

concentrations of helium and water in the product gases are 

mwg = [mHe mHzO] = [0.8971 Q.0494] (B33) 
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The ion currents measured for this gas mixture~ in mA, are 

[wg =[ /He ]=[1952 X 10-:] 
I H:.O 1.140 x 10-

(B34) 

Since in this gas mixture none of the components produce secondary mass peaks which 

have the same mass as primary mass peaks of other components, The elements of the Qwg 
matrix are simply the ratios of the elements of the mwg and r'' matrices 

[
0218 X 10-7] 

Qwg = 2.307 X 10-7 

Expression of O values on same total pressure basis 

(B35) 

The ratio of the Q values for helium for the product gas and feed gas calibration mixtures is 

QPI 

rPI' = ~11 = 1292 (B36) 
Q,t 

The ratio of the Q values for helium for the product gas and water calibration mixtures is 

Qpg 

rpw =__l!!_ = 1208 (B37) 
Qwg 

He 

The Q values of the feed and water calibration mixtures can be expressed in tenns of the 

total pressure of the product calibration mixture by multiplying by these ratios. Finally the 

Q values of all of the calibration mixtures can be combined to into one Q matrix based on 

the total pressure of the product calibration mixture 

QHe 0.263x 10-1 

QH10 2.787x 10-1 

Qco 4.606x 10-1 

Q== QC1H, = 8.115x 10-1 (B38) 

QO-z 3.692x 10-1 

QC,H6 
5.884x 10-1 

QC01 
4.886x 10-1 
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Final Calculations 

The b matrix is constructed from the elements of the r and Q matrices~ according to 
equation B 16 

0.0263 0 0 0 0 0 0 

0 02787 0 0 0 0 0 

0 0 0.4606 05486 0 0.0250 0.0681 

b= 0 0 0 0.8115 0 0 0 (B39) 

0 0 0 0 03692 0 0 

0 0 0 0.1875 0 05844 0 

0 0 0 0.1785 0 0 0.4886 

According to equation B20 

0.7345 

0.0030 

0.0007 

y=b-1
[ = 0.0237 (B40) 

0.0455 

0.0004 

0.0015 

The sum of the elements of y, according to equation B22, and represented by R, are equal to 

0.8092. Finally, the mole fraction of each component in the outlet gas from the reactor is 

obtained by normalizing y, each element of y is divided by R 

XHe 0.9077 

XH:O 0.0037 

Xco 0.0008 

x= Xc3H1 = 0.0292 (B41) 

Xo: 0.0562 

X~H6 0.0005 

Xco: 0.0018 

Mass spectrometry was the analytical technique used for operation of the reaction under 
transient or periodic operation conditions. For calculations of the propane and oxygen 
conversions and carbon and oxygen balances under these conditions, the rigorous method 
shown in Appendix A was not used. It was assumed that the total inlet and outlet flow rates 

were equal. Due to the low concentrations of reactants used at all of the reaction conditions 

and the low levels of conversion, the outlet total flow rate was typically less than 2% greater 
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than the inlet flow rate. Thus accounting for the change in total flow rate makes little 

difference in the results as can be seen for the sample calculations in Appendix A. Thus the 

propane and oxygen conversion based on the mass spectrometry analysis are 

0 2 _ conversion = ( x~ xix;;; )- !00% = 6.33% 

The carbon and oxygen balances are 

(
Xco +Xco +3xcH +3xtH ) 

Carbon_ Balance= : in 1 • 3 • • 100% = 10L9% 
JxC1Ha 

(
xH.o +Xco + 2Xco. + 2x~~) 

Oxygen_ Balance = • 2x~i • • 100% = 100.4% 

The propene selectivity is calculated 
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AppendixC 
Estimation of adsorption entropy change 

Reason for estimating the adsorption entropy change 
The following thermodynamic relation applies between the adsorption equilibrium constant 

(Km1s) and the Gibbs free energy of adsorption (AG
0

ad.r) at standard conditions 298 K and I 
atm: 

AG 0 

ad.r 
InKads = RT (Cl) 

The Gibbs free energy of adsorption is related to the enthalpy (t:iElads) and entropy (AS
0

ads) 

of adsorption by 

tlG~ = Ml~ - TAS~ (C2) 

By combining equations Cl and C2, the following is obtained 

(
tlSa ll.Ha ) 

Kw = exp Rads - R; (C3) 

The entropy of adsorption could be expressed as the adsorption equilibrium constant (K~ads} 

at standard conditions 

.. ( Mr;dr) Kw = Katis exp RT (C4) 

In fitting this equation to data two adjustable parameters are available, the adsorption 
equilibrium constant (K

0

at1s ) and the enthalpy of adsorption (AJl°c,.t1s) at standard conditions. 
This is the approach taken for the LH2 model in chapter 4, except that K

0

at1s is at the standard 

temperature of 530°C. In order to reduce the number of parameters to be fitted in the 
regression analysis, an estimate of AS

0

ads in equation C3 may be made. The following 
describes how estimates of the entropy of adsorption at standard conditions were made for 

oxygen, propene and carbon monoxide. 

Method of estimating the adsorption entropy change 
According to quantum mechanical theory [7 6] the translational contribution to the gas phase 

entropy of a molecule can be estimated by 

{ ( 
M

15
T

2.s) } Srrans = ln p -1.165 R (CS) 
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where Mis the molecular weight of the molecule, Tis the temperature, P is the total pressure 

and R is the ideal gas constant. The total gas phase entropy (Sg) is the sum of its 

translational (SmzM), rotational (Sra,) and vibrational (Sv;b) components 

S g = S rrans + S rot + S vib (C6) 

The vibrational contribution can be considered negligible for low molecular weight 

molecules. It is possible by quantum mechanical theory to estimate the rotational gas phase 

entropy, although detailed knowledge of the molecule's geometry and atomic coordinates 

relative to its center of gravity is required. To simplify the estimation,. the rotational gas 

phase entropy was calculated from literature values of the total gas phase entropy [77] and 

assuming the vibrational gas phase entropy was negligibly small 

S rot = S g - S rrans (C7) 

Table Cl shows the calculated translational and rotational gas phase entropies and the total 

gas phase entropy for oxygen, propene and carbon monoxide at standard conditions. 

Table Cl 
Calculated translational and rotational gas phase entropies* 
Component Sg M 

(J mor1 K-1
) (amu) 

oxygen 205 32.00 
propene 267 42.08 
carbon monoxide 198 28.01 
* at standard conditions 298 K, l atm 

152.0 
155.4 
150.3 

53.l 
111.6 
47.7 

It was assumed that upon adsorption, a molecule loses all of its translational entropy and two 

thirds of its rotational entropy. Thus, the adsorption entropy change at standard conditions 

was calculated 

0 2 
Af ads = -S rrans - 3 S rot (C8) 

Mixture effects on the gas phase entropy were considered negligible. It should be noted that 

such an estimate of the gas phase entropy change upon adsorption must be considered a 

maximum, since it is possible for a molecule to have some limited mobility on the catalyst 

surface and retain a portion of its translational entropy. Table C2 shows the calculated 

adsorption entropy change at standard conditions. 
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Table C2 
Calculated adsorption entropy change* 
Component 

oxygen 
propene 
carbon monoxide 
* at standard conditions 298 K, 1 attn 

Appendix C 

-178.5 
-229.8 
-174.1 
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AppendixD 
Transient and periodic operation experimental data 

The transient and periodic operation experimental data are contained on an 
accompanying 3.5" floppy diskette. All of the data are stored in an ASCII format. None of 

the files on the diskette contain documenting tex4 thus the following tables in this appendix 
explain exactly the kind of data and its configuration in each file. 

Transient data 
Table D 1 lists the files that contain transient reaction data. This data was all first 

presented in chapter 6 and the table also lists the figures in which the data appear. Some data 
may appear in different formats in multiple figures and some figures contain data from 

multiple files. In order to avoid possible confusion, the reaction conditions for each set of 
data is also listed. 

The data files consist of columns of numbers. Table D2 lists what each column 

contains. The data are transient responses after disturbances imposed on the reaction and all 
of the data is relative to the time at which the disturbance was imposed. Thus, the 

disturbance, resulting in the start-up or interruption of the reaction occur at time zero. Not 
all of the data files contain a 9th and 10th column. These columns contain estimates of the 
feed concentrations of propane and oxygen to the reactor, determined by repeating the 
experiments with the reactor not containing catalys4 i.e. blank experiments. 

Table D1 
Directory of files containing transient data 
File name Figure numbers Reaction Conditions 

Catalyst Mass Feed C3Hs (%) Feed 02 (%) 
(m ) 

d623.dat 6.2,6.3 21 3 6 
d64a.dat 6.4a 30 6 6 
d64b.dat 6.4b 21 3 6 
d65a.dat 6.5a 17 6 0 
d65b.dat 6.5b 17 6 6 
d66a78.dat 6.6a,6. 7 ,6.8 30 6 0 
d66b.dat 6.6b 30 6 0 
d68.dat 6.8 30 6 0 
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Table D2 
Configuration of transient data files 
Column number Quantity Units 
1 time s 
2 helium mole fraction 
3 water mole fraction 
4 carbon monoxide mole fraction 
5 propane mole fraction 
6 oxygen mole fraction 
7 propene mole fraction 
8 carbon dioxide mole fraction 
9 propane(inletestimation) mole fraction 
LO oxygen(inletestimation) mole fraction 

Periodic operation data 
Tables D3 to D6 list the files that contain periodic operation data. This data was all first 

presented in chapter 8 and the tables also list the figures in which the data appear. The tables 
also list the strategy of periodic operation used for each set of data For complete details one 

should refer to the discussion in chapter 8 regarding each figure. 
Table D7 lists what each column contains. The data files contain the product transient 

responses during up to 10 cycles of periodic operation. In the case of the propane pulsing 

experiments the data is for 30 cycles of operation. For most of the data, at time zero feed to 

the reactor is switched from that at steady state conditions to the oxygen-containing half of 
the periodic operation feed cycle. In the case of the propane pulsing experiments, at time 

zero feed to the reactor is switched from helium to the propane-containing half of the feed 

cycle. 

Table D3 
Directory of files containing periodic operation data at varying cycle periods 
File name 
perl0.dat 
per20.dat 
per40.dat 
per60.dat 
per80.dat 
perlOO.dat 
per130.dat 
perl60.dat 
per200.dat 
per300.dat 
per400.dat 

Figure numbers 
8.2 
8.2 
8.1,8.2 
8.2 
8.1,8.2 
8.2 
8.1,8.2 
8.2 
8.2 
8.2 
8.1,8.2 
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20 
40 
60 
80 
100 
130 
160 
200 
300 
400 



Table D4 
Directory of files containing periodic operation data at varying cycle splits 
File name Figure numbers cycle splits 

(C3Hs:Oi) 
spl l.dat 
sp21.dat 
spl8.dat 
spl6.dat 
spl4.dat 
sp12.dat 
spl5.dat 

Table D5 

8.3,8.4 
8.4 
8.4 
8.3,8.4 
8.4 
8.3,8.4 
8.3,8.4 

1:1 
1: 1.2 
1:0.8 
1:0.6 
1:0.4 
1:0.2 
1:0.1 

Appendix D 

Directory of files containing periodic operation data with varying propane feed schemes 
File name Figure numbers Propane cone. in cycle period (s) 

oxidation half of feed 

fs650.dat 
fs550.dat 
fs450.dat 
fs350.dat 
fs630.dat 
fs530.dat 
fs430.dat 
fs330.dat 

Table D6 

8.8,8.6 
8.8,8.6 
8.8,8.6 
8.8,8.6 
8.8,8.7 
8.8,8.7 
8.8,8.7 
8.8,8.7 

cycle(%) 
6 
5 
4 
3 
6 
5 
4 
3 

Directory of files containing propane pulsing data 
File name Figure numbers Catalyst mass 

pul20.dat 
pul30.dat 
pul40.dat 

Table D7 

8.9,8.11 
8.9,8.11 
8.9,8.10,8.11 

(mg) 
20 
30 
40 

Configuration of periodic operation data files 
Column number Quantity Units 
l time s 
2 carbon monoxide mole fraction 
3 propene mole fraction 
4 carbon dioxide mole fraction 
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Temperature-programmed oxidation/desorption data 
Table D8 lists the files that contain temperature-programmed oxidation and desorption 

data This data was presented in chapter 8 and the tables also list the figures in which the 

data appear. The tables also list some of the experimental conditions for each set of data. 

For complete details one should refer to the discussion in chapter 8 regarding each figure. 

Separate files listed in Table D8 contain the measured reactor temperature during the 

temperature-programmed experiments. 

Tables D9 and D 10 list what each column contains in the data files. At time zero, for 

each data file, feed to the reactor is switched from the pretreatment conditions to the 

conditions for the temperature-programmed experiment 

Table 08 
Directory of files containing temperature-programmed oxidation/desorption data 
File name Figure numbers Conditions pretreannent Temperature data 

file name 
tpopl.dat 
tposs.dat 
tpxpl.dat 
tpxss.dat 

Table D9 

8.12a 
8.12b 
8.13a 
8.13b 

oxidation 
oxidation 
desorption 
desorption 

Configuration of temperature-programmed 
oxidation/desorption data files 

propane pulsing 
steady state 
propane pulsing 
steady state 

Column number Quantity Units 
1 time s 
2 carbon monoxide mole fraction 
3 carbon dioxide mole fraction 

Table D10 
Configuration of temperature data files 
Column number Quantity Units 
l time s 
2 t tur oc empera e 
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AppendixE 
Oxygen partial pressure effects steady-state data and modelling details 

Table El contains the steady-state data used for modelling in chapter 9. 

Table El 
Oxxgen Eartial eressure effects steadx-state data 
lnlet Cone. (%) Cat. Outlet Concentration ~% t CJls ~ C3H6 
CJis 02 Mass co CO2 c~ C3Hs o/ conv. conv.b yield 

(mg) (%) (%) (%) 

4 4 20 0.072 0.157 0.083 3.841 3.613 3.82 9.52 l.99 
4 3.2 20 0.039 0.124 0.072 3.873 2.912 3.05 8.90 1.74 
4 2.4 20 0.041 0.097 0.073 3.881 2.153 2.86 10.17 l.75 
4 1.6 20 0.032 0.073 0.096 3.869 l.393 3.18 12.86 2.34 
4 0.8 20 0.033 0.065 0.101 3.791 0.602 3.25 24.63 2.45 
4 0.4 20 0.029 0.052 0.118 3.855 0220 3.52 44.90 2.86 
6 6 20 0.100 0.368 0.109 5.735 5215 4.13 12.82 1.70 
6 4.8 20 0.068 0.333 0.098 5.768 4.116 3.64 14.05 1.54 
6 3.6 20 0.059 0.225 0.098 5.807 3.107 3.03 13.53 1.54 
6 2.4 20 0.063 0.185 0.101 5.817 1.968 2.88 17.87 l.58 
6 1.2 20 0.040 0.107 0.107 5.844 0.921 2.47 23.13 l.69 
6 0.6 20 0.045 0.108 0.104 5.845 0.317 2.45 47.15 l.64 
4 4 30 0.086 0.167 0.125 3.791 3.559 5.03 10.84 3.01 
4 3.2 30 0.083 0.173 0.130 3.785 2.750 5.19 13.88 3.13 
4 2.4 30 0.065 0.156 0.127 3.799 2.000 4.86 16.52 3.07 
4 1.6 30 0.058 0.127 0.127 3.811 1257 4.57 21.29 3.08 
4 0.8 30 0.068 0.092 0.125 3.821 0.504 4.32 36.84 3.03 
4 0.4 30 0.053 0.094 0.126 3.825 0.118 4.25 70.49 3.06 
6 6 30 0.115 0.299 0.181 5.681 5.276 5.01 l l.77 2.85 
6 4.8 30 0.093 0.230 0.167 5.726 4224 4.32 11.76 2.62 
6 3.6 30 0.122 0.220 0.160 5.726 3.010 4.30 16.14 2.51 
6 2.4 30 0.081 0.181 0.161 5.752 1.923 3.92 19.68 2.54 
6 1.2 30 0.081 0.121 0.159 5.773 0.824 3.58 31.16 2.52 
6 0.6 30 0.085 0.114 0.161 5.773 0.231 3.59 61.44 2.55 
4 4 40 0.121 0.292 0.182 3.680 3.281 7.71 17.71 4.39 
4 3.2 40 0.11 l 0.198 0.161 3.736 2.660 6.36 16.67 3.88 
4 2.4 40 0.087 0.200 0.153 3.751 1.889 6.00 21.11 3.70 
4 1.6 40 0.077 0.180 0.153 3.761 l.134 5.77 28.97 3.70 
4 0.8 40 0.090 0.148 0.152 3.769 0.373 5.58 53.30 3.66 
4 0.4 40 0.074 0.133 0.179 3.752 0.003 6.00 99.38 4.33 
6 6 40 0.228 0.437 0.248 5.530 4.881 7.34 18.22 3.88 
6 4.8 40 0.182 0.380 0.229 5.584 3.839 6.52 19.66 3.59 
6 3.6 40 0.149 0.356 0.230 5.602 2.719 6.26 24.18 3.61 
6 2.4 40 0.169 0.304 0.220 5.522 1.586 5.93 33.67 3.46 
6 1.2 40 0.126 0.201 0.213 5.678 0.612 5.08 48.85 3.36 
6 0.6 40 0.082 0.147 0.203 5.721 0.158 4.43 73.61 3.22 
~onnalized carbon distribution. 
bCalculated from normalized carbon distribution in products and assuming the only additional product is water. 
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The following tables list confidence intervals for all of the models discussed in chapter 9. 

Table E2 
Parameter 95% confidence intervals for redox model based on MV2 
Parameter Confidence interval Units 
k1 ±l.37xl0-2 ml STP min·1 (g catrl bar"1 

k1 ±9.53x10-5 ml STP mm·1 (g catr1 baf1 

k3 ±5.4lxl0-l ml STP min·1 (g catr1 baf1 

Table E3 
Parameter 95% confidence intervals for DMV 1 models 
Parameter DMVl-Sl DMVl-P DMV1-S2 
k1 ±9.64x10·3 ±5.73xl0-3 ±l.42xI0-2 

k1 ±6.88xl0·3 ±7.94xlff3 ±l.02xl04 

k.t ±l.43x10-1 ±l.62xl0·1 ±l.93xlff1 

ks ±5.39xl012 ±2.87x109 ±l.93xl01 

Table E4 
Parameter 95% confidence intervals for DMV3 models 
Parameter DMV3-Sl DMV3-P DMV3-S2 
k1 ±9.08xlff3 ±5.99x10·3 ±l.07xl0-2 

k1 ±4.69xl0-2 ±4.34x10·2 ±2.92xl04 

k, ±7.67xl05 ±2.76x103 ±8.90 
ks ±5.94xlff2 ±5.15xlff2 ±9.70x10-3 

Table E5 
Parameter 95% confidence intervals for DMV 4 models 

Units 
ml STP min·1 (g catY1 bar-1 

ml STP min·1 (g catr1 bar·1 

ml STP min·1 (g catr1 bar·1 

ml STP min-1 (g catr1 

Units 
ml STP min-1 (g catr1 bar·1 

ml STP min·1 (g cat)-1 bar·1 

ml STP min-1 (g catr1 bar·1 

ml STP min-1 (g cat)-1 bar·1 

DMV~S DMV~P 
Value Units Value Units 

k1 ±l.03x10·2 ml STP mm·1 (g catr1 bar·1 ±9.0lxlff3 ml STP min-I (g catr1 bar·1 

k2 ±7.57xlff1 ml STP mm·1 (g catr1 ±6.89x10-3 ml STP min"1 (g catr1 bar·1 

k1 ±9.54xlff3 ml STP min·1 (g catr1 bar-1 ±8.76xlff3 ml STP min"1 (g catr1 bar·1 

'4 ±8.96xlff1 ml STP min·1 (g catr1 bar"1 ±1.02 ml STP min- 1 (g catr1 bar· 1 

KcJH6 ±9.77x102 bar·1 ±l.83x104 bar·1 
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